Louisiana State University

LSU Digital Commons
LSU Historical Dissertations and Theses

Graduate School

1993

A Study of Heat Transfer in Rotary Desorbers Used to Remediate
Contaminated Soils.
Charles Alan Cook
Louisiana State University and Agricultural & Mechanical College

Follow this and additional works at: https://digitalcommons.lsu.edu/gradschool_disstheses

Recommended Citation
Cook, Charles Alan, "A Study of Heat Transfer in Rotary Desorbers Used to Remediate Contaminated
Soils." (1993). LSU Historical Dissertations and Theses. 5623.
https://digitalcommons.lsu.edu/gradschool_disstheses/5623

This Dissertation is brought to you for free and open access by the Graduate School at LSU Digital Commons. It
has been accepted for inclusion in LSU Historical Dissertations and Theses by an authorized administrator of LSU
Digital Commons. For more information, please contact gradetd@lsu.edu.

INFORMATION TO USERS
This manuscript has been reproduced from the microfilm master. UMI
films the text directly from the original or copy submitted. Thus, some
thesis and dissertation copies are in typewriter face, while others may
be from any type of computer printer.
The quality of this reproduction is dependent upon the quality of the
copy submitted. Broken or indistinct print, colored or poor quality
illustrations and photographs, print bleedthrough, substandard margins,
and improper alignment can adversely affect reproduction.
In the unlikely event that the author did not send UMI a complete
manuscript and there are missing pages, these will be noted. Also, if
unauthorized copyright material had to be removed, a note will indicate
the deletion.
Oversize materials (e.g., maps, drawings, charts) are reproduced by
sectioning the original, beginning at the upper left-hand corner and
continuing from left to right in equal sections with small overlaps. Each
original is also photographed in one exposure and is included in
reduced form at the back of the book.
Photographs included in the original manuscript have been reproduced
xerographically in this copy. Higher quality 6" x 9" black and white
photographic prints are available for any photographs or illustrations
appearing in this copy for an additional charge. Contact UMI directly
to order.

University Microfilms International
A Bell & Howell Information Company
300 North Zeeb Road. Ann Arbor, Ml 48106-1346 USA
313/761-4700 800/521-0600

O rder N u m b e r 9 4 1 9 8 7 7

A stu d y o f h eat transfer in rotary desorbers used to rem ed iate
contam inated soils
Cook, C harles A lan, P h .D .
The Louisiana State University and Agricultural and Mechanical Col., 1993

UMI

300 N. Zeeb Rd.
Ann Arbor, MI 48106

A STUDY OF HEAT TRANSFER IN ROTARY DESORBERS USED
TO REM EDIATE CONTAM INATED SOILS

A Dissertation
Submitted to the Graduate Faculty of the
Louisiana State University and
Agricultural and Mechanical College
in partial fulfillment of the
requirements for the degree of
Doctor of Philosophy
in
The Department of Mechanical Engineering

by
Charles Alan Cook
B.S. in M.E., Louisiana State University, 1987
December, 1993

Acknowledgm ents

The author thanks Dr. Vic A. Cundy who provided the guidance for this
research. His experience, knowledge, support, and encouragement have made this
work possible. In addition, the author's graduate committee has provided suggestions
and advice which have greatly improved this research. The following committee
members are hereby acknowledged: Drs. Richard L. Bengtson, Armando B. Corripio,
Tryfon T. Charalampopoulos, Robert W. Courter, Dimitris E. Nikitopoulos, and Arthur
M. Sterling.
Throughout his stay at LSU, the author has benefitted from his co-workers in
the Incineration Laboratory, and extends his thanks to Dr. Christopher B. Leger, Allen
L. Jakway, Alfred N. Montestruc and Chao Lu. The capable assistance o f Jodi Roszell,
Rodger Conway, Daniel Farrel, and Kimberly Tassin is also recognized.
The experimental portion o f this research was made possible only through the
cooperation and assistance o f the Advanced Combustion Engineering Research Center at
the University o f Utah and Drs. David W. Pershing and JoAnn S. Lighty. The
dedicated work of Fred Larsen, David Wagner, and Dr. Xiao-Xue Deng contributed
greatly the success of these experiments.
Funding for this research was provided by Chemical Waste Management, Inc.
through the Hazardous Waste Research Center at Louisiana State University. In
addidon to funding support, Dr. Richard Ayen, Carl Palmer, and Carl Swanstrom of
Chemical Waste Management, Inc. also provided technical guidance and assistance.
The support offered by Drs. Louis J. Thibodeaux and David Constant, Director and
Associate Director, respectively, of the LSU Hazardous W aste Research Center, is
appreciated.

The author gratefully acknowledges the fellowship support o f the State of
Louisiana through his Board o f Regents Fellowship, and the additional fellowship
support provided by the Department of Mechanical Engineering and the Mining and
Mineral Resources Research Institute at LSU.
Most importantly, the author is forever indebted to his wife, Jessica, and to his
family. His wife has provided unwavering support and understanding, and it is to his
parents that the author owes his desire to learn.

Table of Contents
gagfi
A c k n o w le d g e m e n ts
N o m e n c la tu re
A b s tra c t

......................................................................................... ii

................................................................................................... vii

................................................................................................................ xii

C h a p te r
1

2

3

4

I n tr o d u c tio n

................................................................................

1

T he P roblem
...............................................................................
............................................................................
The R esponse
R otary D eso rb ers
......................................................................
H eat T ransfer Paths in Rotary D esorbers ...............................
Mass Transfer Phenom ena in Rotary Desorbers .....................
Approach to Predicting Heat and Mass Transfer in Rotary
D e so rb e rs
...........................
R esearch O b jectiv es
.................................................................
D issertatio n O u tlin e
..................................................................

1
1
3
5
7
10
10
11

L i te r a tu r e

...................................................................

13

In tro d u c tio n
................................................................................
W all-to-B ed H eat T ran sfer .....................................................
R adiative H eat T ran sfer ...........................................................
C onvective H eat T ran sfer ........................................................
Comprehensive Heat Transfer Models for Rotary Kilns and
D e so rb e rs
........................................................................
L iterature R eview Sum m ary
....................................................

13
13
49
54

R ev iew

57
66

O verv iew of th e P ro p o se d C o m p re h e n siv e H e at
T ra n s fe r M odel
.....................................................................

67

In tro d u ctio n
................................................................................
W all-to-B ed H eat T ransfer Sub-M odel ..................................
R adiative Heat T ransfer Sub-M odel .......................................
C onvective Heat T ransfer Sub-M odel .....................................
S u m m ary .........................................................................................

67
67
67
68
68

W all-to-B ed H e at T ra n s fe r: A lte rn a tiv e A p p ro a ch e s
a n d E v a lu a tio n s
........................................................................

69

In tro d u ctio n
................................................................................
Influence o f Bed Moisture on W all-to-Bed Heat Transfer ........
Thermal Contact Resistance: Heat-Balance Integral Solution and
Evaluation o f Series Resistance Approximation .....................

69
69
71

5

Evaluation o f Isotherm al W all A ssum ption ............................
S u m m ary
......................................................................................

82
87

W a ll-to -B e d H e a t T r a n s f e r S u b -M o d e l

89

..........................

................................................................................
89
In tro d u c tio n
D escription o f A xial R eg io n s....................................................
90
W all-to-B ed T ransfer Sub-M odel: Region I ............................. 90
W all-to-Bed H eat Transfer Sub-M odel: Region II.................... 106
W all-to-Bed H eat Transfer Sub-Model: Region I I I .................. 114
Summary o f W all-to-Bed Heat Transfer Sub-M odel................ 115
6

7

8

9

10

R a d ia tiv e a n d C o n v ectiv e H e at T r a n s fe r S u b -M o d els..

117

In tro d u ctio n
................................................................................
R adiative Heat T ransfer Sub-M odel .......................................
C onvective H eat T ransfer Sub-M odel .....................................
S u m m a ry ..............................................................................................

117
117
118
120

C o m p re h en siv e H e at T r a n s fe r M odel a n d S o lu tio n
A lg o rith m
.................................................................................. 121
In tro d u c tio n
.................................................................................
S olution A lgorithm
...................................................................
Summary o f Com prehensive Heat Transfer M o d e l..................

121
121
125

E x p e rim e n ta l F a c ility a n d P r o c e d u re ..............................

126

In tro d u c tio n
.................................................................................
E xperim ental F a c ility
...............................................................
E xperim ental P rocedure
...........................................................
S um m ary
......................................................................................

126
126
131
134

E x p e rim e n ta l R e s u lts a n d

...............................

135

In tro d u ctio n
....................................................................
D ry S olids R esu lts .....................................................................
W et Solids R esu lts .....................................................................
S um m ary
......................................................................................

135
135
144
153

M odel V a lid atio n : C o m p a riso n s o f E x p e rim e n ta l D ata
w ith H e a t T r a n s f e r M odel P r e d ic tio n s ............................

155

A n a ly sis

In tro d u ctio n
................................................................................. 155
Application of Heat Transfer Model to a Batch D e so rb e r
155
In p u t P a ra m e ters .......................................................................... 156
Comparison o f Tem perature Profiles: Dry Solids ................... 157
Comparison of Temperature and Moisture Profiles: Wet Solids .. 163
Modifications for Non-Uniform M oisture D istrib u tio n
173
S um m ary
...................................................................................... 183

v

11

S en sitiv ity and P a ra m etric S tu d ies

12

...................................

184

In tro d u c tio n
.................................................................................
C om parison of H eat T ransfer R ates.........................................
Sensitivities to Particle Size and Shape ..................................
S ensitivities to R adiative Properties .......................................
S u m m a ry ..............................................................................................

184
184
185
188
193

Su m m ary, C on clu sion s and R ecom m en d ation s

194

..............

Sum m ary o f W o rk ...... .................................................................... 194
C o n c lu sio n s ..................................................................................... 195
R ecom m endations for Future W ork .......................................... 199
Bibliography

....................................................................................................

202

A p p en d ices
A
B
Vita

R eflection M ethod R adiation M odel from G orog
et al. (1981)

210

Source C ode for C om prehensive Heat T ransfer
Model
..........................................................................................

214

.........................................................................................................................

270

N o m en cla tu re

a and b

coefficients o f the heat-balance integral temperature profiles

ag,n

weighting factor in gray-plus-clear gas emissivity model

A

heat-balance integral parameter defined by Eqn. (5.46)

A 2 and B 2

coefficients of the assumed linear circumferential wall temperature profile

Ae

cross-sectional area of exit plenum

As

area o f solids bed exposed to the gas phase

Aw

area of exposed wall surface

Aw-b

area of wall covered by the solids bed

A i and Bj

parameter in the conductivity model o f Krupiczka (1967)

Cj and n

constants in Eqn. (2.12)

C1,..C5

constants in Eqn. (9.5)

c2

constant in Eqn. (2.20)

CP

specific heat

Cs

Stefan-Boltzmann constant

D

inside diameter of desorber

De

effective inside desorber diameter defined by Eqn. (2.31)

Dp

particle diameter

E

emissive power

F

radiation view factor

Fo

Fourier number defined by Eqn. (4.14)

fo

parameter in the conductivity model o f Hadley (1986)

Gg

mass flux o f gas phase

h

effective thickness o f contact resistance equal to kc/ks

he

contact heat transfer coefficient

vii

hg-b

gas-to-bed heat transfer coefficient

hg-w

gas-to-wall heat transfer coefficient

hr

radiation heat transfer coefficient

hw-b

wall-to-bed heat transfer coefficient

K

permeability

k

thermal conductivity

kn

absorption coefficient in the gray-plus-clear gas emissivity model

Kv

vapor phase permeability

Lb

local thickness of solids bed

Lm

mean beam length
curve fit parameters in Eqn. (9.7)

m cvap

mass flux of water vapor generated at the phase-change interface

m

mass

m

mass flow rate

^ water

axial mass flow rate of water in the solids bed

mv

mass flow rate of water vapor from bed
x-direction mass flow rate of vapor per unit length o f desorber

I1"".),

y-direction mass flux o f vapor at the phase-change interface

p

pressure

q"

heat flux

q

heat transfer rate

qg,conv

net convective heat transfer rate to the gas phase

Qg,rad

net radiative heat transfer rate to the gas phase

qs,conv

net convective heat transfer rate to the solids bed

qs,rad

net radiative heat transfer rate to the solids bed

R

inside radius of desorber

Re

Reynolds number o f freeboard gas flow

Reco

Reynolds number o f wall rotation

s

fraction of void volume occupied by liquid

sr

sum of wall and particle roughnesses

S te’

modified Stefan num ber defined by Eqn. (4.3)

T

temperature

t

time

Tref

reference temperature

uv

x-direction Darcy velocity of water vapor

us

speed o f solids moving with wall

V

gas velocity

X

mass of moisture in solids bed per mass o f dry bed

X

axis along covered wall

xe

arc length o f covered wall

y

axis perpendicular to covered wall

Greek Symbols
a

weighting factor in the conductivity model of Hadley (1986)

oc'g

absorptivity of the gas phase for its own radiation

ote

effective thermal diffusivity o f dry layer including convective effects

ocg

absorptivity o f gas phase

ocm

thermal diffusivity o f moist solids bed

as

thermal diffusivity o f dry solids bed

P

angle subtended by the solids bed

Pi and Yi

parameters in the conductivity model of Kunii and Smith (1960)

X

experimentally determined coefficient in Eqn. (2.14)

A

dimensionless thickness o f dry layer

ix

thickness of dry layer
heat of vaporization o f water
thickness of thermal layer in moist bed region
bed porosity
emissivity o f solids bed
emissivity of gas phase
emissivity of wall
angle between horizontal and exposed bed
ratio of particle and interstitial gas conductivities
dimensionless parameter equal to 1 + 2 Ste’
accomodation coefficient
fill fraction
mean free path of gas molecules
viscosity
temperature relative to Tsal
density
reflectivity (in Appendix A and Figure 2.4)
mass of water per unit mass of dry bed
reduced molecular mean free path
contact time between desorber wall and solids bed
transmissivity of gas phase for its own radiation
transmissivity of gas phase
dimensionless dry layer thickness
angular rotation rate o f wall (rad/sec)
temperature relative to bulk bed temperature
fraction o f surface area covered by particles

Subscripts

e

exit plenum

g

freeboard gas phase

g-b

gas-to-bed

g-w

gas-to-wall

j

axial zone or time index

m

moist bed region

P

particle

s or b

solids bed

sat

saturation conditions

so

radiative source

V

water vapor

w

wall

w-b

wall-to-bed

xi

A bstract

A comprehensive heat transfer model is developed which describes heat transfer
phenomena in rotary desorbers. This model predicts the temperatures of the solids bed
and gases in the desorber and the rate o f water evaporation from the solids. Emphasis is
placed on describing the heat transfer process between the rotating wall o f a desorber
and the adjacent bed o f solids. A heat-balance integral m ethod is used to model heat
conduction from the wall to adjacent wet bed particles. This solution includes the effects
o f water evaporation near the wall and a thermal contact resistance between the wall and
the first layer of particles. The model allows for water evaporation before the bulk bed
temperature reaches the saturation temperature o f the water. Radiative and convective
heat transfer to the solids are coupled with the wall-to-bed heat transfer rate to find the
total heat transfer rate to the solids. Energy balances are performed on an axial zone of
the desorber and are used to find the resulting change in solids and gas temperatures
across the zone, thereby predicting axial temperature profiles.
Experiments are performed on a batch-type, pilot-scale desorber. A bed
temperature probe is used to determine the transient temperature of the bed at several
radial and axial locations. In these experiments, the particle size, the rotation rate, and
the initial moisture content of the solids are varied. It is found that particles heated by
the rotating wall are not completely mixed with the remainder of the bed, reducing wallto-bed heat transfer. Evaporation rates are inferred from measured velocities at the exit
of the desorber. Mass balances are performed on the water, with good results. A
significant amount of water is found to evaporate before the bulk bed temperature
reaches the water saturation temperature.
The measured bed temperatures and evaporation rates compare favorably to
predictions of the model. The important features o f the experimental data, including the

bulk bed temperature profiles and water evaporation before the bed temperature reaches
the water saturation temperature, are predicted.

C hapter 1:

Introduction

The Problem
In recent years the problem of contaminated land has drawn increased public and
legislative attention in many industrialized countries. Increased concern has resulted, in
part, from widely publicized contaminated land sites such as Love Canal in Niagara Falls.
Although sites such as Love Canal clearly represent contaminated land, it is difficult to
find a universally accepted definition of contaminated land. One often used definition is
"land that contains substances that, when present in sufficient quantities or concentrations
are likely to cause harm, directly o r indirectly to man, to the environment, or on occasions
to other targets" (Harris, 1987).
The exact scope of the problem is difficult to determine, partly due to the lack o f a
common definition. However, there are over 1,200 national priority sites in the United
States and the U.S. General Accounting Office estimates that 130,000 to 425,000 sites
may need to be addressed by state and federal programs (USEPA, 1991). In addition,
conservative estimates show that 24,700 acres o f land in England are chemically contami
nated (Harris, 1987).
T he R esponse
The response to awareness o f the contaminated land problem has been significant
legislative action as well as technical advances intended to address the problem. One
technical response has been the development of soil treatment processes. These can be
classified into two groups: ex situ and in situ processes. In situ methods are those
methods that treat the contaminated soil without excavation. Although an in situ method
may be the most feasible treatment method in some cases, it is often difficult to determine
the long-term effectiveness of these treatment methods (Stief, 1985).
Ex situ treatment methods, on the other hand, leave relatively few questions
regarding their long term effectiveness (Stief, 1985). These processes generally involve
reducing the environmental impact o f contaminated soil by excavation, treatment and
1
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redeposition of the soil (Stief, 1985 and Rulkens, 1985). There are a variety o f ex situ
treatment methods for contaminated soil. These include thermal treatments, chemical
treatments, physical or mechanical separation, microbiological treatments, extraction
(leaching) methods, electrochemical methods, and stabilization processes (Smith, 1987
and Rulkens, 1985).
One type of ex situ thermal treatment process is the destruction of the
contaminants by heating the soil to sufficiently high temperatures. Typically, these
thermal destruction methods involve temperatures of 900 to 1200°C. These processes can
be performed using techniques such as rotary kiln incineration, incineration in a fluidized
bed, and pyrolysis (Rulkens, 1985). W hile effective in many cases, thermal destruction
processes have several disadvantages: high capital and operating costs, and a high level
o f public resistance.
An ex situ thermal treatment process that provides an alternative to high
temperature thermal destruction involves desorbing the contaminants from the soil at
lower temperatures. In such desorption processes, the soil, which may have a high
moisture content (typically 10 to 30% by weight), is heated to moderate temperatures (100
to 550°C) in order to desorb the water and the contaminants. The desorbed water and
contaminants are continuously removed from the desorption unit by a carrier gas for
further treatment. In most cases, a rotary desorber is used to heat the soil. Thermal
desorption can be performed either on-site with a mobile treatment facility or off-site with
a fixed treatment facility. Since thermal desorbers operate at lower temperatures than
thermal destruction processes, thermal desorbers generally have lower energy
requirements. While no treatment process is applicable to every contaminated land site
(Harris, 1987), the thermal desorption process has shown promise in removing
contaminants ranging from relatively volatile organic solvents and petroleum products to
PCB’s (Swanstrom, 1989). Soils contaminated with volatile organic compounds have
been treated by thermal desorption at 19 Superfund sites, while PCB's were removed at
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eight sites, semivolatile organic compounds at five sites, and pesticides and metals at three
sites (USEPA, 1992).
It is the treatment of solids in rotary desorbers that is the focus of this research. In
particular, the transfer of heat within these units is investigated. In the following
discussion, rotary desorbers are described along with the transport phenomena by which
thermal desorption occurs.
R otary D esorbers
Two types of rotary thermal desorbers are used to remediate contaminated soils:
directly- and indirectly-fired rotary desorbers. In a directly-fired thermal desorber, heat is
provided directly by a flame located inside the desorber (similar to a rotary kiln
incinerator, though at lower temperatures), while in an indirectly-fired unit heat is
supplied by burners located outside the rotating cylinder which contains the soil. In the
following discussion, each of these thermal desorbers is described.
A typical indirectly-fired rotary desorption unit is shown schematically in Figure
1.1. The indirectly-fired desorber consists o f a steel cylinder that is rotated about its axis
at a constant rate. Feed material is continuously introduced into one end o f the rotating
cylinder by a conveyor belt or screw conveyor. The desorber is slightly inclined so that
the feed material moves slowly to the opposite end o f the kiln where it exits. The solids
form a bed in the lower portion of kiln. In some desorbers, small lifting flights are
attached to the inside surface of the rotating cylinder. These flights carry some bed
particles above the bulk o f the bed, and shower the particles through the gas phase onto
the lower part of the bed. A heated carrier gas (such as nitrogen) enters the desorber at
one end, flows through the free board space above the solids bed, and exits the opposite
end of the kiln. As solid materials move through the kiln, they are heated by the rotating
cylinder wall and the carrier gas. The heat source for the indirectly-fired rotary desorber
is a set of burners located outside o f the rotating cylinder. The flames are usually
contained within an annular space between the rotating cylinder and an outer containment

Burner Exhaust Stack s

Entering Nitrogen
Carrier G as

J L

Hot Com bustion G a s e s

Carrier G as

Rotating
D esorber
Cylinder

Entering
Soil
Burner Flam es
Insulated Outer
Containment Wall

Figure 1.1 Schematic diagram of an indirectly-fired rotary desorber - axial view along centerline.
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wall. This arrangement is called an indirectly-fired desorber because the flames and
products o f combustion do not contact the solids bed o r the desorbed contaminants.
The directly-fired desorber shares many of the same general characteristics with
the indirectly-fired desorber, as shown in Figure 1.2. The distinguishing feature o f the
directly-fired desorber is the presence o f a burner inside the rotating cylinder. This flame
heats the solids and gases inside the cylinder, as well as the rotating wall. Thus, in the
case of a directly-fired desorber, one must consider heat transfer involving the enclosed
flame. The products of combustion and excess air serve as a purge gas to carry desorbed
contaminants and water from the desorber.
In the case of the directly-fired desorber, the resulting off gases are usually treated
by high temperature incineration or by carbon adsorption. The off gases from the
indirectly-fired desorber are treated by condensing the contaminants from the gaseous
phase or by incineration in an afterburner. Since the contaminants are not incinerated in
an indirectly-fired desorber with contam inant condensation recovery, these units are
generally easier to permit than units in which the contaminants are thermally destroyed,
giving this low temperature process greater availability and cost-effectiveness
(Swanstrom, 1989). In addition, the flow rate through the air pollution control equipment
is lower for an indirectly-fired desorber since the combustion gases are not treated.
H eat T ransfer Paths in R otary D esorbers
There are many heat transfer paths associated with a rotary desorber. In general,
heat transfer at a given cross-section in a rotary desorber occurs by one o f the following
paths:
(1)

conductive and radiative heat transfer between the covered wall and the
adjacent bed.

(2)

radiative heat transfer between the exposed wall and the exposed bed
particles.

S olid s
B ed— v

Burner

Rotating

Flam e

Wall

To G a s Treatm ent
P r o c e ss

Flow of S o lid s
S olid s
D isch a rg e

F igure 1.2 Schematic diagram of a directly-fired rotary desorber.
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(3)

convective and radiative heat transfer between the gas phase (and the
support flame in a directly-fired desorber) and the exposed bed particles.

(4)

convective and radiative heat transfer between the gas phase (and the
support flame in a directly-fired desorber) and the exposed wall.

(5)

radiative heat transfer between two points on the exposed wall.

These heat transfer paths are illustrated in Figure 1.3 along with the regenerative
heat transfer resulting from the heating and cooling o f the wall as it rotates. Additionally,
in an indirectly-fired desorber, heat is transferred from a source to the outer surface of the
rotating wall and is conducted through the wall. In this research, heat transfer outside of
the rotating wall o f the desorber, heat transfer through the wall, and heat transfer
involving an enclosed flame are not considered. Instead, emphasis is placed on heat
transfer phenomena that are common to all rotary thermal desorbers (both directly- and
indirectly-fired desorbers).
M ass T ransfer Phenom ena in R otary D esorbers
The motivation for developing a heat transfer model for a rotary desorber stems
from the dependency o f contaminant desorption rates on local temperatures within the
desorber. In the following discussion, this temperature dependency is discussed along
with other factors that influence contaminant desorption.
There are two types o f mass transfer phenomena associated with contaminant
desorption: intraparticle and interparticle phenomena. Intraparticle mass transfer
phenomena are those associated with moving the contaminant from the particle to the
surrounding bulk environment within the bed. Interparticle mass transfer processes are
those that govern the movement of the contaminant through the bulk o f the bed. Lighty et
al. (1989) have studied these phenomena by measuring desorption rates from both very
thin beds (approximating desorption from single particles) and beds of finite thickness.
The studies o f thin beds were designed to investigate intraparticle mass transfer. In these
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Figure 1.3 Heat transfer paths for a rotary desorber.

Regenerative

9

studies, a purge gas was passed through a thin bed o f particles and the desorption rate
from the particles was measured. The studies involving thicker beds examined the
importance o f interparticle mass transfer. In these studies, beds o f particles (5.1 and 7.6
cm thick) were heated by a hot surface at the bottom o f the bed. A purge gas was passed
over the top of the bed. The desorption rate from the bed was continuously measured.
The desorption of contaminants from the thicker beds required a much greater time period
as compared to the thin beds, indicating the importance o f interparticle mass transfer in the
desorption of contaminants from the relatively thick, stagnant beds. This conclusion is
supported by several other works (Lighty et al., 1990 and 1990a). However, desorption
rates measured by Lighty et al. (1989) from the bed o f a pilot-scale rotary desorber more
closely approximate the desorption rates from the thin beds; thus the authors conclude that
the mixing of the rotary desorber bed reduces the interparticle mass transfer resistances.
In a separate study, Owens (1991a) also concludes that the overall evolution rate from a
slumping rotary kiln bed is governed by the particle desorption rate.
The work o f Lighty et al. (1990) shows that the desorption o f a contaminant from
a particle is controlled by the adsorption equilibrium characteristics of the contaminant/soil
pair. The strong temperature dependency o f the equilibrium between the adsorbed
contaminant and the gas phase has been reported by many investigators (Lighty et al.,
1988,1989, 1990, and 1990a; Borkent-Verhage et al., 1986; Varuntanya et al., 1989;
Owens, 1991a; and Tognotti et al., 1991). Lighty et al. (1990) use a Freundlich isotherm
model to represent the solid/gas phase equilibrium. Experimental particle desorption data
(gas and solid phase concentrations) are fit to determine the equilibrium model
parameters. These data and the resulting model suggest that the most of the contaminant
may desorb relatively quickly, but desorption o f the last monolayer o f coverage may take
much longer and/or require temperatures well above the boiling point of the contaminant.
Other factors affecting the solid/gas phase equilibrium include the properties of the
soil and the contaminant and the moisture content o f the soil. Varuntanya et al. (1989)
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report that contaminant desorption rates are higher for course sands as compared to finer
soil particles. Lighty et al. (1988 and 1990a) report that lower molecular weight
hydrocarbons are less difficult to desorb than heavier hydrocarbons. In addition, a high
moisture content reduces the capacity of the contaminant to adsorb on soils which also
have high mineral contents.
A pproach to Predicting H eat and M ass T ransfer in R otary D esorbers
In the following chapters, a heat transfer model is developed that describes many
heat transfer phenomena inside a rotary desorber. The heat transfer model will provide
important parameters needed to predict contaminant desorption: the temperature history o f
the soil and the transient moisture content of the soil. However, as discussed in the
preceding section, desorption rates also depend on the specific soil/contaminant pair under
consideration. Ultimately, experimental data are required to determine the thermal history
needed to achieve a given level of decontamination. Once this is determined, the heat
transfer model can then be used to determine whether a given desorption system can meet
these requirements, and if so, the operating conditions necessary to m eet these
requirements.
R esearch O bjectives
Despite the increased use o f thermal desorption for soil remedation, the
fundamental transport phenomena associated with this process are not well understood.
Thus the ability to determine a priori the applicability of thermal desorption to any given
site is limited. This research is intended to increase the understanding o f the fundamental
heat transfer phenomena in rotary desorbers. The three main objectives of this research
are as follows:
•

to develop a comprehensive heat transfer model for rotary desorbers,

•

to perform experiments with which to validate the model, and

•

to use the model and the experimental data in a series o f parametric
studies.

The comprehensive model describes the heat transfer processes o f a desorber. O f
particular importance is the heat transfer to the solids bed, since this is usually the primary
driving force for the removal of the water and contaminant from the soil. The heat
transfer model provides a temperature history o f soil in the desorber. As discussed in the
preceding section, this temperature history can be used along with experimental mass
transfer data to predict the ultimate degree o f contaminant desorption.
Validating the model is an important part of this research. To the extent possible,
assumptions made during model development are evaluated and justified. The model is
validated further by comparing its predictions with data from pilot-scale experiments. The
experimental data themselves also provide important information about rotaiy desorber
heat transfer.
A series of parametric studies is used to determine the sensitivity o f modeling
results to a number of parameters. These studies investigate factors that influence the
many fundamental heat transfer processes. The model and the experimental data are also
used to determine the validity of several important modeling assumptions.
D issertation O utline
The comprehensive heat transfer model is developed in Chapters 2 through 7.
Chapter 2 contains a literature review o f previous work related to the modeling effort.
Since there are many phenomena associated with thermal desorption, literature c. a a wide
range o f subjects is considered. Chapter 3 gives gives an overview o f the heat transfer
model and describes the various sub-models that constitute the comprehensive model.
Chapter 4 presents preliminary studies in which modeling considerations related to wallto-bed heat transfer are evaluated. Chapters 5 and 6 describe the heat transfer sub-models
in more detail, and Chapter 7 discusses the comprehensive heat transfer model. The
experiments performed to validate the model are described in Chapter 8, and the results of
these experiments are discussed in Chapter 9. The model is evaluated relative to these
experimental data in Chapter 10. In Chapter 11, the results o f parametric studies are
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described. Final conclusions and recommendations are made in Chapter 12. An outline
o f this dissertation, briefly describing each chapter, is given in Table 1.1.
T able 1.1 Dissertation Outline and Chapter Descriptions.
C hapter__________________________ Description___________________________
1

Introduces the problem of contaminated land. Describes several soil treatment
processes, the objectives o f this research, the operation o f rotary desorbers,
and transport phenomena associated with rotary desorbers.

2

Reviews the previous research relevant to modeling the heat transfer in rotary
desorbers.

3

Provides an overview o f the comprehensive heat transfer model and its sub
models.

4

Evaluates several considerations related to heat transfer between the desorber
wall and the solids bed.

5

Describes the wall-to-bed heat transfer model.

6

Describes the methods used for modeling radiative and convective heat
transfer in the desorber.

7

Summarizes the proposed comprehensive heat transfer model and the solution
algorithm.

8

Describes the experiments performed to validate the model.

9

Discusses the experimental results.

10

Evaluates the heat transfer model relative to the experimental data.

11

Discusses the results of the parametric studies performed using the model.

12

Summarizes the conclusions and recommendations of this research.

C hapter 2:

L iterature R eview

Introdu ction
As discussed in Chapter 1, many simultaneous heat transfer phenomena are
involved in the thermal desorption process. The purpose of this chapter is to review
previous work done to describe the fundamental heat transfer phenomena associated with
rotary thermal desorbers. This literature review is divided into discussions of the
following topics:
•

experimental and analytical work related to heat transfer between the
desorber wall and the solids bed,

•

work related to radiative heat transfer in rotary desorbers,

•

work done to characterize gas phase convective heat transfer in these
units, and

•

comprehensive heat transfer models for rotary desorbers and kilns.

Within each o f these main topics, a number of considerations are discussed.
W all-to-B ed Heat T ransfer
In this section, previous work related to the heat transfer between the rotating
desorber wall and the solids bed is reviewed. This discussion begins with a description
o f the motion of granular materials in a rotary cylinder. This bed motion is the basis for
several wall-to-bed heat transfer analyses that are then presented. Related studies
involving heat transfer in flowing, mechanically agitated, and fluidized granular media are
also reviewed. Since treatment of materials by thermal desorption usually involves
evaporation of moisture from the material, several heat transfer models which include
phase change processes are discussed. Also reviewed are investigations involving the
measurement or estimation of the thermal contact resistance between the wall and the bed,
and studies of the effective thermal conductivities o f porous media.
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Bed Motion and Mixing Considerations
Heat transfer to the solids bed is dependent, in part, upon the motion o f the bed.
It is helpful, therefore, to review the work done to characterize and model the motion o f
granular beds contained within rotating cylinders. Although the motion o f the bed is
particularly important in describing the heat transfer between the rotating wall and the bed,
it also has implications for other heat transfer mechanisms. In this section, two related
topics are discussed: the motion o f the particles in the bed and the mixing o f these
particles.
Hogg and Fuerstenau (1972) have studied the motion and mixing of particles in a
rotating cylinder. In order to mathematically describe the mixing o f the bed particles,
these authors adopt a relatively simple model o f the bed motion. As shown in Figure 2.1,
the bed is divided into two regions: a static region in which the particles have no motion
relative to the rotating cylinder and a shear zone in which the particles move down the face
of the bed in a cascading motion. These two regions are separated by an equilibrium
surface which, for low rotation rates, is located near the surface of the bed. Transverse
mixing of the bed is modeled as the combination o f two mechanisms: convection and
diffusion. The convection component o f mixing results from the fact that particles
traveling at different distances from the wall circulate at different rates. Thus particles
traveling in one radial element are displaced relative to particles in other radial elements.
The diffusive mechanism o f mixing results from the random interchange o f particles
between radial elements o f the bed. Diffusive mixing occurs due to the mixing action of
the shear layer; particles entering the shear layer from one path may re-enter the static
region along a path with a different radius o f curvature. The authors use the combined
effects of these mechanisms to predict the rate of mixing under a variety of conditions. A
diffusion coefficient introduced to describe the diffusive mixing is not known
beforehand, and is selected to best fit the experimental data. When this is done, good
agreement is found between the experimental data and the model predictions.

Rotating Wall

Solids Bed
Shear Layer
Near the Surface
of the Bed

Direction of
Rotation

Particles near
the wall move
with the wall.

F ig u re 2.1 Bed motion in a rotating cylinder according to Hogg and Fuerstenau
(1972).

Lehmberg et al. (1977) have also investigated particle movement and mixing in a
laboratory-scale rotary drum. In these experiments, dyed particles were place on an
existing bed in a rotary drum, and were observed through the transparent end o f the drum
as they mixed with the remainder o f the bed. Based on these visual experiments, the
authors describe the bed as being divided into two regions similar to those described by
Hogg and Fuerstenau (1972). The first region consists o f particles that are stationary
relative to the rotating drum wall and to neighboring particles. The particles in this region
move with the wall until they enter the second region, called the well-mixed region. The
well-mixed region consists of particles at or near the surface o f the bed that are moving
with respect to the wall. After entering the well-mixed region, the particles mix amongst
themselves. The authors qualitatively describe the mixing process by which the dyed
particles are distributed throughout the bed. During this process, the authors report that
mixing occurs only in the mixing region near the surface o f the bed. The bed motion and
mixing are described for various drum rotation rates. Under the conditions studied by
Lehmberg et al. (1977), several drum rotations are required to completely mix the dyed
tracer particles with the remainder of the bed. In order to quantify the mixing rate in the
rotating drum, Lehmberg et al. (1977) measured the transient temperature at a point in the
bed after a charge o f relatively hot material was added to the drum. A characteristic decay
time constant was determined for the process o f equilibrating the bed temperature. These
experiments demonstrate that the decay time of the system decreased as the drum rotation
rate increased. That is, the rate o f mixing increases with increasing rotation rate.
Tscheng and Watkinson (1979) evaluate the degree of mixing in a rotary drum bed
by measuring bed temperatures at various depths within the bed. The bed in these
experiments exhibited a rolling bed motion. Bed temperatures measured at depths from 4
to 30 mm below the surface of a 43 mm-deep bed are within ±2 K o f each other. These
measurements suggest that, under the conditions of this study, mixing within the bed
produced an approximately isothermal bed.
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The existence of a thermally well-mixed bed is supported by calculations reported
by Silcox et al. (1993). These authors calculate a characteristic time for heat conduction
into a granular bed and a characteristic time for the complete turn over o f a slumping bed
inside of a rotating cylinder. The results of these calculations show that the mixing (turn
over) time is much less than the characteristic conduction time, supporting the assumption
of a thermally well-mixed bed.
Henein et al. (1 9 8 3 ,1983a) report the results of extensive experimentation to
characterize the bed motion in a rotary kiln. The authors describe the four bed motions
typically found in rotary kilns: slipping, slumping, rolling, and cascading. Through a
series o f experiments the authors find the operating conditions and bed characteristics that
result in the various types o f bed motion. In general, the bed motion is found to be
influenced by the fill fraction, kiln rotation rate, kiln diameter, and particle diameter. A
semi-empirical model is developed to predict the bed motion based on these parameters.
With the possible exception of some slipping bed motions, the bed motions described by
Henein et al. (1983) fit the conceptual model in which a layer o f bed near the wall is
stationary relative to the wall and mixing occurs in an outer active layer.
Henein et al. (1983) also described the bed motion in terms o f the position o f the
bed relative to the horizon. This position is defined by the angle <bQ shown in Figure 2.1.
Henein et al. (1983) studied the position o f a rotary kiln bed during the different bed
motion regimes. In slumping beds, the angle d >0 increases until it reaches a maximum,
called the upper angle o f repose. A t this point, a portion o f the upper bed slumps onto the
lower part o f the bed. The bed then begins to rotate with the wall and <F0 increases again.
Henein et al. (1983) show that the upper angle o f repose increases linearly with rotation
rate, although the dependence on rotation rate is very weak. For relatively low rotation
rates, the upper angle of repose is approximately equal to the static angle o f repose, which
a measurable property o f the bed material. If the bed motion is in the rolling regime,
particles from the upper part of the bed continually fall to the lower bed. In this case, the
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angle <t>0 is approximately constant and is equal to the dynamic angle of repose. Henein
et al. (1983) show that for sands and other materials with relatively small particle
diameters (0.23 to 1.5 mm), the static and dynamic angles o f repose differ by only 1 to 2
degrees.
W es et al. (1976a) report results o f experiments designed to study the motion of
granular bed o f small particles (15 to 100 pm diameter) in a rotating drum. The bed
motion was studied in rotating cylinders with and without "strips" (similar to lifting
flights described in Chapter 1) mounted on the interior wall o f the cylinder. Independent
parameters in this study are the diameter o f the cylinder, the number o f strips, the angle
that the strips make with the cylinder wall, the rotation rate, and the fill fraction. W ithout
strips, the granular bed moved as a whole, exhibiting a slipping bed motion. Under these
conditions, the transverse bed mixing is reported to be poor. W hen strips are added to the
cylinder, bed material is carried with the motion o f the wall, and then falls or rolls down
the exposed slope o f the bed. This downward motion o f particles transfers energy to
adjacent particles in the bed, causing mixing within a large region of the bed. Thus, with
strips on the interior surface of the cylinder, there is a layer near the wall that has no
motion relative to the wall, and another layer in which mixing occurs. Experiments using
strips mounted at various angles relative to the cylinder wall suggest that the height of the
strips normal to the wall is the parameter which most gready influences the bed motion.
The number of strips is found to be o f lesser importance, provided that two strips are in
the bed at any given time. The authors also note that strips m ounted normal to the wall
can increase axial mixing by increasing the contact between the particles and the gas flow.
This contact results in particles being carried by the gas in the axial direction. When the
strips are mounted obliquely to the wall, the axial mixing due to the strips is reduced.
In summary, the two-region bed motion model shown in Figure 2.1 appears to be
valid over a wide range of conditions. The work o f W es et al. (1976a) also suggests that
the presence o f strips mounted on the inside surface o f the cylinder should not
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significantly affect the bed motion when it is in a slumping or rolling regime. In the tworegion bed motion model, a large region of the bed near the wall moves with the wall as it
rotates. The next section will show that this characteristic o f the bed motion greatly
simplifies the calculation of heat transfer between the wall and the bed. Further
simplification results if the bed can be assumed to be perfectly mixed. The literature
suggests that the bed particles mix at a finite rate that depends on rotation rate and fill
fraction. In most of the cases studied, however, this mixing time is relatively short,
resulting in a thermally well-mixed bed.
Review o f Analyses to Describe Heat Transfer Between the Rotating W all and the Bed
Several investigators have developed analyses which utilize the bed motion
described in the previous section to find the heat transfer between a moving wall and a
bed o f granular solids. Wes et al. (1976) use a penetration model to find an analytical
solution to the problem of conducting heat from a rotating drum into a solids bed. In this
analysis, an element o f the bed, idealized as a semi-infinite, homogeneous solid in
rectangular coordinates, is examined as it moves with the wall. This is illustrated in
Figure 2.2. This thin element of the bed has zero velocity relative to the wall and is
assumed to be at the temperature o f the well-mixed bed when it first comes into contact
with the wall. It is heated as it moves with the hot kiln wall a distance xe, as shown in
Figure 2.2. Heat transfer is assumed to occur only in the direction perpendicular to the
kiln wall. The governing energy equation for the element o f the bed is simply the
transient heat conduction equation,
2

3T
dT
a r= as - i
dy
where a s is the thermal diffusivity o f the bed (assumed to be constant). Wes et al. (1976)
use a constant wall temperature, Tw, for the boundary condition at y = 0. The temperature
o f the bulk o f the bed far from the wall, Tb, is used as both the second boundary
condition and the initial condition:

Solids Bed
Differential Bed
Elements

----------------------- a----------Direction of
Wall Motion

--------------x
Direction of Wall and Bed Motion \

x

Actual Geometry

Idealized Geometry

F ig u re 2.2 Bed geometry used by Wes et al. (1976).
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o
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T(0,t) = Tw ,
T(oo,t) = Tb , and
T(y,0) = Tb
The solution to this problem is well-known; the transient temperature profile o f the
element is given by

( 2 .2 )

Using this temperature distribution to calculate the heat flux at y = 0, Wes et al. (1976)
then find the coefficient describing the heat transfer between the wall and the bed,
averaged over the period of contact with the wall, to be

(2.3)
where 0) is the angular rotation rate o f the drum (rad/sec), D is the inside diameter of the
drum, and ks, ps, and cps are the thermal conductivity, bulk density and specific heat o f
the solids, respectively. This heat transfer coefficient is defined in terms o f the difference
between the wall temperature, T w, and the bulk temperature o f the solids, Tb. The
authors report that Eqn. (2.3) usually under-predicts the heat transfer coefficient by 5 to
10 % relative to coefficients based on measurements taken during the heating of potato

starch and yellow dextrine in a lab-scale drum reactor. Eqn. (2.3) will be referred to as
the penetration model.
Wachters and Kramers (1964) solve a similar wall-to-bed heat transfer problem
but use a different initial condition. Like Wes et al. (1976), W achters and Kramers
(1964) observe that a region of the bed near the wall moves with the wall as a rigid body.
However, Wachters and Kramers (1964) also notice that under some conditions (high
drum rotation rates) the bed particles in the layer near the wall do not become mixed with
the bulk o f the bed. Instead, these heated particles mix only among themselves and

preferentially return to the layer near the wall. Based on these observations, the authors
develop their analysis on the assumption that the particles in a region of specified
thickness adjacent to the wall have a higher temperature than the bulk o f the bed. The
initial temperature of this layer near the wall (that is, when it first contacts the wall) is
assumed to be the average temperature of the particles in the layer at the end of the
traverse o f the covered wall. The two boundary conditions are the same as those used by
Wes et al. (1976). The solution to Eqn. (2.1) found under these assumptions depends on
the thickness o f the layer o f relatively hot particles adjacent to the wall. W hen the wall
layer thickness is greater than the thickness of the thermal penetration layer, the resulting
wall-to-bed heat transfer coefficient, averaged over the contact period, is
2 ks
h w-b = — 7= - =

3 V 7 ta s T

(2.4)

where X is the contact time between the wall and the adjacent particles (xe = gotDt). The
coefficient given by Eqn. (2.4) is one-third that predicted by W es et al. (1976). W achters
and Kramers (1964) report that this coefficient agrees well with experimental results
measured using dry sand in a 0.152 m diameter drum and relatively high cylinder rotation
rates (greater than 10 rpm).
Lehmberg et al. (1977) use an approach similar to that of W es et al. (1976) to
predict heat transfer between a rotating drum wall and a granular bed. Lehmberg et al.
(1977), however, report that the heat transfer coefficient predicted using Eqn. (2.3) is
much less than they measured experimentally. Lehmberg et al. (1977) also suggest that
the form of Eqn. (2.3) is not consistent with their experimental data. To explain these
discrepancies, the authors propose the existence o f a contact resistance between the bed
and the wall. The authors then calculate a wall-to-bed heat transfer coefficient that
includes this contact resistance. That is, Lehmberg et al. (1977) solve Eqn. (2.1) subject
to the following initial and boundary conditions:
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T(o°,t) = Tb , and
T(y,0) = Tb
where hc is the heat transfer coefficient describing the contact resistance at the wall and Tb
is the temperature of the bed far from the wall. All other assumptions and conditions are
the same as in the analysis o f W es et al. (1976). The resulting heat transfer coefficient,
averaged over the contact period, x, is
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where h is defined by
h„
h = ET
The authors report that the results obtained with this new equation agree much better with
their experimental data than Eqn. (2.3). However, the contact coefficient, hc, is not
determined a priori, but is found by a parameter fit o f the experimental data.
Tscheng and Watkinson (1979) correlate the experimental data reported by
Lehmberg et al. (1977) and W achters and Kramers (1964). The resulting correlation is
0.3

o)R p
h w-b

(2 . 6 )

11.6-

a

S

/

where P is the angle subtended by the bed and R is the inside radius o f the cylinder. This
correlation is valid for coR2p /a s <104. For larger values o f 0)R2p /a s, the Nusselt
number ( Nu = hw-b

-) approaches a limiting value that depends on the size o f the

particles. Values predicted by Eqn. (2.6) are less than those given by the penetration
model, Eqn. (2.3). The authors suggest that this deviation probably results from a
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thermal contact resistance (gas film) between the wall and the bed, which is not included
in the theory leading to Eqn. (2.3).
Ferron and Singh (1991) reject the idea of a contact resistance between the bed
and the covered surface. Instead these authors propose a model in which wall-to-bed heat
transfer is augmented by the movement o f heated particles from near the covered surface
to the exposed surface o f the bed where heat is then transferred to the gas phase. This
model results in wall-to-bed heat transfer coefficients less than those predicted by the
standard penetration model. The authors thus conclude that this modified penetration
model is preferable. However, this model fails to predict the particle size dependency on
the wall to bed heat transfer coefficient observed by Lehmberg et al. (1977) and Tscheng
and W atkinson (1979). In addition, the model o f Ferron and Singh (1991) predicts a
wall-to-bed heat transfer coefficient that continually increases with rotation rate, whereas
the experimental evidence indicates that the coefficient of heat transfer reaches some
asymptotic value (which depends on particle diameter) at high rotation rates.
Review of Analyses Describing Heat Transfer Between Flowing. Agitated and Fluidized
Beds and Surfaces
The analyses discussed in the previous section make use o f the simple bed motion
observed near the rotating wall to calculate the heat transfer from the wall to the bed.
Solutions have also been found for other situations involving heat transfer between
surfaces and granular beds. These solutions are reviewed in this section. Some of these
analyses involve heat transfer between flowing beds o f particles and stationary surfaces.
These analyses use a mathematical approach that is very similar to the penetration models
described in the previous section. Also reviewed are works aimed at describing heat
transfer between surfaces and granular media which are mechanically agitated or mixed.
Many of these latter analyses also use penetration models similar to those describing heat
transfer between a granular bed and a rotating drum wall. They differ because the bed
motion is less well-characterized for agitated beds. That is, the contact time between the
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bed particles and the surface is not as easily determined. The same is true o f fluidized
beds models, which are also reviewed. Although none o f these models are directly
applicable to the problem presently under study, a review o f o f this literature adds to an
understanding o f the fundamental processes that are involved in the heat transfer between
surfaces and granular beds.
Studies Involving Flowing G ranular Beds. Harakas and Beatty (1963) present
results of a study o f the parallel flow o f fine solid particles past a vertical heated surface.
In this study, the heat transfer rate to the particles was measured as the particles moved
past a stationary heated surface. The authors model this situation as a homogeneous
continuum flowing past an isothermal surface. It is assumed that heat is conducted into
the bed as it moves along the plate with a uniform velocity. This situation is
mathematically analogous to the transient problem examined by W es et al. (1976) in
which the heat transfer rate to the bed is calculated as the bed moves with an isothermal
wall. In both cases the governing equation and the boundary conditions are the same.
Since Harakas and Beatty (1963) assume that all of the particles have the same velocity,
the fact that there is relative motion of the bed with respect to the wall does not change the
mathematical formulation o f the problem. Thus, the heat transfer coefficient found by
Harakas and Beatty (1963) is essentially the same as that given by Wes et al. (1976).
Whereas the contact time between the rotating wall and the bed is determined by the
rotation rate and the arc length covered by the bed, the contact time for the case of the
flowing bed is determined by the uniform velocity of the particles and the length of the
heated surface.
Sullivan and Sabersky (1975) studied a problem similar to that examined by
Harakas and Beatty (1963). The heat transfer from a flat plate immersed in a flowing
granular medium is measured, and several models are developed to describe this heat
transfer. An approach similar to that used by Harakas and Beatty (1963), which assumes
that the particle flow can be modeled as a continuum with an effective thermal diffusivity,
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is compared with a model that treats the medium as an ensemble o f discrete particles. A
comparison o f the models shows that the two models differ significantly when the thermal
boundary layer thickness is of the same order as the particle diameter. The authors show,
however, that a third model, which treats the medium as continuum except at the wall
where a special thermal resistance is included, compares favorably with the discrete
particle model. This third model, which is analogous to the solution given by Lehmberg
et al. (1977), is used to fit experimental data in order to determine the thermal resistance at
the wall.
Spelt et al. (1982) extend the work o f Sullivan and Sabersky (1975) to include
higher particle bed velocities. The model o f Sullivan and Sabersky (1975) predicts that
the heat transfer coefficient will increase with decreasing contact time (increasing bed
velocity). Spelt et al. (1982), however, report that the heat transfer coefficient eventually
reaches a maximum, and then decreases with further increases in velocity. The authors
suggest that this decrease in heat transfer at the higher velocities is caused by decreases in
the packing density near the wall, resulting in a greater thermal resistance at the wall. The
decrease in packing density near the wall is attributed to a higher particle mobility in this
region at higher velocities.
Colakyan and Levenspiel (1984) propose a model identical to that of Sullivan and
Sabersky (1975) to model the heat transfer between a granular bed flowing past a
cylinder. Like Sullivan and Sabersky (1975), Colakyan and Levenspiel (1984) adjust the
contact resistance so as to fit the heat transfer rates calculated from the model to those
calculated from experimental data. Colakyan and Levenspiel (1984) find that the thermal
contact resistance is a function o f particle diameter only, and that the contact resistance
that describes their experimental results is proportional to the square o f the particle
diameter.
Studies Involving Mechanically Agitated Beds. Uhl and Root (1967) review early
attempts to model the heating of granular solids in a variety o f industrial heating units in
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which the bed is mechanically agitated. The approaches include penetration theory in
which particles that come into contact with the wall are heated over some contact period
and the use of an effective conductivity which includes the effects o f conduction in the
solids and mixing o f the granular particles. In general, the authors conclude that the
difficulty in predicting heat transfer in mechanically agitated heaters stems from the
uncertainties in the thermal properties of the granular materials and an inability to model
the mixing that occurs in these units.
Schliinder (1982) proposes a model describing heat transfer between an agitated
granular bed and a heated surface. This model estimates the total resistance to heat
transfer from the wall to the bed as the sum o f a contact resistance at the wall and a
resistance to conduction in the bed. This latter resistance is estimated from the penetration
theory solution for conduction into the bed from an isothermal wall, averaged over the
contact period. The resulting overall average heat transfer coefficient is given by the
following equation:

1

i
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(2.7)

2 ks

In general for mechanically agitated beds, the contact time between the particles and the
bed, t, is unknown and must be determined experimentally.
Ohmori et al. (1986) model the heat transfer between a horizontal heated surface
and a mechanically agitated bed. The bed investigated in this study was agitated by a
blade rotating through the bed. In this case, heat transfer to the bed is modeled as three
heat transfer resistances in series: a thermal contact resistance, a resistance due to
conduction through a stagnant layer of the bed between the wall and the rotating blade,
and a resistance due to the transient conduction into the bulk of the bed. Penetration
theory is used to calculate the conduction resistance for the bulk o f the bed. This series o f
resistances is used to find a local overall heat transfer coefficient. The local overall heat
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transfer coefficient is averaged over a contact time to give an average wall-to-bed heat
transfer coefficient. Notice that, unlike the approach o f Schliinder (1982), Ohmori et al.
(1986) place the resistance describing conduction into the bulk bed in series with the other
resistances before the coefficient is averaged over the contact time. The authors report
reasonable agreement between the experimentally measured heat transfer coefficients and
those predicted by their model.
Malhotra and Mujumdar (1991) also studied the heat transfer to a mechanically
agitated granular medium. In the situation studied, the medium is contained within a
vessel and is stirred by rotating mixing blades. The particles are heated while they are in
contact with the walls of the containment vessel. The heat transfer model considers the
medium to be a continuum with an effective thermal conductivity, and includes an
additional thermal resistance at the heated surface. Conduction resistances are found for
both constant temperature and constant heat flux boundary conditions using penetration
theory. A local overall resistance is found by taking the conduction and contact
resistances to be in series. Similar to the Ohmori et al. (1986) approach, an average heat
transfer coefficient is found by averaging the overall heat transfer coefficient over the time
in which the particles are in contact with the heated surface. The authors also develop a
model to describe the particle movement in order to estimate the contact time o f the
particles with the surface. Malhotra and M ujumdar (1991a) report favorable agreement
between heat transfer rates predicted by this model and those observed experimentally.
These same authors, Malhotra and M ujumdar (1987), use a very similar approach to
model heat transfer between a vibrated granular bed and a stationary circular cylinder.
Studies Involving Fluidized G ranular Beds. G abor (1970) presents two wall-tobed heat transfer models for fluidized and packed beds. The first of these models
considers the bed to be a string o f particles in an orthorhombic array with an interstitial
gas. The particles are heated by an adjacent heated surface. The transient heat conduction
equations are solved numerically for the solid and the gas phases. The second analysis
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models the bed as an alternating series of solids and gas slabs. The transient rate of heat
conduction is determined for this configuration. Both o f these models are intended to
avoid the use of an effective thermal conductivity; the authors argue that such an effective
property is inappropriate since the thermal responses are different in the solid and gas
phases. No contact resistance is assumed at the heated surface. The two models were
found to be in good agreement with one another and with available experimental data.
Kubie and Broughton (1975) develop a wall-to-bed heat transfer model for
fluidized beds that does not impose a contact resistance at the wall. These authors assume
that the bed is a continuum even in the region immediately adjacent to the wall; however,
this model allows the properties o f the bed near the wall to change continuously with
distance from the wall. The changes in properties are calculated based on the changes in
porosity near the wall. A numerical solution is required to solve this variable property
continuum model. The surface-to-fluidized bed heat transfer predicted by this model
agrees well with experimental data.
Gloski et al. (1984) describe experiments in which heat transferrates between a
surface and both fixed and fluidized beds o f particles are measured. This study involves
relatively short particle-surface contact times (<150 ms). Virtually identical results are
reported for the fixed and fluidized beds. Very high heat transfer rates during the first 20
ms after contact with the surface are attributed to heat transfer between the surface and the
particle asperites in contact with the surface. An approximately constant Nusselt number
(based on the particle diam eter) is found at longer contact times. The authors suggest that
during this second period the primary path o f heat transfer is through the interstitial fluid
between the surface and the first row of particles, and that the increased resistance to heat
transfer at the wall is due to increased voidage in this region. The wall-to-bed Nusselt
numbers calculated from the experimental data agree reasonable well with those predicted
by a continuum conduction model with a surface contact resistance. The authors also
suggest that the one-dimensional, variable property models such as that proposed Kubie
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and Broughton (1975) may be inadequate since these models neglect the inhomogeneous
distribution of the gas and solid properties. The authors suggest that the simpler
continuum model with a surface thermal contact resistance may be equally valid.
Summary. The models describing heat transfer between surfaces and flowing,
agitated or fluidized particles involve processes similar to those for particles in rotating
drums. These situations differ in that each is characterized by a different bed motion,
resulting in different wall-to-bed contact times. The studies reviewed in this section
provide evidence o f a non-homogeneous bed near the wall; however, these studies also
show that bed property variations near the wall can be successfully modeled using a
thermal contact resistance.
Heat Transfer Involving Phase Changes in Porous Media
The models described in the previous section assume that the granular bed is semi
infinite, and, except for a region immediately adjacent to the wall, homogeneous. Thus,
they do not address the problems encountered with the evaporation of moisture within the
bed. When moisture is present in the bed, the particles near the hot wall may be dry while
the remainder of the bed is moist. In this situation, the bed is clearly not homogeneous
and, due to evaporation within the bed, the problem is no longer one o f pure conduction.
In this section, heat transfer processes involving phase changes in porous media are
discussed.
A common approach to describing evaporation processes in a porous medium is to
divide the medium into two regions: a dry region containing no moisture and region
containing, in general, both liquid and vapor. These regions are separated by an interface
which moves as the material dries. The earliest uses of this approach involved describing
the evaporation of water from an exposed, heated surface of a porous medium. These
models propose that as water evaporates, the interface dividing the dry and moist regions
propagates into the medium. If conduction alone is considered in the dry region, the
resulting problem is analogous to the Stefan problem, which describes conduction in

freezing and melting substances (Carslaw and Jaeger, 1986). Gupta (1974), Miklailov
(1975), and Cho (1975) use Stefan-type analyses to describe evaporation from an
exposed, heated surface o f a porous material. Cross et al. (1979) use the temperature
distribution predicted by the Stefan analysis along with Darcy's law to evaluate the
pressure distribution resulting from the flow o f vapor through the dry region.
Lyczkowski and Chao (1984) developed a two-phase heat transfer analysis that includes
both heat conduction and convective heat transfer resulting from the flow of water vapor
through the dry region. By comparing to the Stefan conduction analysis, Lyczkowski
and Chao (1984) show that the heat transfer processes during drying are significantly
affected by the convection of the generated vapor.
Schliinder and M ollekopf (1984) present and demonstrate an analytical model
which uses a Stefan-type analysis to describe the heat transfer between a hot wall and a
mechanically agitated bed containing moisture. This model is demonstrated further by
Schliinder (1986). W hereas the models o f Gupta (1974), Miklailov (1975), and Cho
(1975) describe evaporation from a porous medium which is being heated at its exposed
surface, the model o f Schliinder and M ollekopf (1984) considers the drying o f a
mechanically agitated bed heated by a heated surface which is in contact with the medium.
Thus, the Schliinder and M ollekopf (1984) model more closely resembles the heat
transfer process at the wall o f the rotating desorber. The process description on which
this model is based is described in the following discussion and is illustrated in Figure
2.3. First, a uniformly moist bed o f particles contacts the heated surface. The particles
adjacent to the surface then dry out and an interface dividing these dry particles from the
remainder of the moist bed propagates away from the surface. At some time after this
process has begun, the bed is assumed to be mechanically agitated, causing the hot, dry
particles to become uniformly dispersed within the remainder of the bed. The process is
then repeated with an interface moving through the mixture of moist and dry particles.
These authors mathematically pose this moving boundary process as a classical Stefan
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problem. The Stefan problem, as applied to this process, involves conduction from a
heated wall (maintained at a constant temperature) through the dry particles near the
surface. The temperature at the interface (y = 8) is assumed to be the bulk temperature o f
the bed. Evaporation occurs only at the interface and all heat conducted through the dry
particles is applied toward evaporation. The temperature profile found by Schliinder and
M ollekopf (1984) for the dry region near the wall is
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and 8 is the distance of the interface from the wall.
An energy balance at the interface provides an implicit equation that determines the
location of the interface:
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where AH is the heat o f vaporization o f water and X is the moisture content of the bed
(mass o f moisture per mass o f dry bed).
With the temperature profile o f Eqn. (2.8), the average heat transfer coefficient
describing the transfer between the wall and the bed is found to be
r-

2

h\v-b,wet

/—

Vn

V OCsP sCps
/—

Vt

1
/ \

erf (ft)

(2 .1 0 )

where %is the time that the bed particles are in contact with the heated surface.
Note that this equation is similar to Equation (2.3); the additional factor of
l/erf(ft) accounts for the presence o f the drying interface. Schliinder and M ollekopf
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(1984) observe that Eqn. (2.10) reduces to Eqn. (2.3) when the moisture content is zero.
Since erf (Q) will always be less than unity, Eqn. (2.10) predicts a higher heat transfer
coefficient for a moist bed than for an analogous dry bed. The surface-to-bed heat
transfer rate was observed experimentally by Colakyan and Levenspiel (1984) to increase
with bed moisture content.
To account for a contact resistance at the wall, Schliinder and M ollekopf (1984)
propose that the heat transfer resistance due to the conduction o f the bed [defined as the
reciprocal o f Eqn. (2.10)] be placed in series with the contact resistance. That is,
Schliinder and M ollekopf (1984) define the overall average resistance by
1
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Schliinder and M ollekopf (1984) note that this overall coefficient is not rigorously
correct since the bed conduction resistance is derived assuming a constant boundary
temperature while the intermediate temperature between the contact resistance and the bed
will change as the heat flux through the contact resistance changes. Schliinder and
M ollekopf (1984) do not justify the approximations implied in Eqn. (2.11).
Schliinder and M ollekopf (1984) use the above analysis as the basis for
calculating the drying rate o f a mechanically agitated bed. The drying rate is defined as
the ratio o f the rate at which heat is used for evaporation to the heat o f vaporization. The
authors recommend using the heat transfer rate to the moving interface to calculate the
drying rate. This assumes that the hot, dry particles near the wall do not exchange heat
with other particles when they are m ixed with the remainder o f the bed. That is, this
approach neglects the possible evaporation driven by heat transferred from the hot, dry
particles to the moist particles in the bulk o f the bed during mixing. It also requires that
the average temperature of the bulk bed be adjusted upward to account for the presence of
the hot particles. The contact time between the bed particles and the heated surface is used
as an adjustable parameter to fit experimentally measured evaporation rates to those
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predicted by the model. The model o f Schliinder and M ollekopf (1984) has been
extended for multigranular packings by Tsotsas and Schliinder (1986) and for
hygroscopic materials by Tsotsas and Schliinder (1987).
While the model developed by Schliinder and M ollekopf (1984) provides a simple
means by which to include the effects of moisture on heat transfer from a surface to a bed
o f agitated particles, the approach has several limitations when applied to rotary
desorbers. These limitations result from several implicit assumptions in the model. One
assumption o f this model is that the vapor generated at the interface can leave the bed with
no further consequences. It is assumed that the vapor flows away from the heated wall,
through moist bed, and finally out o f the bed. No attempt is made to account for energy
transport via this vapor flow. This convective heat transfer was shown to be important by
Lyczkowski and Chao (1984) in the case examined in their study. In addition, the
Schliinder and M ollekopf (1984) model assumes that the bulk o f the bed is initially at the
temperature o f the phase-change interface, which is generally not true for rotary
desorbers. That is, the bulk temperature may initially be significantly less than the boiling
temperature o f the moisture. In order to better understand the fundamental transport
processes that are occurring, several additional models are reviewed in the following
discussion. These models describe conductive and convective heat transfer between
surfaces and porous media in which phase changes are occurring.
Rubin and Schweitzer (1972) consider the evaporation o f a liquid in a porous
medium. The situation analyzed is that o f one-dimensional heat transfer through a slab of
porous material. The slab is heated on one side, while liquid is supplied to the opposite
side of the slab. A vapor region develops near the heated side and an interface separating
the liquid and vapor regions propagates through the slab. The energy equation is solved
for both the liquid and vapor regions. The location of the interface is found by satisfying
energy and mass balances at the moving interface. An exact solution is found for the
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steady-state case (stationary liquid/vapor interface), and a heat-balance integral method is
used to find a solution to the transient problem.
Parmentier (1979) considers heat transfer from a heated vertical surface to an
adjacent porous medium. Near the heated surface, a vapor region forms with vertical
flow along the surface. The continuity equation and Darcy's law are used to estimate the
velocities in both the liquid and vapor regions. The energy equation is solved in the vapor
region, and is used to find the heat transfer rate from the wall to the porous medium. An
interface energy balance is used to find the location o f the vapor/liquid interface as a
function o f vertical location.
Cheng (1981) examines the problem of film condensation along an inclined
surface adjacent to a porous medium. This analysis is very similar to that o f Parmentier
(1979) except that the liquid and vapor regions are interchanged; the liquid layer is
adjacent to the wall and the vapor region is outside the liquid region. Cheng (1981)
considers the more general case where the wall is at some arbitrary angle with respect to
vertical, and also considers condensation outside a cone-shaped surface. In order to find
an explicit equation for the interface location [instead of an implicit equation similar to
Eqn. (2.9)], the author also considers the limiting cases of very thin and very thick liquid
films.
Essome and Orozco (1991) extend the earlier phase change models to include the
evaporation of a binary mixture in a porous medium. This model is similar to those of
Parmentier (1979) and Cheng (1981), except that flow in a concentration boundary layer
is added in the liquid region, adjacent to the phase-change interface.
Summary. In summary, the phase change models reviewed raise several issues
that must be considered. O f these phase change models, the approach of Schliinder and
Mollekopf (1984) for agitated beds most closely describes the wall-to-bed heat transfer
processes for the rotary desorber. This model, described earlier, includes a contact
resistance at the heated surface (albeit in an approximate manner) and the two phases in
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the bed; however, it does not consider a mass balance at the interface nor does it allow for
bulk bed temperatures below the phase change temperature. It also neglects the flow of
the resulting water vapor that is included in the other phase change models discussed
above. In addition, the contact time between the particles and the surface is not known a
priori in the agitated bed model of Schliinder and M ollekopf (1984).
Wall-to-Bed Thermal Contact Resistance
Several of the analytical models discussed in the previous sections include a
thermal contact resistance between the wall and the solids bed. For example, Lehmberg et
al. (1977) and Sullivan and Sabersky (1975) use this thermal contact resistance as an
adjustable parameter with which to match their model to the experimental data. Schliinder
and M ollekopf (1984) include a contact resistance that is predicted from properties o f the
bed particles and the interstitial gas. In this section, previous work investigating this
thermal contact resistance is reviewed. First, a physical explanation o f the contact
resistance is given. Proposed expressions to predict the contact resistance, based both on
fundamental considerations and on experimental studies, are then discussed.
The thermal contact resistance is caused by differences in the bed near the wall. In
particular, the void space, or porosity, in the vicinity o f the wall is greater than that in the
remainder o f the bed. This effect has been experimentally observed by several
investigators. Roblee et al. (1958) measured the radial variations of void fraction in a
cylinder containing packed beds o f spheres, cylinders, and other packings, as well as the
variation in porosity in a packed bed o f spheres near a plane wall. The authors report that
the porosity at the wall is very high (approaching unity) and reaches a local minimum at
approximately one particle radius away from the wall. A local maximum in porosity is
found at a distance o f one particle diam eter from the wall. The authors explain these
results by noting that the orientation o f the first layer of spheres (those spheres that are in
contact with the wall) is determined by the wall. Thus there are more particles with
centers located one radius from the wall than there would be if the wall was not present.
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Similarly, the orientation o f the second row of particles is influenced by the first row, and
so on; however, the influence o f the wall on porosity decreases with increasing distance
from the wall. M ost o f the influence o f the wall is limited to within a single particle radius
from the wall (Ofuchi and Kunii, 1965). Schwartz and Smith (1953) note a similar
increase in porosity near the walls o f cylindrical packed beds.
The increase in porosity near the wall results in a local decrease in the effective
thermal conductivity o f the bed, which can be approximated as a thermal contact
resistance. Several investigators have experimentally confirmed the existence o f the
thermal contact resistance and have measured its magnitude under a variety o f conditions.
Many of the early experimental studies involve beds through which gases are flowing.
The apparent wall coefficients found in these studies are generally correlated using a
function o f the following form:
( 2 . 12)

= C n Re"

In this equation, Re is the Reynolds number based on the particle diameter, Dp, kf is the
thennal conductivity of the interstitial fluid, and Q and n are constants.
Yagi and Kunii (1960) have studied the heat transfer in annular packed beds with
low Reynolds numbers. Their experiments reveal that the wall coefficient does not reduce
to zero as the Reynolds number approaches zero, as a correlation with the form of Eqn.
(2.12) would suggest. Based on this observation, Yagi and Kunii (1962) propose the
following equation to estimate the contact resistance at the wall o f a packed bed containing
a stagnant gas:
1
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where k w is twice the effective thermal conductivity near the wall and k s is the effective
conductivity of the bulk bed. Yagi and Kunii (1962) give an equation for k w based on the
calculated heat flux from the wall to a single particle.
Ofuchi and Kunii (1965) test Eqn. (2.13) for packed beds with stagnant fluids.
These authors discuss a series o f experiments in which they measure one-dimensional
temperature profiles in a bed heated by a horizontal plate. The authors used several bed
materials (glass spheres, steel balls, rings, cem ent clinckers, cylindrical pellets, and sand)
with a variety of dimensions. The authors also used several different interstitial fluids:
water, air, carbon dioxide, helium, and hydrogen. The measured temperature gradients in
the bed along with an estimated effective bed conductivity were used to determine the
contact resistance at the wall. Based on their results, Ofuchi and Kunii (1965) conclude
that Eqn. (2.13) provides a good estimate of the contact resistance.
In their work involving flowing granular beds, Sullivan and Sabersky (1975),
also found that the effective conductivity near the wall was different from that in the bulk
of the bed. The authors proposed an equation of the form
1 kf
M - f p
X Up

(2-14)

where X is an experimentally determined coefficient. For a wide variety of particle sizes
and shapes, the authors report that X = 0.085 provides the best fit of their data.
A model similar to that of Sullivan and Sabersky (1975) is described by Schliinder
(1980). This model, which is based on first principles, recognizes that the gas gap
between the particles and the wall is not uniform; the width o f the gap approaches zero at
the point were the particle contacts the wall and increases away from the contact point.
Schliinder (1980) calculates the heat conducted through the gas between the particle and
the surface by integrating the local heat flux over the projected area o f the particle. The
contact heat transfer coefficient is based on this heat transfer rate and the temperature
difference between the particle and surface. Schliinder (1980) also notes that, since the
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gas can no longer be considered as a continuum at the contact point, the effective
conductivity o f the gas approaches zero at this point. The gas conductivity is corrected to
account for this rarified gas effect. The resulting formula for the contact heat transfer
coefficient is

(2.15)
The reduced molecular mean free path, a , can be estimated using the following
equations (Malhotra and Mujumdar, 1990):

=2 A < ^ i
7

where T is the mean fluid temperature (K) and p is the total fluid pressure (Pa).
Richard and Raghavan (1980) attempt to fit the data given by a number of
investigators using Eqn. (2.15). These authors report that the Schliinder (1980) model
agrees well with the experimental data taken for spherical particles, but less satisfactorily
for irregular or angular particles such as sand. To explain this discrepancy it is suggested
that the wall will more greatly influence the porosity distribution o f beds with irregular
shaped particles as compared to beds with spherical particles. This phenomenon was also
observed by Roblee et al. (1958).
To account for the particle shape, Richard and Raghavan (1980) correlate the
parameter X in Eqn. (2.14) with the porosity o f the bulk o f the bed, e. The resulting
correlation is
5.06

X = 5.16 e

(2.16)
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Thus, the expression for the coefficient o f heat transfer corresponding to the thermal
contact resistance becomes
(2.17)
p
Schliinder (1982) modifies Eqn. (2.15) to account for particle and surface
roughness. The resulting expression, neglecting radiation, is

where sr is the sum o f the roughness asperites o f both the particles and the contacting
surface. The fraction of surface area covered by particles, T/, is estimated using the
following expression:
(2.19)
where e is the porosity o f the bed. Schliinder (1982) suggests taking sr to be zero. This
is done to account for the increased contact area due to deformation o f the particles.
Malhotra and Mujumdar (1991a) report that using sr = 0 overcompensates for particle
deformation. These authors assume that sr is approximately half the average particle
roughness, resulting in satisfactory agreement with experimental results.
Malhotra and Mujumdar (1990) extend the analysis of Schliinder (1982) to include
non-spherical particles. Equations analogous to Eqn. (2.18) are derived for ellipsoidal,
slab-shaped, and cylindrical particles. For a slab-shaped particle with a single edge in
contact with the surface the calculated thermal contact coefficient is

(2 .20 )
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where the particle dimension, Dp, is the length o f one side o f the pardcle. The authors
report that the contact heat transfer coefficient is strongly dependent on the particle shape,
orientation, and aspect ratio.
Hill and Wilhelm (1959) investigated the temperature dependency of the contact
resistance over the temperature range o f 100 to 1000°C. They conclude that the decrease
in the contact resistance is more than that which can be explained by the change in
conductivity o f the interstitial gas. This suggests that radiation may contribute to the heat
transfer between the wall and the bed at high temperatures.
Schliinder (1980) suggests an additive adjustment to account for radiative
transport between the wall and the first layer o f particles based on linearizing the StefanBoltzmann law. The resulting radiative coefficient o f heat transfer at the wall is
hc.,ad=4C 2 (T)3

(2.21)

where T is the mean temperature o f the contact "film" and C 2 is given by
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The quantities e w and £s are the emissivities o f the wall and bed, respectively, and Cs is
the Stefan-Boltzmann constant.
Summary. In summary, the thermal contact resistance is caused by porosity
variations near the wall. Several methods to estimate the contact resistance at the wall
have been proposed by previous investigators. In general, two approaches have been
used previously: parameter fits of experimental data and derivations from fundamental
considerations. Both of these approaches suggest that, except at elevated temperatures,
the thermal contact resistances is directly proportional to the thermal conductivity o f the
interstitial fluid and inversely proportional to the particle diameter. Additional parameters
identified in these earlier words include the particle shape and the local temperature.
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Thermal Conductivities o f Porous Media
The heat transfer analyses reviewed in the previous discussion require the
following thermodynamic and physical properties of the solids bed: thermal conductivity,
specific heat, and bulk density. Moreover, these properties are needed over a wide range
o f conditions (temperatures and moisture contents), since the properties will continually
vary as the solids are heated and dried. The specific heat and bulk density can readily be
measured or estimated from the constituent properties (the properties o f the solid particles
and the interstitial fluids), but the determination of the effective conductivity o f a granular
bed is more difficult. While the thermal conductivity o f the solids can be experimentally
measured under a limited number o f conditions, it is not practical to measure the thermal
conductivity o f each granular bed o f interest over the range o f conditions expected in the
desorber. Thus it is necessary to predict this property for a given bed at a given set of
conditions. In general, the effective thermal conductivity is a function o f the constituent
conductivities, as well as other parameters such as temperature and porosity. In the
following discussion, several methods o f estimating the effective conductivity o f a porous
medium are reviewed.
Kunii and Smith (1960) develop a porous media heat transfer model in which heat
transfer through the fluid phase is assumed to be parallel to that through the solid phase.
Conduction and radiation are considered in the fluid phase, while heat transfer through the
solid phase includes transfer through the surface contact points and the fluid near the
contact surface, as well as radiation and conduction within the solid particles. Based on
this model, the authors derive the following expression for the effective conductivity of
bed o f particles:

k,

P ,( l- e )

( 2 .22 )

In this equation, which is valid below 900°F and except at very low pressures, ks is the
effective conductivity of the medium, kf is the conductivity of the interstitial fluid, and e is
the porosity o f the medium. For spherical particles, yi and Pi are 2/3 and 0.9,
respectively. The parameter <)>is a measure o f the effective thickness o f the fluid film
adjacent to the contact surface o f two solid particles, and is a function o f the constituent
conductivities, particle diameter, and the number o f contact points on an individual
particle surface. Comparison to experimentally measured conductivities shows that the
model predicts the effective conductivities within 20% o f the experimental data.
Krupiczka (1967) correlates experimentally measured effective thermal
conductivities of porous media using a function o f the following form:

(2.23)
The author recommends the following expressions for A j and B i:
A j = 0.280 -0 .7 5 7 log e
B i = -0 .0 5 7
These equations correlate 76% o f the data considered by the author with an error less than
± 30%.
W akao and Kato (1968) use a numerical relaxation method for conduction and
radiation in cubic and orthorhombic lattices to estimate the effective thermal conductivity
o f porous media. The authors report good agreement between the conductivities predicted
by the model and those determined experimentally. The authors also correlate the model
results to obtain a working equation which indicates the importance o f radiation on the
effective thermal conductivity:
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where Nur (= - ^ p) is the Nusselt number for radiation, hr is the radiation heat transfer
p

coefficient, and 20 < %

< 1000.
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Somerton et al. (1974) experimentally studied the effective conductivities o f sands
in which the void spaces are filled with air and/or brine. The authors report that the
correlation proposed by Krupiczka (1967) predicts their data better than the model of
Kunii and Smith (1960) for the air-filled sands, but worse for the brine-filled sands. The
authors use an equation o f the form proposed by Krupiczka (1967), Eqn. (2.23), to
describe their data, but modify the parameters A i and B j, and introduce the brine
saturation as an additional independent variable.
Botterill et al. (1983) measure effective conductivities in a slumped bed of 410 (am
sand in a fluidized bed reactor, and compare the experimental results to six previously
proposed models. The experimental results agree most closely with predictions from
Kunii and Smith (1960) model for temperatures below 400°C. The experimentallydetermined temperature dependency of the effective conductivity is greater than that of the
models considered. Over the temperature range of 500 to 700°C the temperature
dependency is approximately the temperature dependency of the interstitial gas
conductivity.
Hadley (1986) has also proposed a model for predicting the effective thermal
conductivity of a porous system. The author first establishes upper and lower limits of
conductivity using Maxwell's formulas for a dilute suspension o f fluid-filled voids and
for a dilute suspension of spherical particles. The author then proposes a weighted
average o f these two limits for an intermediate system:

(2.25)
1 - e (l - f 0)+

k

e (l - f 0)
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where

k

is the ratio of kp to kf. The weighting factor, a , and the constant, fo, must be

determined experimentally. Based on experimental results, the author reports values o f a
for several metal powder systems. The author notes, however, that additional
experiments would be required to determine a for systems other than the packed metal
systems studied. The author also extends the proposed model to predict the effective
thermal conductivities of systems containing three constituent components.
Duncan et al. (1989) experimentally evaluate the thermal conductivity o f porous
media as a function o f the mechanical load applied to the system. These researchers
report the effective thermal conductivity o f a medium to be strongly dependent on the
conductivity o f the interstitial gas. The authors state that, since the gaseous area through
which heat is conducted is much larger than the contact area between particles, a
significant percentage o f the heat flows through the gas phase. In addition, series and
parallel resistance models for porous media where found to be inaccurate when the
mechanical load applied to a medium was sufficient to cause plastic deformation.
Prasad et al. (1989) evaluate several methods for predicting the thermal
conductivities of porous media relative to their experimental data. The methods evaluated
include a mixing rule based on the volume fraction o f solids and fluid, the correlation o f
Krupiczka (1967), and the model o f Kunii and Smith (1960). The experiments involved
liquid-saturated porous beds o f spheres. Tests were perform ed using glass, steel, and
acrylic spheres. W ater and glycol were used as interstitial fluids. The ratio o f thermal
conductivities, kf/kp, ranged from 0.560 to 3.937. Based on comparisons between the
model predictions and the experimental data, the authors recommend the correlation o f
Krupiczka (1967) over the model o f Kunii and Smith (1960). They also note that the
correlation proposed by Krupiczka (1967) has the advantages of being easy to use and is
based on a two-dimensional theoretical model. They do not recommend any of the
calculation methods studied if kf/kp is greater than unity.

Nield (1991) compares the data reported by Prasad et al. (1989) to the predictions
of several simple models. These models are based on the arithmetic, harmonic, and
geometric means o f the constituent thermal conductivities. The basis for this approach is
that a weighted average o f conductivities results from assuming that heat is conducted in
parallel through the individual constituents, whereas the harmonic average results from
assuming that heat is conducted in series. Since the geometric average will be
intermediate between the other two averages, it is proposed by the author to be a
reasonable approximation to the effective thermal conductivity. The author compares the
predictions of these three averaging m ethods to the experimental results o f Prasad et al.
(1989) and with the model of Kunii and Smith (1960). The geometric averaging method
produces veiy similar results to those based on the Kunii and Smith (1960) model, except
when kf and kp are greatly different from on another. When kf/kp is small, the correlation
o f Krupiczka (1967) is recommended.
Summary. The intention o f this section has been to briefly review some of the
previous work to model the effective conductivities o f porous media. While a number o f
different approaches have been discussed, emphasis has been placed on models which are
relatively simple to execute, and which have been tested against experimental data. Some
o f the more complex models have not been discussed, since they are computationally
more expensive and often are valid for only very specific systems (for example, beds of
spheres with a particular packing arrangement). In the present modeling work, the
correlation of Krupiczka (1967) will be used to estimate the thermal conductivities o f the
solid materials in the rotary desorber. This relatively simple correlation is well-tested, and
has been shown to be accurate over a wide range o f conditions. In addition, this
correlation is dependent upon parameters that are readily found in the literature or that can
be measured experimentally.
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Summary of Wall-to-Bed Heat Transfer Literature
The motion of granular beds in rotating cylinders provides the basis for describing
the heat transfer between the cylinder wall and the bed. For the most commonly
encountered types of bed motion, the bed particles adjacent to the wall move with the
wall, so that heat is conducted from the wall to these bed particles over the period of time
required for the particles to traverse the arc length of the covered wall. Studies o f the bed
motion have also suggested that the bed is approximately well mixed, and so the bed
particles away from the surface o f the cylinder can be represented by a single temperature.
Under these conditions, several researchers have solved the governing conduction
equation to find the heat transfer rate between the rotating wall and the bed. Since these
studies are limited in number and scope, related studies involving more general heat
transfer problems between surfaces and granular materials were also reviewed. These
situations differ in that each is characterized by a different bed motion, resulting in
different wall-to-bed contact times. The studies reviewed provide further evidence o f a
non-homogeneous bed near the wall; however, these studies also show that differences
near the wall can be successfully represented using a simple contact resistance.
Also reviewed were works aimed at describing heat transfer in porous beds in
which phase-change processes occur. The phase-change models reviewed raise several
additional issues that must be considered for the rotary desorber containing moist granular
material. O f the literature reviewed, the approach of Schliinder and M ollekopf (1984) for
agitated beds most closely describes the wall-to-bed heat transfer processes for the rotary
desorber. While the Schliinder and M ollekopf (1984) model includes a contact resistance
at the heated surface and the two phases in the bed, it does not consider a mass balance at
the phase-change interface, and it neglects the flow o f the resulting water vapor. In
addition, the Schliinder and M ollekopf (1984) model is valid only when the bed is at the
temperature o f the phase-change interface.
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It was also shown that the thermal contact resistance at the wall surface can be
described as a function o f solid particle properties and characteristics, interstitial fluid
properties, and local temperature. Finally, methods by which to estimate the effective
thermal conductivities of porous m edia were reviewed.
R a d ia tiv e H e a t T r a n s f e r
The radiation heat transfer paths o f interest are those between the gas phase and
the desorber wall, the gas phase and the solids bed, and between the exposed wall and the
solids bed. Since the radiative heat fluxes within the desorber depend on the radiative
properties o f the gas phase wall, and solids bed, these properties will be examined first.
Two radiation heat transfer models will then be discussed: a simple gray gas model and a
more complex model involving a real gas.
Radiative Properties o f the Gas Phase. Kiln W all, and Solids
Consider first the properties of the gas phase. If the gas phase consisted o f only a
carrier gas such as nitrogen, the gas would be essentially non-participating and the
problem would be much simplified. However, the water evaporated from the bed will
participate in the radiative heat transfer. In addition, if the desorber is directly-fired, CO 2,
H 2O, and possibly CO will be produced. The situation is complicated further by the fact
that these are not gray gases. That is, they do not absorb and emit radiation independent
o f wavelength. Instead they absorb and emit radiation only in distinct wavelength bands.
Hottel and Sarofim (1967) suggest that the emissivity of a real gas can be modeled
as a sum of a sufficient number o f gray gases. The emissivity o f a gray gas is given by
e g = 1 - exp (- k p L)
where L is the beam length, p is the partial pressure of the gas and k is the absorption
coefficient. Thus, according to Hottel and Sarofim (1967), the real gas emissivity can be
approximated by
eg= S

n

a g.n (!l " exP (- k n p L |)

(2.26)
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where ag<n is the fractional amount of energy in the spectral region where a gray gas with
absorption coefficient kn exists.
The parameters in Eqn. (2.26) are usually extracted from experimental data. For
example, Hottel and Sarofim (1967) have compiled emissivity data for water vapor over a
wide range o f temperatures and partial pressures. These data can be fit to a function o f
the form given by Eqn. (2.26). Hottel and Sarofim (1967) also propose the following
relationship between the absorptivity o f water vapor and its emissivity:
0.45

(2.27)

In this expression, Tg is the gas temperature and Tso is the temperature o f the source of
the radiation.
The approach in which a real gas is modeled as the sum o f a number o f gray gases
has the limitation that experimental data must be available for the gas mixture of interest.
A more general approach to estimating the radiative properties of gaseous mixtures is the
wide band model described by Edwards (1976 and 1981). This model has been shown to
be sufficiently accurate for practical systems (Mengiic and Viskanta, 1986), and its
application is more straight-forward than that o f narrow band models. The approach of
the wide band model is to find the spectral band transmissivities for each major band of
each participating species. Band transmissivities are found as a function o f gas
temperature and pressure and the partial pressure o f the species. Band transmissivities are
then adjusted in the spectral regions where band overlapping occurs. Once all o f the band
transmissivities are calculated, the total radiative properties are readily determined. Details
of the wide band model are given by Edwards (1976 and 1981).
The spectral emissivities of the solids bed and the kiln wall are not known. Thus,
these surfaces are commonly assumed to be gray (Gorog, 1981).
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Gray Gas Radiation Models
M ost of the previous radiation heat transfer models for rotary kilns and desorbers
assume that the participating gases are gray [Sass (1967), Pearce (1973), Silcox et al.
(1990), Owens et al. (1991), Silcox et al. (1993)]. That is, it is assumed that the gas
emissivities and adsorptivities are equal, and the spectral properties of the gases are
neglected. W ith the temperature o f the participating surfaces known, the net radiative heat
fluxes between the surfaces and between the gas and the surfaces are then calculated using
the Stefan-Boltzmann law, appropriate view factors, and total emissivities. In these
studies, the gray gas assumption is generally made without justification.
A Real Gas Radiation Model for the Rotary Kiln
W hen real gases are present in the desorber, however, the gray gas approximation
is not appropriate. Gorog et al. (1981) and Edwards (1981) have shown that neglecting
the spectral properties of gases can lead to very misleading results. In order to include the
effects of a real gas, Gorog et al. (1981) have applied the reflection method (Sucec, 1985)
to a rotary kiln. This method allows the calculation o f the net radiant loss o f surfaces in
an enclosure where there is a finite number o f reflections. The following is a description
of this radiation model.
Gorog et al. (1981) use the reflection method to calculate the net radiant losses of
the gas phase, the kiln wall, and the solids bed. For each surface (or the gas phase), the
path of the radiated energy is traced from its initial emission through multiple reflections
an adsorptions until it has been fully absorbed by the solids, wall, and gas phase. A
simple energy balance o f each surface (or the gas phase) in which the total absorbed
energy is subtracted from the total emitted energy gives the net radiant loss o f the surface
or gas.
For example, consider the radiation emitted by the gas phase. The reflection
method for the gas phase is illustrated in Figure 2.4. Radiative energy emitted by the gas
is partially reflected and partially absorbed by the bed and the wall. The reflected energy
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Radiation
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F igure 2.4 Reflection method applied to radiation em itted by a real gas (Gorog et al.,
1981).

is partially absorbed by the gas before again striking the wall or the bed surface. Energy
remaining after the second reflection is assumed to be totally absorbed by the gas. Similar
procedures are used to trace the path o f energy emitted by the solids bed and the kiln wall.
After emission, the radiation from these surfaces travels through the gas. Some o f the
energy is absorbed by the gas, while the remaining radiation passes through the gas and
strikes the kiln wall or the bed surface. This radiation is partially absorbed and partially
reflected. The reflected energy is either absorbed by the gas or reaches the wall or the
solids bed. This series of reflections and absorptions continues until the radiation has
been essentially fully attenuated. For a real gas, this attenuation occurs in a relatively
small number o f reflections and absorptions. Since a real gas only absorbs radiation
within distinct wavelength bands, the amount of radiation absorbed by the gas decreases
with successive reflections because the amount o f energy that lies within these wavelength
bands decreases with each reflection. The gas becomes essentially transparent after
several reflections. In addition, m ost of the remaining emitted radiative energy will be
absorbed by a surface after about two reflections. For radiation emitted by the wall or bed
surface, Gorog et al. (1981) consider two reflections and then distributes the remaining
radiation between the kiln wall and the bed surface as through they were black. Thus,
using the reflection method, Gorog et al. (1981) estimate how the radiative energy emitted
by the gas, the solids bed, and the wall is ultimately distributed among these three targets.
W ith this distribution known, the net loss o f energy from the gas, the bed surface, and the
wall via radiation can be determined by subtracting the energy absorbed by each from the
energy it emits. Using this method, Gorog et al. (1981) determine equations for the net
loss o f energy by the gas, solids and wall via radiation. The results are given in
Appendix A.
In the model developed by Gorog et al. (1981), the kiln is assumed to be
isothermal in the axial direction. However, the authors demonstrate that the radiation heat
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transfer is a very localized phenomenon so that axial temperature gradients do not
significantly affect the radiative heat transfer.
Summary
In summary, several approaches to modelling radiative heat transfer in rotary kilns
and desorbers were reviewed. While several models which use a simple gray gas model
were mentioned, emphasis was placed on a model which includes the effects of a real gas.
Likewise, several techniques for estimating the properties o f real gases were discussed. It
should be noted that in the discussion of gas properties, the participation of particles such
as soot or dust has been neglected. This simplification results in some restrictions in the
application o f the heat transfer models; however, neglecting particle radiation is
appropriate for the particular applications o f this research, as is discussed in Chapters 8
and 11.
C onvective H eat T ransfer
The convective heat transfer paths o f primary interest are those between the gas
and the exposed surface o f the solids bed and between the gas and the desorber wall. In
the following discussion, the work done to experimentally investigate these heat transfer
mechanisms is reviewed. These experimental works have led to several proposed heat
transfer coefficient correlations, which are also given. If a desorber is equipped with
lifting flights, particle-to-gas heat transfer may occur as solid particles fall through the gas
phase. Several studies of this phenomenon are mentioned.
Gas-to-Wall Convective Heat Transfer
Tscheng and Watkinson (1979) measure gas, wall, and solids temperatures in a
lab-scale kiln (2.5 m length x 0.19 m diameter) to determine both the gas-to-solids and the
gas-to-wall heat transfer convective coefficients. In order to calculate both o f these
coefficients from the experimental data, the wall-to-solids heat transfer coefficient is
assumed to be given by Eqn. (2.6). The authors correlate the data from their
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experiments, yielding the following expression for the gas-to-wall convective heat
transfer coefficient, averaged over the test section of their kiln:
N u e.w= ! i s ^ = 1.54 R e°‘575 R e 0)0 '292

(2-28)

g

where Re, the Reynolds number, is defined by
V ED e
Re = - £ —
v

(2.29)

and Rero is

De “

(2.30)

v
The Reynolds number o f these experiments, Re, was varied between 1600 and 7800, and
Rew. ranged from 20 to 800.
The effective kiln diameter, D e, is
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The quantities to, p, Vg, and v are the rotational speed (rad/sec), fill angle (rad), gas
velocity, and gas viscosity, respectively. The fill fraction and fill angle are related by the
following equation:

q

_ (P - sin P)
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Other investigators, including Gorog et al. (1982) and Silcox et al. (1990), have
proposed using gas-to-wall heat transfer coefficients developed for flow in circular tubes
under the appropriate flow conditions. These coefficients neglect the dependency on the
kiln rotation rate.
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Gas-to-Solids Convective Heat Transfer
The heat transfer coefficient between the gas and the exposed surface of the bed is
not very well understood. In the previously described experiments by Tscheng and
Watkinson (1979), the gas-to-solids convective coefficient, hg.b, is found to increase with
increasing gas flow rate, increase with increasing rotation rate, and decrease slightly with
increasing fill fraction. Based on their experiments, Tscheng and W atkinson (1979)
report the following correlation

N u g.b= hgkbP e = 0 .4 6 R e°'535 R e ° '104ri

(2.32)

where T| is the fill fraction o f solids. In these experiments the fill fraction is varied
between 6.5 and 17%. It is important to note that this correlation is based on data taken
while the bed motion was in the rolling regime. W es et al. (1976) report that hg.b is
approximately proportional to the square root o f the drum rotation speed. This result is
consistent with that described by Tscheng and W atkinson (1979) for a slumping bed.
Gorog et al. (1982) recommend the following experimental correlation:
hg-b = 0 .4 (G g)0,62

<2-33)

In this equation, Gg is the gas mass flux through the kiln (kg/m2-hr), and the resulting
heat transfer coefficient has units o f W /m2-K. This correlation is based on the data
reported by Tscheng and W atkinson (1979) [the same data on which Eqn. (2.32) is
based] as well as additional data taken using a larger (0.4 m diameter) pilot-scale kiln.
Unlike the correlation found by Tscheng and W atkinson (1979), Eqn. (2.33) does not
include a dependency on rotation rate.
Tscheng and W atkinson (1979), Gorog et al. (1982), and W es et al. (1976) all
note that hg_b is typically an order o f magnitude greater that hg_w. This result is thought to
be due to greater surface area provided by the bed particles. In addition, the motion of the
shear layer at the bed surface enhances gas-to-bed heat transfer.
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Several investigators have reported results o f rotary dryer studies in which heat
transfer between hot gases and the falling particles is the dominant mode of heat transfer
(Turner, 1966; Hirosue and Shinohara, 1978; Thome and Kelly, 1980; and Friedman and
Marshall, 1949). This situation is common in rotary dryers designed with lifting flights,
where the heat input to the dryer is primarily delivered by the heated purge gas entering
the dryer.
Summary
Very few studies have investigated convective heat transfer in rotary kilns and
desorbers. The existing studies have resulted in experimentally-based correlations which
can be used to model convective heat transfer. While these correlations provide estimates
of the convective heat transfer coefficients and allow the relative magnitudes of the
coefficients to be evaluated, they must be used with some caution; the correlations are
based on experiments from specific kilns and are valid only over a limited range of
conditions.
C om prehensive H eat T ransfer M odels for R otary K ilns and D esorbers
Several comprehensive models that attempt to describe a number o f the
simultaneous heat transfer processes in rotary kilns and desorbers are presented in the
literature. Most o f these models describe the processes inside a directly-fired kiln (i.e. a
kiln in which heat is supplied by a flame inside the kiln); a smaller number of models are
concerned with indirectly-fired kilns or desorbers. Recall, however, that directly-fired
and indirectly-fired units share a common geometry and many o f the same heat transfer
paths.
Completely describing the heat transfer within a rotary desorber or kiln is a
complex task due to the large number o f heat transfer paths. The heat transfer paths for
rotary desorbers are discussed in Chapter 1 and are illustrated in Figure 1.3. The models
reviewed in this section differ from one another in the number of these heat transfer paths
that are included and in the manner in which the paths are treated.

Imber and Paschkis (1962) model heat transfer in a rotary kiln by obtaining
analytical solutions for bed temperatures in two limiting cases: a perfectly-mixed bed and
a non-mixed bed. For the perfectly-mixed case, in which radial temperature gradients are
neglected, energy balances for a differential element of kiln length are used to find
expressions for the axial gas and solids temperature profiles. In addition, the wall
temperature is found as a function of axial and angular position (assuming no losses to the
surroundings). In the non-mixed case, the gas and solid streams are treated as plug flows
with no mixing. An infinite series solution is found for the governing conduction heat
transfer equation for the solids. The wall and gas temperatures found for the well-mixed
case are used as boundary conditions for the non-mixed case. In both cases, coefficients
for heat transfer between the wall and the gas and between the wall and the solids are
required. The authors report that the results for the well-mixed case best fit experimental
data. However, this conclusion is based on results from a single kiln at a single operating
condition. This conclusion is used to justify the assumption o f a well-mixed bed in many
later models.
Sass (1967) uses a straight-forward energy balance method to find the axial gas
and solid temperature profiles in a rotary kiln. The governing equations are derived by
performing energy balances on differential lengths of the gas and the bed along the axis of
the kiln. Both the bed and the gas are assumed to be perfectly mixed at every axial
location. The heat transfer rates to and from the differential gas and bed elements are
calculated using combined convective and radiative heat transfer coefficients. The
convective portion of these coefficients are obtained from correlations given in the
literature, while the radiative components are calculated from the Stefan-Boltzmann
equation. However, the coefficient describing heat transfer between the covered wall and
the bed had not yet been studied at the time this model was developed. Therefore, a
rough estimate with a correction factor adjusted to fit experimental data is used for this
coefficient. Heat transfer involving the kiln wall is calculated under the assumption that
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the kiln wall temperature is constant at each axial location. That is, it is assumed that the
wall temperature does not vary circumferentially. The author numerically solves the
resulting axially one-dimensional, non-linear differential energy equations. The solutions
provide the axial temperature distributions for the solids and the gas. This model allows
for evaporation of moisture by including a region o f constant bed temperature (the boiling
temperature o f the liquid) during which all o f the evaporation occurs. During this period,
the evaporation is assumed to be controlled by heat transfer so that all o f the heat
transferred to the bed is applied toward evaporation. Computed gas and solids
temperature profiles show good agreement with experimentally measured temperatures.
Recall, however, that the wall-to-bed heat transfer coefficient is adjusted to best fit the
experimental data.
Manitius et al. (1974) use an approach similar to that o f Sass (1967) in the
modeling o f an aluminum oxide kiln. The development o f this model, however involves
fewer simplifying assumptions. For example, this model includes the temperature
dependency of thermodynamic properties. The governing energy equations solved by
Manitius et al. (1974) also include source terms to account for chemical reactions and
carry-over (dusting) o f solids. Calculated gas temperature profiles are in reasonable
agreement with those measured experimentally. The predicted solids bed temperatures are
not compared to any experimental results.
Pearce (1973) has also proposed a heat transfer model for a directly-fired rotary
kiln. This model assumes that a layer near the top surface o f the solids bed is first heated
by radiative heat transfer (gases and surfaces are assumed to be gray) from the free-board
gases and the exposed refractory wall and by convective exchange with the gas phase.
By calculating the temperature and thickness of this heated top bed layer, its excess
energy (relative to the bulk of the bed) is found. These hot surface particles are then
assumed to mix with the bulk o f the bed where they exchange heat with the cooler
particles deeper in the bed. A mixing effectiveness (experimentally determined) is
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introduced to account for the degree of mixedness. This model also accounts for heat
transfer between the covered refractory wall and the solids, though the manner in which
this is done assumes that the heat capacitances of the wall and the bed are equal. This
model differs from previous work in that it does not assume the bed to be perfectly mixed
and concludes that heat transfer due to mixing may be important under some conditions.
Cross and Young (1976) present a model for predicting the heating of iron ore
pellets in a directly-fired rotary kiln. This model also uses energy balances on the wellmixed solids and gas streams to estimate axial temperature profiles in the kiln.
Convective and radiative heat transfer rates at each axial location are calculated based on
estimates o f radiation exchange factors and heat transfer coefficients. Radiative heat
transfer between the exposed kiln wall and the surface o f the bed is neglected as is
radiative heat transfer in the axial direction; however, axial conduction in the solids and
the gas is included in the energy balances. The model includes a wall temperature that
varies around its circumference. This wall temperature is found by solving the transient
heat conduction equation for the rotating wall. The calculated heat fluxes inside the kiln
are used as boundary conditions for this wall conduction model; the outside surface o f the
rotating wall is assumed to be isothermal. The model predictions are not compared with
experimental data.
The model presented by Bui et al. (1982) for a rotary cement kiln predicts the
transient gas and solid phase axial temperature profiles. The governing differential energy
equations are written for each phase and are solved numerically. Heat generation due to
coal dust combustion is included in the gas phase. In the m odel’s heat transfer
calculations, only the convective and radiative heat exchanges between the gas and solid
phases are considered. Exchange with the kiln wall is apparentiy neglected.
Ghoshdastidar et al. (1985) propose a model to describe the combustion o f solid
waste in a rotary kiln. This model includes radiation between the burning waste and the
kiln wall, but neglects convective heat transfer in the free board area. The radiative heat
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transfer is modeled assuming that the surfaces in the kiln are diffuse and gray. At each
axial position, the surfaces and the flame (assumed to be co-planar with the exposed
surface o f the solids bed) are divided into elements and radiation heat transfer between the
elements is calculated using appropriate view factors. The model neglects axial heat
transfer. This model includes the regenerative effect o f the rotating wall (the process in
which the exposed wall is heated by radiation and convection and then gives up some o f
the heat to the bed as it passes under it) by using a finite difference model to calculate the
unsteady heat conduction in the kiln wall. As boundary conditions for this finite
difference model, the calculated radiative fluxes are used for the uncovered portion o f the
wall, while an empirical heat transfer coefficient is used for the covered portion o f the
wall. An energy balance is performed on the bed (assumed to be well mixed) at each axial
position to give an axial temperature profile o f the bed. Mass transfer from the bed due to
volitization is included by use o f an Arrhenius-type first order reaction rate expression.
Probably the most comprehensive of directly-fired kiln heat transfer models is that
given by Barr et al. (1989). This model uses experimentally m easured bed and gas
temperatures to calculate heat fluxes and wall temperatures at a number of axial locations.
The model accounts for all heat transfer paths inside the kiln including the regenerative
effect o f the refractory wall. This regenerative effect is included by use o f finite
difference models for conduction in the bed and in the refractory wall. The radiative
transport in the gas phase is calculated using a real gas model in which gas properties are
estimated using a sum-of-gray-gases approach. The radiation model is used to develop
kiln-specific radiation heat transfer coefficients which are used along with empirical
convective heat transfer coefficients to calculate heat fluxes in the free board area. These
fluxes are used as boundary conditions for finite difference conduction models o f the bed
and wall. The authors attempt to verify their model by comparing the computed and
measured dependent model variables (the inside wall temperature, the variation o f the
inside wall temperature, and various cross-sectional heat fluxes). The authors report that
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the accuracy o f the measured solid temperatures (± 25°C), an important independent
variable, is not sufficient to overcome the high sensitivity of the model to this
temperature. The fact that this model assumes that the bulk bed temperature is known
does not make this model well-suited as a predictive tool. Although the authors do not
propose a means by which to calculate the axial temperature profile using their model, it
seems possible that an energy balance at each axial location could be used to calculate this
profile so that an experimentally m easured bed temperature would not be required.
Silcox et al. (1990) model the heat transfer in a kiln using a resistance analog
network. This model is fundamentally similar to those early models o f Sass (1967) and
Manitius et al. (1974). That is, the same type of energy balances are solved to find the
axial gas and bed temperatures; the resistance network simply provides a convenient
means of describing the various heat transfer paths. Silcox et al. (1990) consider most of
the heat transfer paths; however, the wall is assumed to be isothermal at each axial
location so that regenerative heat transfer is not included. The kiln is divided into a finite
number o f axial zones. In each axial zone, heat transfer resistances are calculated for the
conductive, convective (using empirical heat transfer coefficients), and radiative (making
use of the diffuse-gray surfaces and gray gas assumptions) heat transfer paths. After
using the resistance analog to calculate the net heat fluxes from the flame, freeboard
gases, and solids (all assumed to be well-mixed), heat balances on these streams give the
local temperatures o f each. The empirical coefficients used by Silcox et al. (1990) are
more recent and are based on more experimental data than those used by Sass (1967) or
Manitius et al. (1974). In addition to considering heat transfer between surfaces and
gases at a given axial location, radiative heat transfer between immediately adjacent axial
zones is also included.
Similar to their heat transfer model for directly-fired kilns, Silcox et al. (1993)
have also proposed a model for an indirectly-fired rotary kiln or desorber. This model
uses a one-dimensional approach (neglecting axial heat transfer) and a resistance network

analog to describe conductive, convective and radiative heat transfer within an indirectlyfired kiln. As in the directly-fired kiln model, the cylinder is divided into a finite number
o f axial zones. Heat transfer resistances for conduction through the rotating wall, and
convective and radiative heat transfer paths between the walls, gas, and solids bed are
calculated. These resistances are used to calculate heat fluxes within the kiln, which are
used in energy balances to find kiln solids and gas temperatures. Similar to Sass (1967),
this model allows for evaporation o f moisture by including a region o f constant bed
temperature during which all of the evaporation occurs. However, the model does not
include the effects of moisture on the heat transfer rates to the solids bed. Input
parameters for this model include the axial temperature profile o f the outside surface of the
rotating cylinder, the inlet solid and gas temperatures, and the moisture content of feed
solids. Silcox et al. (1993) show that the bed temperature profile predicted by the model
is in reasonable agreement with experimental results from a pilot-scale kiln. In order to
use the resistive analog approach, Silcox et al. (1993) make several simplifying
assumptions. First, it is assumed the the wall, solids bed and gas temperatures are
constant throughout a given zone. That is, it is assumed that each stream (gas and solid)
is well-mixed in each axial zone and that the wall temperature does not vary
circumferentially. Thus, while the model accounts for conduction through the wall
(radially), it does not include the regenerative effect of the circumferentially varying wall
temperature. In addition, to derive a resistance to radiative transfer, the gas, wall and
solids bed are assumed to be radiatively diffuse and gray.
Wall Temperature Variations
Some of the heat transfer models reviewed in the previous section include the
assumption that the inside surface temperature of the wall remains constant as the kiln
rotates; other models attempt to include the effects of circumferential varying wall
temperature. In this section, results from these latter models and experimental results are
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reviewed in an effort to assess the importance of these temperature variations. These
results suggest that this temperature is, in general, not constant.
Gorog et al. (1982) calculate the temperature distribution within the wall o f a
directly-fired kiln in order to investigate the regenerative effect o f the rotating kiln wall.
The kiln wall is divided into two layers: an active layer near the inside surface o f the wall
and a steady-state layer for larger radii. In the active layer the transient conduction
equation is solved using a numerical finite difference technique. Heat fluxes estimated
from convective and radiative heat transfer coefficients are used as the boundary condition
at the inside surface of the wall. The steady state conduction equation is solved
analytically to find the temperature distribution in the outer layer o f the wall. Using this
model, the authors calculate wall temperature distributions and heat fluxes to the bed
using bed temperatures ranging from 147 to 927°C and gas temperatures ranging from
787 to 1647°C. The kiln modeled in this study, has in inside radius o f 1.75 m and a wall
thickness o f 0.23 m. Rotation rates range from 1 to 3 rpm. The authors report that the
inside wall surface experiences a temperature fluctuation of 30 to 90°C, depending on
axial location and operating temperatures. The temperature variations are found to be
directly proportional to the difference between the gas and solid temperatures. The model
predictions are not compared to experimental results.
As described previously, Barr et al. (1989) have developed a similar wall
temperature model. These authors predict wall temperature variations up to 50°C for the
directly-fired kiln that they analyze. Barr et al. (1989a) present experimentally measured
heat fluxes from the covered wall to the bed for this same kiln. These results show that
this flux continuously decreases with increasing angular position (in the direction o f kiln
rotation).
The model of Ghoshdastidar et al. (1985) predicts even larger wall temperature
variations. The kiln modeled in this study has a diameter of 1.5 meters and a wall
thickness o f 0.01 meters. A 2.0 rpm rotation rate is used. Although the maximum wall
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temperatures predicted by this model are similar to those o f Gorog et al. (1982)
(approximately 1500°C), the predicted temperature variations on the inside surface of the
wall are much greater: 400 to 600°C, depending on the fill fraction. These larger
variations are probably due to the thinner wall used in the model; the wall has a smaller
heat capacitance and thus a larger temperature variation.
W alker (1992) reports wall temperature variations measured on a directly-fired,
pilot-scale rotary kiln. A thermocouple fixed in the wall of the kiln is used to measure
surface wall temperatures at three or four angular locations as the kiln rotates. The wall
temperature variations are largest when solids are first charged to the kiln, and diminish as
the solids are heated, as expected. Wall temperature variations are reported for an initial
wall temperature of 371°C and rotation rates o f 0.1 and 0.8 rpm. The maximum
temperature variations measured as the bed passes under the bed are 75°C for 0.1 rpm and
42°C for 0.8 rpm.
This review o f previous work shows that large wall temperature variations in
directly-fired kilns are possible under some conditions. However, the effects o f not
including these variations are less clear. In Chapter 4, an effort is made is to determine
when the commonly-made isothermal wall condition is valid and when the calculated heat
fluxes are significantly affected by wall temperature variations.
Summary of Comprehensive Rotary Kiln H eat Transfer Models
To summarize the literature on comprehensive heat transfer models for rotary kilns
and desorbers, most of the models reviewed attempt to model essentially the same
phenomena; they are distinguished from one another primarily by their complexity. That
is, some models invoke more assumptions than others in order to reduce computational
difficulties. In some cases these simpler models seem to provide reasonable results;
however, some o f these assumptions may not always be appropriate. Those models that
are used to estimate axial temperature profiles all use a common approach; heat balances
on the well-mixed gas and solids at a given axial location are used to calculate local

temperatures o f the solids and the gas. It is important to note that none o f these models
include the effects of moisture in the solids bed when calculating the heat transfer rates to
the bed. The effects o f this omission are discussed in Chapter 4.
L iterature R eview Sum m ary
In this chapter, previous work done to describe the many fundamental heat
transfer phenomena associated with rotary thermal desorbers is reviewed. This review
includes work related to heat transfer between the desorber wall and the solids bed, work
investigating radiative heat transfer in rotary desorbers, work done to characterize
convective heat transfer in these units, and comprehensive heat transfer models for rotary
desorbers and kilns. As discussed in Chapter 3, this literature review provides the
framework for the heat transfer model that is developed in the following chapters.

C hapter 3:

O verview o f the Proposed C om prehensive
H eat T ransfer M odel

Introdu ction
The purpose of this chapter is to provide the reader with an overview o f the
subsequent chapters. This is done by outlining the general structure of the comprehensive
heat transfer model. The model consists o f a series o f sub-models that describe a heat
transfer phenomenon or group o f phenomena that occur at a particular axial location or
cross-section of the desorber. These phenomena were identified in Chapter 1 and shown
in Figure 1.3. The sub-models calculate the heat transfer rate along each heat transfer
path. Energy balances based on the calculated heat transfer rates are used to calculate the
required temperature profiles.
The objectives of each sub-model are described in this chapter. In Chapters 4
through 6, the details o f the sub-models are developed. By first drawing from the
previous work reviewed in Chapter 2, and by then introducing new approaches where
necessary, the various heat transfer sub-models are developed. How these sub-models
combine to form a comprehensive heat transfer model is the subject o f Chapter 7.
W all-to-B ed H eat T ran sfer Sub-M odel
The purpose of the wall-to-bed heat transfer model is to calculate the heat transfer
rate between the covered rotating wall and the adjacent bed o f solids at a given axial
location. As inputs, this sub-model requires estimates for the wall temperature and the
solids bed temperature, as well as parameters such as the bed moisture, bed properties,
and the wall-bed thermal contact resistance. It will be shown that for the conditions of
interest in this study, the wall-to-bed heat transfer dominates the heating of the solids.
The development of this sub-model is the subject of Chapters 4 and 5.
R adiative H eat T ransfer Sub-M odel
The radiation heat transfer sub-model calculates the net radiative heat transfer rates
to the exposed surface of the bed, the gas phase and the exposed wall in the axial zone.
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Thus, the radiative heat transfer paths included in this sub-tnodel are those between the
gas phase and the exposed desorber wall, the gas phase and the exposed surface of the
solids bed, and between the exposed desorber wall and the solids bed (See Figure 1.3.).
This sub-model requires the well-mixed bed and gas temperatures and the temperature of
the exposed desorber wall. The development o f this sub-model is discussed in Chapter 6.
C onvective H e a t T r a n s fe r S u b -M o d e l
The convective heat transfer sub-model calculates the net convective heat transfer
rates to the exposed surface o f the bed, the gas phase and the exposed wall in the crosssection. The heat transfer paths included in this sub-model are those between the gas and
the exposed surface of the bed and between the gas and the exposed wall (See Figure
1.3.). This sub-model requires the well-mixed bed and gas temperatures and the
temperature of the exposed wall as inputs. This sub-model is also discussed in Chapter

6.
S u m m a ry
The heat transfer sub-models combine to form a complete model for a crosssection o f the desorber. As will be described in Chapter 7, energy balances are used to
calculate the temperatures of the solids bed and the gas phase, as well as the moisture
content of the solids. In an iterative solution procedure, the calculated temperatures and
the moisture content are used, in turn, as input values to the sub-models.

C hapter 4: W all-to-B ed H eat T ransfer
A lternative A pproaches and E valuations
Introdu ction
Chapters 4 and 5 discuss the heat transfer between the rotating desorber wall and
the solids bed. Owens et al. (1991) have shown this to be the dom inant mode of heat
transfer in their pilot-scale system at temperatures typical o f thermal desorption units.
Several analyses reviewed in Chapter 2 suggest possible approaches to predicting the heat
transfer between surfaces and granular beds. In this review, many aspects o f surface-tobed heat transfer were considered; however, much o f the previous work involves
applications other than heat transfer between a rotating wall and a granular bed, and there
are several areas where additional study is needed. In addition, all o f the considerations
that may influence wall-to-bed heat transfer have yet to be incorporated into a single
model. Thus, the following approach will be taken: in Chapter 4, several considerations
are evaluated for the particular application of heat transfer between a rotating wall and a
granular bed, followed in Chapter 5 by the development o f a general wall-to-bed heat
transfer model that includes the important considerations for this application.
In Chapter 4, the following specific considerations are addressed:
• the influence of moisture evaporation on the wall-to-bed heat transfer rate
• the inclusion and treatment of a thermal contact resistance at the wall
• the effects of wall temperature variations on the wall-to-bed heat transfer rate
The results of Chapter 4 are used as the basis for the model developed in Chapter 5.
Influence o f Bed M oisture on W all-to-B ed H eat T ransfer
It is important to note that no previous wall-to-bed heat transfer model for rotary
desorbers includes the effects o f evaporating moisture within the bed. This may a critical
omission since materials treated by the thermal desorption process typically contain 10 to
30% liquid water by weight. Therefore, it is appropriate to evaluate the effects of this
evaporation on the wall-to-bed heat transfer rate. The model of Schlunder and M ollekopf
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(1984) allows for evaporation of water in an agitated, porous bed near a heated surface.
Although this model was developed for mechanically agitated beds, it can be adapted for
the rotary desorber by applying the relatively simple bed motion found in these units.
This well-characterized bed motion provides the contact time between the wall and the
bed; recall that this parameter is not known a priori in the Schliinder and Mollekopf
(1984) model. Taking this approach, the effects o f bed moisture can be estimated by
comparing the Schliinder and M ollekopf (1984) model to the simple penetration model of
Wes et al. (1976). Specifically, the heat transfer coefficients given by Eqns. (2.3) and
(2.10) can be compared, where in both cases the contact time, x, is given by
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Eqns. (2.3) and (2.10) give the coefficients for heat transfer from an isothermal
wall to dry and moist beds, respectively; however, neither equation includes a contact
resistance. The relative difference between the two equations is
^ - ^ ~ h w-b.dry= 1 - e r f (Q )

(4.2)

hw
« ;.h
Witet*t
-b,w

The quantity £2 is given by Eqn. (2.9) as a function o f a modified Stefan number, Ste',
which is defined as follows:
(4.3)
X AH
Figure 4.1 shows the relative difference between the m oist and dry bed heat
transfer coefficients. According to the comparison of these two models, neglecting the
presence of moisture when calculating the wall-to-bed heat transfer coefficient can result
in large errors (greater than 10%) for Ste' less than ~ 10. Neglecting this effect may be
partially responsible for the poor agreement with experimental results obtained with high
moisture contents (Owens et al., 1991 and W alker, 1992).
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Figure 4.1 Relative difference between wet and dry w all-to-bed heat transfer
coefficients.
T herm al C ontact R esistance: H eat-B alance Integral Solution and
E valuation o f Series R esistance A pproxim ation
It was shown in Chapter 2 that changes in the bed packing near the wall result in
changes in the effective properties o f the bed in this small region. It was also shown that,
when describing heat transfer from the wall to the bed, these changes can be represented
as a thermal contact resistance. A common method of including a wall thermal contact
resistance is to place this resistance in series with a conduction heat transfer resistance
derived from penetration theory. Several examples of this approach were discussed in
Chapter 2. Schliinder and M ollekopf (1984) use such an approximate series-resistance
method; the thermal contact resistance is placed in series with the heat transfer resistance
calculated from their Stefan-type evaporation model. While this method has an intuitive
appeal, the inherent approximations o f the method, which were discussed in Chapter 2,
have not been evaluated. In this section, the series-resistance solution o f Schliinder and
Mollekopf (1984) is evaluated by comparing it to the solution given by a heat-balance
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integral method. In the heat-balance integral method, the thermal contact resistance is
incorporated into the boundary condition o f the Stefan problem so that the seriesresistance approximation is not necessary.
Heat-Balance Integral Method
It is desired to have a wall-to-bed heat transfer model that accounts for both for the
evaporation o f moisture near the wall and the thermal contact resistance at the wall. As an
alternative to the model proposed by Schliinder and M ollekopf (1984), an integral method
can be developed to estimate the heat transfer to a moist bed. This method avoids the
series resistance approximation implied in the Schliinder and M ollekopf (1984) solution;
however, the heat-balance integral solution m ethod involves an assumption regarding the
shape of the temperature profile in the dry region near the wall. The heat-balance integral
analysis developed in the following discussion has been adapted from similar analyses
used to model conduction in freezing/melting phase change problems (Goodman, 1958
and 1964; Myrum, 1989).
The objective of this integral method is to solve the Stefan problem described by
the following governing equation, initial condition, and boundary conditions:
9T
d \
a r = « s- ^
oy

(4.4)

8 (t = 0) = 0

(4.5)

-k* ( £ L - M r - - ,W

(4'6)

m o = Tsat

<4 -7)

Tsal is the saturation temperature and 6 is the distance from the wall to the phase-change
interface. In this formulation, the thermal contact resistance is included in the boundary
condition o f Eqn. (4.6), where hc is the contact heat transfer coefficient. Also in this
analysis, as in the analysis of Schliinder and M ollekopf (1984), the bulk of the bed is
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assumed to be at the temperature o f the phase-change interface, and resistance to mass
transfer of the vapor generated at the interface is neglected. The geometry of the problem
is shown in Figure 4.2. There is no exact solution to the Stefan problem with these
boundary conditions; however, an integrated form o f Eqn. (4.4) can be solved with the
boundary conditions specified above. First, a relative temperature is defined:
(4.8)

0 = T - T sa,
Integrating Eqn. (4.4) from the wall to the interface gives

d /*® , . |d01
PsCpsdtJo y sl(5y/y=S

~

s pyly=o

(4.9)

An energy balance at the interface (y= 8 ) yields

s \ dyj y=b

= - p sX A H ^
Ks
dt

<4 1 0 >

which can be substituted into Eqn. (4.9). In order to evaluate the integral in Eqn. (4.9), it
is necessary to assume a temperature profile in the dry region near the wall. Several
choices are possible for the shape o f the temperature profile. In the following discussion,
solutions are found using first and second order polynomials. As a first approximation, a
linear temperature distribution is assumed:
6 =a(y-S)

(4.11)

This profile satisfies the condition given by Eqn. (4.7), and Eqn. (4.6) is used to find the
coefficient, a. The resulting temperature profile is

9=

e”
, A

hc5

hcy

ks

ks

(4.12)
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Substituting this profile and Eqn. (4.10) into Eqn. (4.9) and integrating provides an
equation to locate the moving interface:

Form of
Temperature
Profile Must
Be Assumed

Moist Bed
Particles

Phase-Change Interface

T
Contact
Resistance

5

t

Dry Bed
— Heated Plate at
Particles
Temperature T
w
Near Heated
Surface
Figure 4.2 Schematic illustration o f Heat-Balance Integral model.

The Fourier number, Fo, and A are defined as

a ,t
Fo = -----—
(4.14)

and

(4.15)

A = ^

For the case where a linear temperature profile is used, the heat flux at the wall is given by
M
4 "hbi - i =

w

(l + a )

<4 I 6 >

It is reasonable to expect improved results if a second order polynomial is used for
the temperature profile. That is, let
0 = a (y - 8 ) + b (y - 8 )

(4.17)

In order to find the coefficients o f this second order polynomial, an additional condition is
required. This condition is provided by the interface energy balance. Before this
condition can be used, however, it must be recast such that it is not dependent on d 8 /dt
(Goodman, 1958). Differentiating Eqn. (4.7) at y = 8 gives
fa e

d8
\dy y = 5 dt

ae1
\

0t jy = 8

=0

Solving this for d 8/dt and substituting into Eqn. (4.10) gives

(4.18)

The governing equation, Eqn. (4.4), is used to eliminate the time derivative, d0/9t. The
result is

(4.20)

Eqn. (4.20) provides an additional condition on the temperature profile, and allows the
second coefficient of the second-order temperature profile to be calculated. Substituting
the temperature profile resulting from the conditions o f Eqns. (4.6) and (4.7) into the heat
balance integral, Eqn. (4.9), provides a differential equation for the interface location.
The solution to this differential equation with the initial condition of Eqn. (4.5) has been
found by Goodman (1958):

(4.21)
where
r = 1 + 2 S te’
For the case where a second-order temperature profile is used, the instantaneous heat flux

Again, the coefficients, a and b, are evaluated using Eqns. (4.6) and (4.20), and A is
given implicitly by Eqn. (4.21).
The advantage of the heat-balance integral approach is that the thermal contact
resistance is more accurately described than in the series-resistance approach of Schliinder
and M ollekopf (1984). However, the solutions resulting from the heat-balance integral
method are approximate since the energy equation is only satisfied over the entire dry
layer and not at every point in this layer. In the next section, the validity o f the the heatbalance integral method, using both the first and second order temperature profiles, is
examined. It is shown that the integral method is accurate under some conditions. By
comparing the integral method to the method of Schliinder and M ollekopf (1984) under
these conditions, the Schliinder and M ollekopf (1984) method is evaluated.
Evaluation of Heat-Balance Integral Method
The validity o f the heat-balance integral solution method can be evaluated by
applying it to a very similar problem with a known exact solution. In particular, the heat
flux to the bed can be calculated for the case without a thermal contact resistance by the
heat-balance integral method and compared to the analogous exact solution. In this
simpler problem, the boundary condition given by Eqn. (4.6) is replaced by a specified
temperature at y = 0. The heat flux from the wall without a contact resistance, calculated
by the heat-balance integral method with a linear temperature profile, is

n"

—

9 H B I-l-

(4.23)
5

where 8 is given by

8=

V

2 a s t Ste'
(4.24)

The heat-balance integral solution to the same problem, calculated using a secondorder polynomial temperature profile, is (Goodman, 1958)
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where 5 is given by

5

=

2
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1 -(1 + 2 S te ’)%
/ 2 + 2 Ste'

1/2

A

(4.26)

5 + (1 + 2 S teA’) / 2 + 2 S te ’
The exact solution for the local wall-to-bed heat flux without a thermal contact
resistance is
ks
exact ‘

V a s 7t t e rf(f 2)

^ sat)

(4.27)

The percent differences between Eqns. (4.27) and the solutions found from the heatbalance method, Eqns. (4.23) and (4.25), are given in Figure 4.3 as a function o f Ste’.
With the linear temperature profile solution, the relative error of the heat-balance
integral method increases with increasing Ste'. At low Ste' (high moisture contents or
relatively low wall temperatures, Ste' < 1) the solution method gives very reasonable
results (error relative to exact solution < 5%); however, the accuracy of the heat-balance
integral method with a linear temperature profile decreases as Ste' increases. These
results can be understood by considering the conditions under which the linear bed
temperature profile should be appropriate. W hen the bed is nearly dry or when the wall
temperature is much greater than the saturation temperature, the interface may move very
quickly and so a fully-developed (linear) profile may not be established. In a very moist
bed, on the other hand, the interface moves more slowly, allowing the temperature profile
to more fully develop. Under the latter conditions, the linear profile becomes appropriate.
When a quadratic temperature profile is used, improved results are obtained. For most
Ste' the error relative to the exact solution is less than 5%. Thus, for the problem
examined, the heat-balance integral method with a linear temperature profile is most
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Figure 4.3 Relative difference between the local heat flux estimated by the heat-balance
integral method and that calculated from the exact solution to the Stefan problem, both
without a thermal contact resistance.
accurate for small Ste', while the heat-balance integral method with the second-order
polynomial temperature profile gives accurate results over a wide range of Ste'.
Evaluation of the Series Resistance Approximation
The heat-balance integral solutions, Eqns. (4.16) and (4.22), and the seriesresistance solution o f Schliinder and M ollekopf (1984), Eqn. (2.1 1), represent solutions
to the same problem; these solutions include evaporation in the bed and a contact
resistance. Since the integral method (with an assumed linear temperature profile) has
been shown to be valid at low Ste', it can be used to evaluate the method proposed by
Schliinder and M ollekopf (1984) to calculate the wall-to-bed heat transfer. In order to
facilitate a comparison of the two solutions, they can first be re-written in terms of the
same dimensionless parameters, Fo and Ste'. The wall-to-bed heat transfer coefficient
given by Schliinder and M ollekopf (1984) can be written as
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1

(4.28)

.1 + -----------±—L
4 k erf (fl) VFo
--------

where Fo is based on the contact time, x, and Q is a function o f Ste' as given implicitly by
Eqn. (2.9). The heat balance integral solution (using a linear temperature profile),
averaged over the contact time, x, can be written as

(4.29)
x
Since A is a function of Fo and Ste', this ratio is a function o f these parameters alone.
The relative difference between these two heat transfer coefficients is

(4.30)

This relationship is shown in Figure 4.4 for Ste' = 0.1. Since the heat-balance integral
method gives valid results for this Ste', Figure 4.4 gives an approximate indication of the
accuracy o f the Schliinder and M ollekopf (1984) method under these conditions. This
figure shows that the series resistance approach may introduce errors greater than 15% for
low Ste’ and should be used with caution under these conditions. As discussed below,
the error introduced may be less for beds with lower moisture contents.
The series-resistance approximation can also be evaluated for the case in which the
bed does not contain moisture. This evaluation can be made using the known solution for
the dry bed which includes a wall contact resistance. Recall that this solution was found
by Lehmberg et al. (1977) and is given by Eqn. (2.5). In terms o f the dimensionless
Fourier number, Fo, this solution is

8 1

*dry,exact _

2

1

I— exp (Fo) erfc {VFo)

(4.31)

Vrc Fo
This solution can be compared to the solution obtained by placing a contact resistance in
series with the bed conduction resistance. Explicitly, the series resistance solution for the
dry bed is

^ d ry .overall _

1

1+

(4.32)

V teF o

The relative difference between the overall heat transfer coefficients given by these two
methods was calculated as a function of Fo. The percent difference between the two
solutions rem ained under 6 % for Fo between zero and 50. Thus, for most applications
involving dry solids, the series resistance approximation is appropriate.
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Figure 4.4 Relative difference between the wall-to-bed heat transfer coefficients
calculated by the Heat-Balance Integral (with a linear temperature profile) and Schliinder
and M ollekopf (1984) methods.
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E valuation o f Isotherm al W all A ssum ption
All o f the analytical solutions describing wall-to-bed heat transfer given thus far
require that the heated wall be maintained at a constant temperature. Since the wall o f a
rotating kiln or desorber will in general have finite mass and heat capacity, this will not be
rigorously true for finite heat transfer rates to the bed. Recall that several models
reviewed in Chapter 2 predict significant circumferential wall temperature gradients
(Gorog et al., 1982; Barr et al. 1989; and G hoshdastidar et al., 1985). In the following
discussion, the penetration theory results o f W es et al. (1976) and Schliinder and
M ollekopf (1984) (representing solutions with and without the effects o f moisture,
respectively) are extended for a non-isothermal boundary condition. The effects o f the
commonly-made isothermal wall assumption are evaluated by comparing the solutions
found using this assumption with results from the analysis that includes a time-varying
wall temperature boundary condition.
Considering first the bed without moisture, the transient temperature profile of an
element of the bed near the wall is given by Eqn. (2.2) for a constant wall temperature and
no thermal contact resistance. If the boundary condition at the wall is now replaced with
some temperature that varies as a known function of time (i.e. angular position along the
circumference of the desorber wall), the solution must be modified.
For convenience, the quantities
*¥ = T - T b
and
u/ _ t
w

w

T

1b

are defined. Eqn. (2.2) then becomes

(4.33)
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With this solution, Duhamel's theorem can be applied to find the solution for a non
constant wall temperature (Carslaw and Jaeger, 1986). For the purposes o f this
discussion, the temperature o f the wall under the bed element being considered will be
assumed to vary linearly with time:
' J ' w = A 2 + B 2t

(4 3 4 )

Using this wall temperature profile, application o f Duhamel's theorem gives the following
transient temperature profile for the bed element:
2

'F = A 2 erfc (— p = | + B 2t ( 1 + —:— lerfc
[if^ tj
1
2 a stj
2-fa},

-

B2t

•y
4a Sct

exp
V n a st

Differentiating this equation with respect to y and evaluating the result at y = 0 gives
b 9VT

dT
^

= _ | A 2 + B 2, t e

7 ta r

' 7

Therefore, the heat flux from the wall into the bed is

9w-b

(A2 + B 2t)

1

+

V 7tast

B
D 2,Vt
V"rtas

(4.35)

By integrating this result over the contact time, 1 , the average heat wall-to-bed heat flux
can be found:

9 'w-b- p A2t + ^ B2t 2)
V 7i a .

(4.36)

Eqn. (4.36) can be used evaluate the effects of a wall temperature gradient on the
wall-to-bed heat flux; the heat flux given by Eqn. (4.36) can be compared to the heat
transfer rate predicted by assuming a constant wall temperature. The constant wall
temperature heat flux is given by
2 A2 ks

q w-b=
n a sx

(4.37)
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The relative difference between Eqns. (4.36) and (4.37) gives the error incurred by
assuming an isothermal wall when the actual wall temperature varies linearly with time.
This relative difference is

The relative difference given by Eqn. (4.38) is shown in Figure 4.5 as a function of
B 2T/A2. The parameter B 2T/A2 is the total change in the wall temperature relative to the
initial temperature difference between the wall and the bed. If the wall is at a higher
temperature than the bed, a decrease in the wall temperature is expected. However,
results for both increasing and decreasing wall temperatures are shown in Figure 4.5 for
generality.
Some o f the error shown in Figure 4.5 is due to the change in the driving
temperature difference between the wall and the bed. However, some o f the difference
may be due to the fact that the wall to bed heat transfer coefficient is also a function o f the
wall temperature gradient. In order to determine how much o f the difference shown in
Figure 4.5 is due to the differences in the effective heat transfer coefficient and how much
is due to the change in the driving temperature difference, a comparison can be made
between the average heat flux given by Eqn. (4.36) and the heat flux calculated using the
constant-wall-temperature heat transfer coefficient, Eqn. (2.3), with a temperature
difference that varies linearly with time. This latter heat flux, averaged over the contact
period, is given by
I

S
y :k a s

The relative difference between Eqns. (4.36) and (4.39) is

(4.39)
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(4.40)

This difference is shown in Figure 4.6 as a function o f the relative change in the wall
temperature, B 2T/A2. Accounting for the change in the wall-to-bed temperature difference
while using a constant-wall-temperature heat transfer coefficient reduces the error by
approximately one-half relative to the case where the wall is assumed to be isothermal.
The effects o f a circumferential wall temperature gradient can also be estimated for
the case o f a moist bed. Duhamel's integral can again be used to obtain the solution for a
time-dependent wall temperature corresponding to the constant wall temperature solution
found by Schliinder and M ollekopf (1984), Eqn. (2.8).

Qm1 -)— I___ I

I

I

i

I

I

I

I

I

I

I

I

I

I

I

I

1

I

I

I

I

I

I

1

I

I

I

L

0.05
k-

o
UJ
0)
>

ro

a>
DC
-0.05

-

0. 1
-0.3

-0.2

-0.1

0

0. 1

0.2

0.3

Relative C h a n g e in Wall T em p e ra tu re
Figure 4.6 Error in average wall-to-bed heat flux resulting from using an isothermal
heat transfer coefficient with a linearly changing wall temperature.
Again, the case where 'F w varies linearly with time is considered. If erf(Q) is
assumed to be approximately constant (even though the wall temperature has been
allowed to vary), the solution procedure is nearly identical to that for the dry bed.
Applying Duhamel’s theorem shows that the temperature solution under these
assumptions is

¥ =

1

j+ B 2t 1 +

A 2 erfc

:rf (q )
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■
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Taking the derivative with respect to y and evaluating at y=0 gives
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Thus the heat flux at the wall when the wall temperature varies linearly with time is
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Under the assumptions of this analysis, the wet and dry bed heat transfer
coefficients differ only by a factor o f 1/erf (Q). Thus, the relative changes caused by a
wall temperature gradient for a moist bed will be approximately the same as those found
for the dry bed.

Summary
In this chapter several topics related to wall-to-bed heat transfer were discussed.
First, using the results of the Stefan-type analysis, the effects o f moisture evaporation
were evaluated. The commonly-used series-resistance approximation and the isothermalwall assumption were then evaluated using alternative approaches.
The effects of moisture evaporation were calculated as a function o f the
dimensionless parameter, Ste'. The results o f this analysis suggest that the effects o f
moisture can be neglected only at very large values o f Ste'.
It was shown that the heat-balance integral method provides good results over a
large range o f Ste' when a second-order polynomial is used to estimate the temperature
profile of the bed near the wall. A linear temperature profile is accurate only for low Ste'.
The heat-balance integral method was used to show that the series resistance method used
to include a thermal contact resistance may introduce errors greater than 15% at low Ste'
numbers.
By extending the penetration theory model results to include a transient
temperature boundary condition, the errors resulting from assuming an isothermal wall
were estimated. As expected, this analysis showed that the error incurred by using the
isothermal wall assumption increased with the wall temperature variation. For a linearly
changing wall temperature, the analysis predicts that wall-to-bed heat transfer rate may be

in error by more than 10 % if the decrease in the relative wall temperature is greater than

12 %.
While the heat-balance integral method described in this chapter includes the
effects o f a thermal contact resistance and a moving phase-change interface, several issues
are not addressed by this model. First, provisions for a non-isothermal wall are not
included. In addition, the flow o f the w ater vapor generated at the interface has not been
included in the analysis. Previous work which was reviewed in Chapter 2 (Lyczkowski
and Chao, 1984) suggests that this vapor flow m ay be important in some situations.
Finally, the effects o f bulk bed temperatures below r sat have not yet been considered. In
the next chapter, a general wall-to-bed heat transfer analysis that addresses these issues is
developed.

C hapter 5:

W all-to-B ed Heat T ransfer Sub-M odel

Introdu ction
In Chapter 4 analytical models were used to examine topics such as the effects of
bed moisture content, the approximate treatment o f the contact resistance, and the
influence o f wall temperature variations. In this chapter, an analysis is proposed that
simultaneously encompasses all of these considerations.

This analysis results in the

wall-to-bed heat transfer sub-model. The overall goals o f this analysis are to calculate the
rate o f heat transfer from the covered wall to the bed at a given axial location, and to
estimate the evaporation rate o f water from the bed that results from this heat transfer.
The model described in this chapter extends the analysis o f Schlunder and M ollekopf
(1984) to include the following:
• the simplified rotary desorber bed motion,
• the transport of energy via the flow o f water vapor generated at the phasechange interface,
• the effects of bulk bed temperatures below the evaporation temperature of the
moisture,
• a more accurate description of the contact resistance that does not involve the
series-resistance approximation, and
• a time-varying wall temperature
The proposed model is described for each of three distinct axial regions along the
rotary desorber. In the first two o f these regions the effects of the bed moisture must be
considered. The wall-to-bed heat transfer model is simplified for the third axial region,
which is assumed to contain no moisture. For each axial region, solutions are found
using an isothermal wall boundary condition and using a boundary condition that
accounts for both the thermal contact resistance and a time-varying wall temperature.
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Description of Axial Regions
In discussing the wall-to-bed heat transfer sub-model, it is helpful to consider
three axial regions in the rotary desorber. These are illustrated in Figure 5.1. In the first
axial region, Region I, the solids bed contains moisture and the bulk bed temperature is
less than the saturation temperature o f the moisture. Even though the bulk of the bed is at
a temperature less than the saturation temperature, the temperature o f the bed near the hot
wall may be greater than Tsat, and so some evaporation of water is possible in Region I.
In Region II, the bed contains moisture, but the moisture is at saturation conditions. All
heat transferred to the bed in this axial region is assumed to evaporate moisture; there is
no sensible heating o f the bed in Region II. Finally, in Region III it is assumed that there
is no moisture remaining in the bed, and the bed is heated to temperatures above the
saturation temperature. The division o f the bed into these three axial regions is supported
by the bed temperatures measured by Silcox et al. (1993), Owens (1991), and W alker
(1992).
W aII-to-Bed Heat T ransfer Sub-M odel:

R egion I

Again, the main objectives o f the wall-to-bed heat transfer model are to calculate
the heat transfer rate from the wall to the bed and the evaporation rate o f water from the
bed at a particular axial location. The approach o f the analysis in Region I is to develop
and solve the governing equations in two regions within the bed at a particular axial
position: a region near the heated wall where no liquid remains (a dry region) and a
region further from the wall containing liquid. These two regions are separated by a
phase-change interface. It is at this interface that the moisture in the bed is evaporated.
This situation is shown in Figure 5.2. In Figure 5.2a, the actual geometry of the
desorber cross-section is shown. In Figure 5.2b, a cross-section o f the bed near the wall
is detailed. In Figure 5.2b the curvature o f the wall is neglected, and the dry layer near
the wall and the phase-change interface are illustrated. According to the bed motion
discussed in Chapter 2, the bed near the wall will move with the wall so that the bed

R egion III

Axial D istan ce
Figure 5.1 Axial regions of the desorber and a hypothetical temperature profile.

Moist Bed Region
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(a) Actual geometry of bed.

Heated.
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(b) Assumed bed geometry near the heated wall.

F igure 5.2 Schematic diagram of proposed wall-to-bed heat transfer model.
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moves with a uniform velocity relative to the fixed reference frame shown. The
conditions (temperature and moisture content) of the solids when they contact the heated
wall (at x = 0) are assumed to be those o f the well-mixed bed. Heat will be conducted
from the wall to the adjacent bed particles, and will be transported along the wall by the
movement o f the bed. In addition, energy will be transferred by the movement o f the
water vapor that is generated at the phase-change interface. Since the vapor generated at
the interface cannot move into the subcooled region without recondensing, this vapor is
assumed to flow in the dry region near the wall. All phase changes are assumed to occur
at the phase-change interface. In the following discussion the approximate equations
governing the flow of vapor in Region I will first be solved. This result will then be
incorporated into the governing energy equation, which will then be solved to find the
heat transfer rate from wall to the bed for Region I.
The equations governing the transport o f momentum in the vapor region can be
approximated by Darcy's law and the continuity equation (Parmentier, 1979):
^ p v uv= - V p

(5.1)

V • p vuv= 0

(5.2)

where u v is the Darcy velocity o f the water vapor, K is the permeability o f the dry solids
bed, and pv and v v are the density and kinematic viscosity o f the vapor, respectively.
Combining these equations under the assumption of constant properties gives
2
V p=0

(5.3)

or

(5.4)

Since the length scale in the in the y-direction (the thickness o f the vapor region) is much
less than the length scale in the x-direction, the second term on the left-hand side o f Eqn.

(5.4) will be much greater than the first term. Thus, Eqn. (5.4) may be approximated as

^ 4 = 0
d y

(5.5)

The boundary conditions on this equation are
/d p
a i
d y /y=o = °

(5.6)

p (y = 8 ) = p sat

(5.7)

where psat is the pressure at the phase-change interface and 8 is the thickness o f the dry
layer. The first boundary condition results from the impermeable wall. The solution to
Eqn. (5.5) with these boundary conditions is
(5.8)

P = Psat

Thus the solution to Darcy’s equation predicts that the pressure in the vapor region is not
a function o f y, and that the flow o f vapor in the x-direction is uniform (not a function o f

y).
The x-direction vapor mass flow rate can be determined by first finding the rate at
which vapor leaves the phase-change interface. This is done using a mass balance at the
interface between the liquid and vapor regions. Similar mass balances are used in the
analyses o f Rubin and Schweitzer (1972), Parm entier (1979), Cheng (1981), Cheng and
Verma (1981), and Essome and Orozco (1991) in the study o f phase change processes in
static, porous media. In the present model, the bed is not static, but is moving as the
desorber wall rotates. In this case, an interface mass balance is developed for a
differential element of the bed as it moves with the wall. This interface mass balance
provides the flux o f water vapor generated at the interface:

m
ln " evap

=
~

D' L —
P
dt

where p ’l is the mass o f liquid per unit volume o f the bed.

<5 -9 >
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The time derivative can be replaced by a derivative with respect to the fixed
coordinate, x, using the following relation:
x = ust

(5.10)

where us is the speed of the solids moving with the wall:
u c = CO71 D

(5.11)

This gives
m ev a p

P

d8

(5.12)

L Us

Now consider a mass balance on a differential length of the dry layer as shown in
Figure 5.3.

P hase-C b an g e
interface

evap da xx

( m 'v K

x+dx

Wall

dx
F ig u re 5.3 M ass balance on vapor in dry layer.
This mass balance yields
d(m ' v) x

dx

m evaP

(5.13)

where (m' v) is the mass flow rate in the x-direction per unit length of the desorber.
From Eqn. (5.13),

- d ^ = p l-u s 5 r

(5.14)

Integrating Eqn (5.14) with the condition that the mass flow rate o f vapor is zero when
the vapor thickness, 5, is zero gives the mass flow rate o f vapor in the dry layer per unit
length of the desorber:
(m ’v}x = P ’Lu s §

(5 ‘15)

Dividing this result by the local thickness o f the dry layer gives the local mass flux o f
vapor in this layer:
K v )x

p v u v = ------ ~ = p ' Lu s

(5.16)

5
where pv uv is the mass flux of vapor. Note that the vapor mass flux given by Eqn.
(5.16) is constant.
Knowing the mass flux o f vapor near the wall, the heat transfer in this region
(including heat transfer resulting from the flow o f vapor) can be examined. However,
before deriving the governing energy equation, a simplifying characteristic o f the
vapor/solid system can be stated, van Heerden et al. (1953) have shown that, in systems
in which a gas is flowing through a bed o f solids, the local temperature o f the vapor will
follow that of the solids; that is, it can be assumed that the vapor instantaneously reaches
thermal equilibrium with the solids particles that it contacts:

3TV 3TS ar
dx

dx

(5.18)

dx

This assumption was justified by comparing the thermal time constants of the solids and
the gas. Due to the large thermal capacitance of the solids relative to that o f the gas
phase, the time constant of the vapor is much less than that of the solid particles. Thus,
the vapor will quickly approach the local temperature of the solids. This assumption has

97

also been validated by Vafai and Sozen (1990), Riaz (1977) and Vortmeyer and Schaefer
(1974).
With this assumption, an energy equation can be written for a fixed control
volume adjacent to the wall through which solids and vapor flow. This energy equation
must include the convection of energy due to the movement o f the bed, the convection of
energy in the x-direction by the water vapor generated at the interface, and the conduction
of heat in the direction normal to the heated wall:
\
dT
U -eK ppSp-gj(1

(5.18)

+ P v u v c pv 0 ^ - = k

where p v u v is the mass flux of vapor with respect to the fixed reference frame, uv is the
Darcy velocity of the vapor in the x-direction, Cpp is the specific heat o f the solid
particles, e is the bed porosity, and pp is the density o f the particles. Conduction in the
x-direction is neglected.
The energy equation, Eqn. (5.18), can be written in terms of time using the
following transformation:
3T _ J_dT
dx

(5.19)

u s 5t

The energy equation then becomes

(5.20)
Defining

ae

kS
(5.21)

gives

Substituting Eqn. (5.16) into Eqn. (5.21) gives
ks

(5.23)
( l “ e ) P p CpP + P ' Lc pv

Thus, the governing equation to be solved is Eqn. (5.22), where a e, an effective
diffusivity, is given by Eqn. (5.23). Note that under the assumption o f constant
properties, oce is constant. In the following discussion, this equation will be solved first
using an isothermal wall boundary condition. It will then be solved using a thermal
contact resistance boundary condition.
Constant Wall Temperature Boundary Condition
For the case o f an isothermal wall, the initial and boundary conditions on Eqn.
(5.22) are as follows:
5(t = 0 ) = 0
T(0,t) = Tw
T(5,t) = Tsat
W ith these boundary conditions, the solution to Eqn. (5.22) is

(5.24)
TsafTw

erf (£2)

Therefore, the wall-to-bed heat flux is
V~k
(5.25)
This solution assumes that the interface location has the form 8 = 2 £2 V oce t,
where £2 is a constant. This constant, £2, is found by performing an energy balance at the
phase-change interface. In Region I, the interface energy balance must account for the
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fact that the bulk temperature is less than the temperature o f the moving interface. Heat
will be conducted from the interface to the moist bed; thus, not all o f the heat conducted
to the interface will vaporize moisture. The interface energy balance at a location in
Region I is

-k j^ l

, = X AH p — —k

^y/y=6

Ks^t

oT m

m\ d y /y=8

(5.26)

where the subscript, m, indicates properties o f the moist bed above the moving interface.
The conduction from the interface to the moist bed is governed by the following equation
and initial and boundary conditions:

5T™
dt

dT m
m 8y 2

(5.27)

5(t = 0 ) = 0

(5.28)

Tm(S»t) = Tsat

(5.29)

Tm(°°»t) = Tb

(5.30)

The resulting temperature profile is

T sat" T b

1 - erf

Tm= T b+ '

2y a r

1 - erf

2*1

(5.31)

t

Using the relation 8 = 2 £2 V a t gives

T m= T b + -

T Sat~ T b

1 - erf

(5.32)
1 - erf Q
- H

.

Substituting this profile and the temperature profile for the dry region, Eqn. (5.24), into
Eqn. (5.26) results in an equation for Q:
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km(T«-T,)eTXJ
psXAHa eerf(Q)

(5.33)

V a e p^x AHame rf^ /^ 0^ |-1

This equation shows that Q is a constant, since all other terms are constant; thus, the
assumed form o f the dry layer thickness is correct. W ith Q given by Eqn. (5.33), Eqn.
(5.25) is integrated over the contact period, x, to find the average wall-to-bed heat
transfer rate.
The local flux of water vapor generated at the interface is
_ v
^

evap

d5
P s U s £lx

This flux is numerically integrated over the length o f the covered wall to find the overall
evaporation rate per unit length of the desorber at the axial location under consideration.
Thermal Contact Resistance Boundary Condition
To include the effects o f a contact resistance at the wall and a circumferentially
varying wall temperature, Eqn. (5.22) m ust be solved with the following initial and
boundary conditions:
8 (t = 0) = 0

(5.34)

- k= ( § L = M T J ,|- M

(535)

T(5,t) = T sat

(5.36)

Since no exact analytical solution exist to this problem, an integral solution method will
be used. This solution method was demonstrated in Chapter 4. In Chapter 4, however,
thebulk temperature o f the bed was assumed to be the saturation temperature o f the
moisture, and conduction into the bed from the interface was not included in the interface
energy balance. Since the bulk bed temperature in Region I is less than the saturation
temperature, a new solution, based on a m odified interface energy balance, must be
derived for Region I. This new solution will also allow the wall temperature to vary. In
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the following discussion, the heat-balance integral method with a parabolic temperature
profile between the wall and the phase-change interface is used to solve Eqn. (5.22) with
the conditions o f Eqns. (5.34) through (5.36).
Using the relative temperature, 0 = T - Tsat, the problem can be restated as
follows:
90
90
9 T = a e— ;

(5.37)

8 (t = 0 ) = 0

(5.38)

■k » ( ^ l . o = h ‘ (e wM - 0 ,=o)

(5.39)

0(5,t) = 0

(5.40)

9y

Integrating Eqn. (5.37) over the the dry layer thickness, 5, gives

0 dy = a
d tJ o

90|

P® ]

(5.41)

l9y/y=5 \0y/y=q

A parabolic temperature profile is assumed for 0 < y < 5:
2

(5.42)

0 = a (y - 5) + b (y - 8 )
Thus, the second term on the right-hand side o f Eqn. (5.41) is
'9 0

=a-2b5

(5.43)

i S y / y=0
The interface energy balance, Eqn. (5.26), is used to find the first term on the right-hand
side o f Eqn. (5.41):
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s - "m\ 9y

90

/ y-8

(5.44)

so,

90
9y/y=8

as
0t

k m 9 0 ml
k s \ 9y / y=8

(5.45)
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where

X AH p,
A=

(5.46)

em = Tm - T sat

(5.47)

and

In order to use Eqn. (5.44), the temperature profile in the moist region m ust be known.
To find this profile, the transient energy equation for the moist region is solved using a
heat-balance integral method. Eqn. (5.27) is integrated from y = 5 to y = 5m using the
rule of Leibnitz, where 5m is the thickness o f the thermal layer beyond which there is no
change in temperature with respect to y. The result is

1

dt

Jf “

e

dv. e

m y

b

30 m
50.
am
- oc
, 3y / y=8+sra m , 3y / y=8

dt

(5.48)

A second-order temperature profile is selected for 5 < y < 5m that satisfies the following
conditions:
0 m (8,0 = 0

(5.49)

0 m (8 + 8 m,t) = 0 b

(5-50)

30 m

=o
3y y=8+5m

(5.51)

The resulting profile for the moist region is

y -5
m

2 0 b (ys

8) - 0 b

5m
m /

(5.52)
, 5m

Substituting this profile into the heat-balance integral for the moist region, Eqn. (5.48),
gives the following ordinary differential equation for 5 m:
d5m
dFo

a mk s
a „m k s
k s dA
-3 + 3A
+ 3 ah c dFo
e b km
a e k m 0 b ' c|

(5.53)
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From Eqn. (5.52), the required term in Eqn. (5.41) is found:

ae m

20.
(5.54)

dy Iy=5

5m

Substituting Eqns. (5.43), (5.45) and (5.54) into the heat-balance integral for the dry
layer, Eqn. (5.41), gives
A d 5 + km 2 0 b
w J 0f e d y = a ‘

dt

- (a - 2b5)

k

(5.55)

To evaluate the integral in Eqn. (5.55), the temperature profile, 0, must be determined.
Similar to the case discussed in Chapter 4, the coefficients o f the temperature profile,
Eqn. (5.42), are determined by the condition given by Eqn. (5.39) and the interface
energy balance. The results are

hcKeA(l+A) , M b 1
A

(2+ A ) k s

8 mk s

m >

V

2h c a
A

eA ( l + A )

<2+ A ) k s

2k m 0„

8h c «

eA

9w

(5.56)

ks A (2 + a )

S mk s

m s

and
a2

km0 b a

2 a eA

k e 5 m a eA

(5.57)

b =

With these coefficients, Eqn. (5.55) yields a differential equation for the interface
location:

/
d0 w t
dFo
dA

2

/
da

ld0w

da

55m

dS

m

\

3

A

dFo

A

2

3 hc

L

j

■>

dFo
A ± u 2ks 1 /
- a A + b A r - - 1/ A
*c

where

3
k s3b

2

5a

3

A

5

d m

3 h c d 8 m dFo

2‘ da
a
1/
— + 1/ A

dA

k s 3b

-a+

2b T - A
hc

gk

me
(5.58)

Kss d b d a
.
3J k
b
+ A a

/ 3
^“ K
^cdadA

+ -----------

en )
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h cc o re A

3a
30 w

a

A (2 + A ) - k s h c a A ( l + a )

ks

A

A)

(5.59)

m
a k m 6 b A (2 + a )

3a

(5.60)
d5m

'

(^ + a ) + 5

h c a A ( l + a ) + k m0 b 8 A (2 + A)

2

2 h c a e A A (2 + A ) - 2 (l + a )

4 he a e A 0 w(l + a )

3a

A 2 (2 + A )2

3A

2hca e A ( l + A )

2 k m0 b

k s A (2 + a )

5 mk s

k g A 2(2 + A ) 2
(5.61)

2 a-

3b
3a

k m9 b
a eA

(5.62)

k s S ma e A

and d0w/dFo is the specified wall temperature gradient.
Using the initial condition o f Eqn. (5.38), Eqn. (5.58) is numerically integrated to
give A as a function o f Fo. The quantity d5m/dFo is given by Eqn. (5.53), which must
be solved simultaneously with Eqn. (5.58) in order to determine 8 m. W ith A known at a
given value o f Fo, the instantaneous heat flux from the wall to the bed is
A k.
q"w-b = k s a - 2 b— —
C

(5.63)

where a and b are given by Eqns. (5.56) and (5.57). Eqn. (5.63) is integrated over the
contact time, x, to obtain the average wall-to-bed heat flux at a axial location in Region I.
The local flux o f water vapor generated at the interface is
m evap

d8
“X PKS
“ ss ^ x
sU

This mass flux is numerically integrated over the length of the covered wall to find the
overall evaporation rate per unit length o f the desorber at the axial location under
consideration.
The solution represented by Eqn. (5.63) assumes that the temperature at y = 0 is
at least the saturation temperature o f the moisture, so that moisture can be vaporized.
However, due to the thermal contact resistance at the wall, this temperature may be less
than Tsat, even if the wall temperature is greater than Tsat. In this case, no evaporation
occurs, and heat is simply conducted through the thermal contact resistance and into the
moist bed. An integral method has also been used to solve this case, and the resulting
wall to bed heat flux is as follows:
(5,64)
where
a=0

(5.65)

b=

(5.66)

2
h c 6 m+ 2 k m5 m

In this case, the following differential equation governs the growth o f the thermal
penetration layer into the moist bed:
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Summary o f Region I Solutions

In summary, several wall-to-bed heat transfer solutions have been found for
Region I. The first solution, given by Eqns. (5.25) and (5.33), uses a constant wall
temperature boundary condition. It is similar to the solution o f Schliinder (1982), except
that the interface energy balance has been modified to allow for conduction into the moist
region above the phase-change interface and an effective thermal diffusivity has been
determined to account for the convection o f water vapor. The second solution,
represented by Eqns. (5.63) and (5.58), includes a thermal contact resistance boundary
condition at the wall. The heat-balance integral method with second order temperature
profiles in the dry and moist regions was used to find this solution. A special case of the
latter solution was also found for the case where the temperature at y = 0 is less than the
phase-change temperature.
W all-to-B ed H eat T ransfer Sub-M odel:

R egion II

Region II differs somewhat from Region I. In Region II the bulk o f the bed is at
the saturation temperature o f the moisture. Thus the liquid is saturated, and, if the entire
pore volume is not filled with liquid, saturated vapor may exist in the remaining pore
volume. If saturated vapor exists in some of the pore volume above the phase-change
interface, some of the vapor generated at the interface may flow through this volume,
reducing the vapor flow along the heated surface. If the resistance to mass transfer o f the
vapor through the bed is sufficiency small, all o f the vapor generated at the interface may
flow through the thickness o f the bed. This is the assumption made by Schliinder and
M ollekopf (1984).
In the following discussion, two cases are developed for Region II. In the first
case, the void space in the moist region is completely filled with saturated liquid, while
the second case allows for some of the void volume to be filled with saturated vapor. In
both cases, the objective is to solve the governing equation given by Eqn. (5.22).
However, the parameter a e will be different in the two cases.
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Case 1: Liquid-Filled Pore Volume
When the void volume above the phase-change interface is filled with saturated
liquid, the vapor-phase permeability is zero, and none of the vapor generated at the
interface flows into the bulk bed. Thus, the flow o f water vapor is the same as that found
for Region I; all of the vapor generated at the interface will enter the dry layer near the
wall. In this case, the governing equation,

must be solved with

(5.69)

f l - e ) p p cp p + p ' Lcpv
In the following discussion, solutions to Eqn. (5.68) are given for a constant wall
temperature boundary condition and for a thermal contact resistance boundary condition.
Constant Wall Temperature Boundary Condition. For a constant wall temperature
boundary condition and a liquid-filled pore volume, only the interface energy balance
differs from Region I. Thus, the solution in Region II is given by Eqn. (5.24):

(5.70)
TsafTw

e rf(n )

where Q is found from the interface energy balance as explained in the following
discussion.
In Region II, all o f the heat that is conducted into the phase-change interface
evaporates moisture; no heat is conducted into the moist bed above the interface. Thus,
an interface energy balance similar to that given by Schliinder and M ollekopf (1984),
Eqn. (2.9), can be used. In Region II, the interface energy balance yields the following
implicit equation for Q:
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A

Q exp (n ) erf ( a ) = lT - - T “ -l((l

^ P p S p + P ' l S v!

(5.71)

The local wall-to-bed heat flux in this case is

With Q. known, Eqn. (5.72) can be integrated over the contact period, x, to find the total
wall-to-bed heat transfer rate for the axial location under consideration.
Thermal Contact Resistance Boundary Condition. Similar to Region I, a heatbalance integral method can be used to find a solution to Eqn. (5.68) with a contact
resistance boundary condition at the wall. If the wall temperature is constant, the integral
solution for Region II is similar to that given in Chapter 4. That is, the wall-to bed heat
flux is given by Eqn. (4.22). Only a s must be replaced by a e in order to include the
energy transport via the flow in the vapor layer.
A more general case can be considered by allowing the relative wall temperature,
0W, to vary with time. This case is considered in the following analysis. The governing
energy equation and initial and boundary conditions are given by Eqns. (5.37) through
(5.40). Again, the heat-balance integral is

(5.73)
The interface energy balance for Region II gives

ae

as

>dyly=8

dt

(5.74)

Assuming a parabolic temperature profile for the dry layer,
0 = a ( y - 8) + b ( y - 8)

yields

(5.75)
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fa e

= a- 2 b 6

(5.76)

l d y / y =0
Substituting Eqns. (5.74) and (5.76) into the heat-balance integral, Eqn. (5.73), gives

j J ‘edy = a,

(5.77)

-A ® -(a-2b8)

j 0
Again, the coefficients o f the temperature profile are determined by the condition given by
Eqn. (5.39) and the interface energy balance, Eqn. (5.74). The results for Region II are

2
(l +

+ a)

26
+

,

■

A (2 + a )

a eA
a=
k s A (2 + a )

(5.78)

a eA h c

and
(5.79)

b=^
2a„A
With these coefficients, Eqn. (5.77) yields a differential equation for the interface
location:

da d 6 ,
3h,

dA
dFo ""

2 inkA\
aA + bA I— 1+
IhJ
0

a eA

a + 2b

d o W, dFo

iu c\\
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(5.80)

a eA

From Eqns. (5.78) and (5.79) the following quantities are determined

-a
3a

ks

2

(1 + a ) + a

a eA h c

dA

A (2 + a ) - (l + a )
a eA h c

(5.81)
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and

(5.82)
Using the initial condition o f Eqn. (5.38), Eqn. (5.80) can be numerically
integrated to give A as a function o f Fo. W ith A known at a given value o f Fo, the heat
flux from the wall to the bed is

(5.83)
where a and b are given by Eqns. (5.78) and (5.79). Eqn. (5.83) is integrated over the
contact time, t , to obtain the total wall-to-bed heat transfer rate at any axial location.
Case 2: Liquid- and Vapor-Filled Pore Volume
The second case to be considered for Region II is when the m oist portion o f the
bed contains both saturated liquid and saturated vapor. In this case, flow o f vapor from
the interface into the partially liquid-filled bed is possible, along with flow in the dry
layer. In order to determine the mass flux o f vapor along the heated surface, the mass
flux through the bed must also be determined. That is, in addition to satisfying the mass
balance at the interface, the equations governing the flow o f vapor must be satisfied on
both sides of the phase-change interface. For this analysis, a simplified vapor flow
pattern is assumed: vapor generated at the phase change interface may either flow
through the bulk of the bed to the exposed surface or enter the thin dry layer near the wall
and flow along the wall. In both cases, it is assumed that the vapor flow is governed by
Darcy's law.
In the dry layer near the wall, Darcy's law gives
(5.84)

where psat is the pressure at the phase-change interface. Darcy's law can also be used to
determine the flow of vapor in the y-direction. At a location, x, the mass flux o f vapor
from the phase-change interface through the moist bed is

(5.85)
where Lb is the local thickness of the bed, Kv is the effective vapor-phase permeability of
the moist bed, pa is the pressure at the surface o f the bed, and y+ denotes the direction
from the interface to the surface o f the bed.
Kaviany and Mittal (1987) recommend the following relation to calculate the
vapor phase permeability in the partially liquid-filled bed:
3

(5.86)
where s is the fraction o f void volume occupied by liquid. The permeability of the dry
bed can be estimated from the following equation (Rogers and Kaviany, 1992):

180 (l - e )2
where K has units of square meters and D p has units o f meters.
In addition, the energy equation, the interface mass balance, and the interface
energy balance must be satisfied. These are as follows:
The governing energy equation is

where a e is defined by
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The interface energy balance is given by Eqn. (5.74), and the interface mass balance is
(5.89)
where (m"v)y is the mass flux o f vapor into the dry layer.
The following procedure is used to solve these equations:
1. The energy equation is first solved under the assumption that all o f the vapor
generated at the interface flows through the bed in the positive y-direction
(that is, assuming uv p v is zero).
2. The local mass flux through the bed under this assumption is calculated from
the interface mass balance:
(5.90)
3. The pressure distribution in the dry layer, psat (x), is calculated from Eqn.
(5.85):

(5.91)
4. The flow in the dry layer, uv pv(x), is calculated using Darcy's law:
(5.92)
5. The local flow from the interface into the dry layer is calculated from a mass
balance on the dry layer:
(5.93)
6 . The flow from the interface into the bulk o f the bed is re-calculated from the

interface mass balance:
(5.94)
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7. If the value of (ni"v)y4 calculated in step (6 ) is not sufficiently close to that
calculated in step (2 ) (or that o f the previous iteration), the value o f (m" v)
calculated in step (6 ) is assumed.
8 . The energy equation and interface energy balance are solved using

uv pv(x) calculated in step (4).
9. Steps (3) through ( 8 ) are repeated until the solution has converged.

The vapor mass flux, uv pv, found by the outlined procedure will not generally be
constant. Therefore, a e will also vary. However, if oce varies only slightly with x, it
may be appropriate to assume that a e is locally constant. In order for this assumption to
be valid, a e must vary only slightly over a distance o f the order 8 in the x-direction. That
is,
da, 5

«

1

3x a ,

(5.95)

With this restriction, the solutions for Region II with vapor flow through the bulk
o f the bed are given by Eqn. (5.72) for a constant wall temperature boundary condition
and Eqn. (5.83) for the thermal contact resistance boundary condition with variable wall
temperature. These give the local wall-to-bed heat flux, and are integrated to find the
average heat flux. The parameter Oe is given by Eqn. (5.88) where the vapor mass flux,
uv p v, is found by the iterative procedure described.
Summary of Region II Solutions
In summary, four solutions were found for Region II. The first two solutions
consider the case were the pore volume above the interface is completely filled with
liquid. Under these conditions, the generated water vapor is assumed to remain in the
dry layer, and the solutions are similar to those in Region I; however, conduction into the
moist bed is not included in Region II. Solutions for this case are found using both the

constant wall temperature boundary condition and the thermal contact resistance boundary
condition.
The other two solutions are more general in that vapor flow is allowed through
the moist region, which is assumed to contain both liquid and vapor. Darcy's law is used
to determine this mass flux o f vapor through the moist bed. As noted by Schliinder
M ollekopf (1984), the mass transfer resistance through the moist bed is usually low, so
that essentially all o f the vapor generated at the interface will take this path when the bulk
bed temperature is equal to the phase-change temperature. Again, for the partially-filled
pore volume case, solutions are found using both the constant wall temperature boundary
condition and the thermal contact resistance boundary condition.
W all-to-B ed H eat T ransfer Sub-M odel:

Region III

Finally, consider Region III. In this region it is assumed that there is no moisture
remaining in the solids bed. Thus, the wall-to-bed heat transfer can be estimated using
the penetration model for a semi-infinite bed.
Constant Wall Temperature Boundary Condition
For the case of a constant wall temperature boundary condition with no contact
resistance, the average wall-to-bed heat flux is given by the solution o f W es et al (1976):

(5.96)
Contact Resistance Boundary Condition
Lehmberg et al. (1977) include the effects o f a thermal contact resistance at the
wall when solving the penetration theory problem. W hereas Lehmberg et al. (1977)
report only the coefficient which has been averaged over the contact time, t , a local wallto-bed heat transfer can also be calculated:
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The local wall-to-bed heat flux is
q"w-b= h w.b( Tw- T b)

(5.98)

While this solution includes the contact resistance, it is based on an assumption o f an
isothermal wall. It was shown in Chapter 4 that the use o f a local heat transfer coefficient
based on an isothermal wall (that is, neglecting the effects of the varying boundary
temperature on the heat transfer coefficient) in conjunction with a locally defined
temperature difference produces sufficiently accurate results when the wall temperature
gradient is small. W ithout a contact resistance, the error in the total wall-to-bed heat flux
resulting from this approximation was less than 5% for relative wall temperature changes
less than 10%. In Region III, the wall temperature gradients are expected to be smaller
than those in Regions I and II since the bed temperature is approaching the wall
temperature. Therefore, in Region III, Eqn. (5.98) is used to calculate the local wall-tobed heat transfer coefficient, and the local driving temperature difference is calculated
from the local wall temperature. The local heat flux thus calculated is numerically
integrated over the covered arc length o f the wall to obtain the average wall-to-bed heat
flux at an axial location in Region III.
S u m m a ry o f W all-to -B ed H e a t T r a n s fe r S u b -M o d el
In Chapter 5, a number of solutions were found which describe heat transfer
between the rotating desorber wall and the solids bed. The cases for which solutions
were found are summarized in Table 5.1. These solutions can be used to calculate the
wall-to-bed heat transfer rate under the appropriate conditions. As explained in the
following discussion, only the most general o f these solutions are actually used in the
wall-to-bed heat transfer sub-model.
Axial Region I
The Region I solutions predict both the overall wall-to-bed heat transfer rate and
the rate of evaporation from the bed. The solution found using the thermal contact
resistance boundary condition, Eqns. (5.63) and (5.58), is the m ost general solution;
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T able 5.1 W all-to-Bed Heat Transfer Solutions.

Region

Constant Wall Temp.
Boundary Condition

Contact Resistance
Boundary Condition

I (Ts < Tsat)

Eqns. (5.25) and (5.33)

Eqns. (5.63) and (5.58)

II (Ts = T sat)
Liquid-Filled
Pore Volume

Eqns. (5.71) and (5.72)

Eqns. (5.83) and (5.80)

Eqns. (5.71), (5.72),
and (5.88)

Eqns. (5.83), (5.80),
and (5.88)

Eqn. (5.96)

Eqn. (5.98)

Liquid/V aporFilled Pore
Volume
III (Ts > T sat)

therefore, it is the solution that is used in the wall-to-bed heat transfer sub-model in
Region I.
Axial Region II
The Region II solutions predict the wall-to-bed heat transfer rate during the
constant temperature drying period. Since under most practical applications the pore
volume will not be completely filled with liquid, Eqns. (5.83), (5.80), and (5.88) are
used to calculate the wall-to-bed heat transfer rate in Region II. Again, this solution uses
the thermal contact resistance boundary condition.
Axial Region III
The Region III solutions predict the rate o f bed heating after all o f the moisture
has been removed from the bed. The solution used in the wall-to-bed heat transfer sub
model for Region III is given by Eqn. (5.98), which includes the thermal contact
resistance boundary condition.
As will be discussed in Chapter 7, the wall-to-bed heat transfer sub-models for
the three regions are combined with the other sub-models, which are described in Chapter
6 , to form the comprehensive heat transfer model.

C hapter 6:

R adiative and C onvective H eat T ransfer Sub-M odels

In trod u ction
In this chapter the radiative and convective heat transfer sub-models are discussed.
The methods which are used to calculate the radiative and convective heat fluxes inside the
desorber are described. This discussion draws upon the literature review given in Chapter
2. It should be noted again that previous work (Owens et al., 1991) has shown these heat
transfer mechanisms to be of secondary importance for the low temperature desorption
application under study. Thus, emphasis is not place on the radiative and convective heat
transfer calculation methods; existing methods with some modifications are sufficient for
the purposes of this study. How the calculated radiative and convective heat transfer rates
are used with the wall-to-bed heat transfer sub-model to predict bed and gas temperatures is
discussed in Chapter 7.
R adiative H eat T ransfer Sub-M odel
The approach of the radiative heat transfer sub-model is to use the reflection model
o f Gorog et al. (1981) to calculate the net radiative fluxes from the bed, gas phase, and
exposed wall. This model is described in Chapter 2 and Appendix A. Recall that this
model includes the effects of a real gas in the rotary desorber. The real gas radiative
properties are calculated using the wide band property model o f Edwards (1976 and 1981).
W hereas Gorog et al. (1981) consider only equimolar mixtures o f CO 2 and H 2O, the use of
the wide band model allows the Gorog et al. (1981) model to be extended so as to be
applicable for a general mixture of gases. In the radiative heat transfer sub-model, the gas
phase is assumed to be well-mixed and is assumed to consist of the carrier gas, the water
vapor from the solids bed, and, if the desorber is directly fired, CO 2 and H 2O resulting
from support fuel combustion. The radiative properties are calculated based on this wellmixed composition o f gases. It is assumed that the bed, gas phase and wall can each be
described by a single temperature at a given axial location. That is, at each axial location,

118

the bed and gas phase are each assumed to be well-mixed, and the exposed wall temperature
is assumed to constant.
As discussed in Chapter 2, the radiative properties model o f Edwards (1976 and
1981) does not include the participation of solid particles in the gas phase. Thus,
application of the radiative heat transfer sub-model is restricted to cases where the
concentrations of soot and other particulates are negligible.
C o n v ec tiv e H e a t T r a n s fe r S u b -M o d e l
The approach o f the convective heat transfer sub-model is to use empirical heat
transfer correlations to calculate the required heat fluxes at each axial location. As in the
radiative heat transfer sub-model, it is assumed that the bed, gas phase and wall can each be
described by a single temperature at a given axial location. With the appropriate surface
areas and heat transfer coefficients, the gas-to-wall and gas-to-bed convective heat transfer
rates are calculated. In the following discussion, the correlations used in the convective
heat transfer sub-model to calculate the gas-to-wall and gas-to-solids heat transfer rates are
given.
Gas-to-Wall Convective Heat Transfer
The correlation given by Tscheng and W atkinson (1979),
N u g-w= - ^ i r —

1.54 R e°' 575 R ew° 292

(6-1)

is used over its range of validity to calculate the gas-to-wall heat transfer coefficient. This
relation includes the dependencies o f fill fraction and rotation rate. It is valid for 1600 < Re
< 7800 and 20 < Reo) < 800, where Re is based on the effective kiln diameter, given by
Eqn. (2.31), which accounts for the fill fraction in the kiln. The authors do not state
whether the flow through the test section of their kiln is developing or fully-developed;
however, the dimensions o f the kiln used in this study suggest that the flow is thermally
developing.
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Outside of the range o f validity of Eqn. (6.1), the convective heat transfer between
the wall and the gas is assumed to be the same as that o f flow in a circular cylinder. For
example, the heat transfer coefficient between the gas and the wall for turbulent flow (Re >
10,000) is given by the following correlation (Incropera and DeWitt, 1985):
( 6 .2 )

Although the heat transfer coefficient calculated from either Eqn. (6.1) or Eqn. (6.2)
will be approximate, h g.w is usually an order of magnitude less that h g_b; thus, any error in
h g_w should introduce only a small error in the calculated heat flux to/from the gas phase.
The calculated coefficient is used along with the exposed wall temperature and the wellmixed gas temperature to calculate the heat flux between the exposed wall and the carrier
gas.
Gas-to-Solids Convective Heat Transfer
Two expressions which predict the average gas-to-solids convective heat transfer
coefficient were discussed in Chapter 2. The correlation o f Tscheng and Watkinson
(1979),
(6.3)
includes the effects rotation rate and fill fraction, while that o f Gorog et al. (1982), Eqn.
(2.33), is given only as a function o f gas mass flux. Since these two correlations are based
in large part on the same experimental data, their predictions are expected to be similar.
However, to include the effects o f kiln rotation and fill fraction, Eqn. (6.3) is used in the
convective heat transfer sub-model to calculate h g_b. This equation is valid for 1600 < Re <
7800, 20 < Reo) < 800, and fill fractions between 6 and 17 percent. This coefficient is used
with the bulk bed temperature, the well-mixed gas temperature, and the exposed bed surface
area in each axial zone, to estimate the heat flux between the bed and the carrier gas. As
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with the gas-to-wall heat transfer coefficient, the gas-to-bed heat transfer coefficient must be
regarded as an estimate, since it is based on very limited data.

Summary
In this chapter, the radiative and convective heat transfer sub-models were
described. The radiative heat transfer sub-model is based on the model proposed by Gorog
et al. (1981). However, by using the wide band model o f Edwards (1976 and 1981) to
calculate the radiative properties o f the gas phase, the model has been extended so that it can
be applied to a general mixture of gases. The convective heat transfer sub-model is based
on the experimental correlations o f Tscheng and W atkinson (1979). In the following
chapter, the convective and radiative heat transfer models are combined with the wall-to-bed
heat transfer sub-model to form the comprehensive heat transfer model.

C hapter 7:

C om prehensive H eat T ransfer M odel and Solution A lgorithm

In trod u ction
The heat transfer sub-models developed in Chapters 5 and 6 describe heat
transfer at a single cross-section or axial zone o f a rotary desorber. In this section, the
use of these sub-models to predict the axial bed and gas temperature profiles is described.
The approach used to develop this comprehensive model is similar to many of the zonal
energy balance models reviewed in Chapter 2.
Solution A lgorithm
The general approach of the solution method is to divide the desorber into a
number of axial zones. Starting from the feed end o f the desorber, the heat transfer sub
models and energy balances are used to calculate the gas and solids temperatures for
successive zones in the flow direction. The details o f this procedure are given in the
following discussion. Figure 7 .1 shows the relationship between the various sub-models
and the energy balances.
For a given axial zone, bed and gas temperatures and the solids moisture content
are assumed. Using the heat transfer sub-models, the heat transfer rates for the zone are
calculated based on the assumed temperatures, the assumed moisture content, and the
specified wall temperature. These heat transfer rates are shown in Figure 7.2. The
calculated heat transfer rates are used to perform energy balances on the solids bed and the
gas phase. From these energy balances, bed and gas temperatures and the solids moisture
content in that axial zone are calculated. The assumed and calculated values are
compared, and if they are not sufficiently close, new temperatures and a solids moisture
content are assumed, and the procedure is repeated. If the temperatures and the moisture
content have converged, the solution procedure is repeated for the next axial zone. The
final values calculated in the preceding zone are used as initial guesses when the
procedure is started for a new zone. In the following discussion, each sub-model and
energy balance is described in the context of this overall solution algorithm.
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Wall-to-Bed Heat Transfer Sub-Model
The primary purpose o f the wall-to-bed heat transfer sub-model is to calculate the
rate of heat transfer from the covered wall to the bed. This sub-model also provides the
rate of moisture evaporation in Region I. As shown in Figure 7.1, this sub-model
requires the circumferential wall temperature profile under the bed, the bulk bed
temperature, and the moisture content of the bed. The calculated total wall-to-bed heat
transfer rate and the evaporation rate are used in the bed energy balance.
Radiative Heat Transfer Sub-Model
The radiative heat transfer sub-model calculates the net radiative heat transfer rates
to the exposed surface o f the bed, the gas phase and the exposed wall in the axial zone.
This sub-model requires the well-mixed bed and gas temperatures, and the temperature of
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the exposed wall as inputs. The calculated heat transfer rates are used in the bed and gas
energy balances.
Convective Heat Transfer Sub-Model
The convective heat transfer sub-model calculates the net convective heat transfer
rates to the exposed surface o f the bed, the gas phase and the exposed wall in the axial
zone. As shown in Figure 7.1, this sub-model requires the well-mixed bed and gas
temperatures, and the temperature o f the exposed wall. The calculated heat transfer rates
are used in the bed and gas energy balances.
Bed and Gas Phase Energy Balances
The bed and gas energy balances are dependent upon which axial region is under
consideration (See Figure 5.1). In Region I, both sensible heating o f the bed and
evaporation must be considered. In Region II, the bed energy balance includes only
evaporation, while that of Region HI includes only sensible heating o f the bed. In the
following discussion, the bed and gas phase energy balances are given for each axial
region.
Region I. In Region I, an energy balance of an axial zone of the bed gives the
solids temperature of that zone:
s,co n v

where

4 w - b , 4 s,r a d

and

4 s ,c o n v

- m vj AH
(7.1)

are the heat transfer rates to the solids in the axial zone.

These rates are computed by the wall-to-bed, radiative, and convective heat transfer sub
models, respectively. In this energy balance, T s j.j is the bed temperature of the upstream
axial zone, AH is the heat of vaporization o f water, and m vj is rate o f water evaporation
from the bed calculated by the wall-to-bed heat transfer sub-model.
An energy balance on a zone of the gas phase in Region I gives

Tg,j 1W + .
m g-jc pg

m g,j-icpg(Tg,j-rTrei)+ m v,jc pV(Tsai" T ^-t- q &rad+ q g.conv

(7.2)
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where m g j is the mass flow rate o f the carrier gas leaving the zone. The heat transfer
rates

flg.rad

and flg .c o n v are the heat transfer rates to the gas phase calculated by the

radiative and convective heat transfer sub-models, respectively.
Region II. In Region II, the solids bed energy balance gives:
■
_ ■
f l w - b + fls,r a d + fls.rad
m water,) — m w ater,j-l ~
, „

AH

v ' •~>)

where m water j is the mass flow rate o f liquid water leaving the zone in the solids bed.
Recall that the bulk bed temperature is assumed to be T sat in Region II. The gas phase
energy balance in Region II is identical to Eqn. (7.2), where the water vapor entering the
gas stream is given by
m v ,j — ^ w a te r .j-l " ^ w a te r .j

(7 .4 )

Region III. In Region III, the solids bed temperature is given by Eqn. (7.1) with
the rate of evaporation, m v ■, equal to zero. The energy balance for the gas phase in
Region III yields
t

t

so~

, flg ,r a d + f lg .c o n v

s<j-i

------

tn

z \

lU g C p g

Sum m ary o f C om prehensive H eat T ransfer M odel
In this Chapter, the solution algorithm for the comprehensive heat transfer model
was discussed. The solution procedure is similar to previous heat transfer models since
energy balances on well-mixed solid and gas phases are used to calculate temperature
profiles. The energy balances o f the present model are distinguished by the inclusion o f
evaporation from the bed before the bed reaches the saturation temperature o f the
moisture. This is made possible by the wall-to-bed heat transfer model which predicts
both latent and sensible heating in this region. In the following chapter, experiments
performed to validate the comprehensive heat transfer model are discussed.

C hapter 8:

E xperim ental Facility and Procedure

In trod u ction
The heat transfer model developed in the preceding chapters is intended to predict
the heat transfer phenomena in a rotary desorber. To fully validate the predictions of the
heat transfer model, experimental data are required. These data must incorporate the
important model parameters varied over a sufficiently wide range. In particular, the
experimental data must include the effects o f the the following parameters: rotation rate,
initial moisture content of the solids bed, and the thermal contact resistance at the wall
(which is a function of particle size). Several studies in which experimental data are
reported were discussed in Chapter 2. W hile these data are useful, they are not sufficient
for validating all aspects of the present heat transfer model. To provide additional data, a
series of experiments was performed using the pilot-scale rotary kiln incinerator/desorber
located at the University o f Utah. By showing the effects o f the varied parameters, the
experiments also add to the understanding o f heat transfer in rotary desorbers. In this
chapter the experimental facility and the experiments performed to validate the heat
transfer model are described.
E xperim ental Facility
Schematic diagrams o f the University o f Utah rotary desorber are shown in
Figures 8.1 and 8.2. This pilot-scale desorber consists of a horizontal, refractory-lined
cylinder. The test section of the rotating cylinder is 61 cm in length and has an internal
diameter o f 61 cm. A variable speed m otor turns the cylinder about its axis via a chain
driver. The cylinder rotation rate can be varied between 0.1 and 2.0 rpm. The desorber
is heated by a natural gas/air support burner. Solid materials are loaded
through the loading gate shown in Figures 8.1 and 8.2; these solids form a bed in the test
section of the kiln.
Unlike most full-scale desorbers, this pilot-scale unit operates in a batch mode.
That is, materials do not continuously pass through the cylinder; when materials are
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introduced to the unit, they remain there until they are manually removed. This design
allows the transient response o f a charge of material to be monitored. This is equivalent
to monitoring a charge o f material as it moves along the axis o f a continuously fed rotary
desorber. Exhaust gases leave the kiln through an exit plenum.
The facility is designed to simulate both indirectly- and directly-fired desorbers.
The particular configuration is determined by the position of the support burner, which is
movable along the desorber axis. Since the heat transfer model does not include heat
transfer with an enclosed flame, it was necessary to minimize the direct heat exchange
between the burner flame and the bed. Thus, in these experiments the burner was
positioned so that the luminous flame was contained within the burner section. This
configuration approximates an indirectly-fired desorber in which the flame does not
directly participate in heat transfer with the desorber walls or the solids bed. The
operating temperature o f the desorber is controlled by air and fuel feed rates to the burner.
As shown in Figure 8.2, a bed temperature probe was used to measure the
temperature of the solids at various radial and axial locations. Details of this probe are
shown in Figure 8.3. It consists o f a section o f 1.91 cm stainless steel tubing which
passes through the fixed wall of the kiln, and extends to the edge o f the test section.
Contained within this tube are four 0.635 cm stainless steel tubes. The 0.635 cm tubes
are welded to the 1.91 cm tube, and the spaces between the tubes are sealed with high
temperature inorganic putty. Each o f these smaller tubes contains an ungrounded type K
thermocouple in a 0.3175 cm stainless steel sheath. These thermocouples extend
approximately 1.3 cm beyond the ends o f the 0.635 cm tubing and terminate at known
locations within the solids bed. The positions of the thermocouple tips are shown in
Figure 8.3. Thermocouples 1, 2, and 3 primarily indicate the radial temperature
variations in the bed, while thermocouple number 4, which is axially displaced from the
others, can be used to determine the axial uniformity of the the bed temperature.
Thermocouple number 2 is located approximately at the geometric center o f the bed. An
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additional type K thermocouple is positioned in the rotating wall of the test section,
approximately 0.318 cm below the inside surface o f the wall. This thermocouple is used
to measure the transient temperature of the rotating wall. As shown in Figure 8 .1, a
suction pyrometer is used to measure the temperature o f the gas flowing through the test
section of the kiln.
The velocity o f the gases flowing through the exit plenum o f the kiln is measured
using a pitot-static tube. The gas temperature at the pitot-static tube is also measured by a
type K thermocouple.
E xperim ental Procedure
Using the pilot-scale experimental facility, the experiments described in the
following discussion were performed to provide the required data. The parameters that
were varied in the experiments are the desorber rotation rate, the mass o f water added to
the charge, and the size o f the particles in the solids bed. The parameters that were
measured as a function of time are the bed temperatures, the wall temperature, the
freeboard gas temperature, and the velocity and temperature of the gas in the exit plenum.
These measured parameters provide sufficient information from which to calculate the
total heat transfer rate to the solids in the desorber and to infer the rate o f moisture
evaporation from the bed.
Four different particle sizes were used in these experiments, ranging from 0.60 to
3.2 mm. Pre-sorted silica particles were used for the smallest two particle sizes: 0.60
and 1.2 mm. Since silica particles larger than 1.2 mm are not commercially available,
non-sorted, course concrete sand was used to obtain samples o f the two larger particle
sizes: 2.0 and 3.2 mm. To achieve zero initial moisture content, the concrete sand was
dried in electrical oven at 150 to 200 °C for 3 to 12 hours. The dry concrete sand was
then sorted using a mechanically-agitated sieve tray assembly to yield the two desired
particle sizes. The important properties o f the four particles types are shown in Table 8.1.
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Also given are the bulk density and porosity o f granular beds consisting o f each particle
type.
T a b le 8.1 Particle and Bed Properties.
Avg.
Particle
Size
(mm)

Sand
Type

Particle
Density
(kg/m3)

Specific
Heat
(J/kg-K)

Bulk Bed
Density
(kg/m3)

Bed
Porosity

0 .6

Silica

2,630

770

1,280

.51

1.2

Silica

2,630

770

1,340

.49

2 .0

Concrete

2,500

760

1,230

.51

3.2

Concrete

2,500

760

1,240

.50

The data in Table 8 .1 were calculated from a series o f simple experiments. The
bulk densities were calculated from mass/volume measurement o f loosely pack beds of
the particles. While the exact packing conditions o f the beds in the rotary desorber are
unknown, the loose packing condition provides a repeatable condition on which to base
the bulk densities. In this way the relative magnitudes o f the bulk densities can be
determined. The bulk density values given in Table 8.1 are within approximately 10% o f
those given by Lehmberg et al. (1977). The particle densities were determined by
measuring the volume of water displaced by a known mass o f each sand type. The
specific heat values were determined from simple calorimetry experiments, and are in
good agreement with those given by Lehmberg et al. (1977). The porosities given in
Table 8.1 were calculated from the bulk and particle densities. Neglecting the mass o f the
interstitial gas, the porosity o f a granular bed o f solids is

e=l-—

(8 .1)

Pp
Experiments were perform ed at two rotation rates: 1 and 2 rpm. These will be
referred to as the slow and fast rotation rates, respectively. The following experimental
matrix was executed for each rotation rate. First, experiments were perform ed for each
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particle size using initially dry particles. Additional experiments were performed using
the two largest particle sizes (2.0 and 3.2 mm) with initial water loadings (percent by
mass, based on the mass of dry particles) o f 2, 5, and 7%. W hen water was added to the
charges of the two smaller-sized particle, the bed exhibited a slipping bed motion; thus,
only dry particles were used in the experiments involving these particle sizes. The mass
of the dry solids was 17.5 kg for each experiment.
The solids to be used in each experiment were weighed and stored in a sealed
container. For experiments in which m oist materials were to be used, the required mass
o f water was measured, and thoroughly m ixed with the dry solids just prior to the start of
the experiment.
Before the experiments were performed, the pitot-static tube was calibrated by
passing measured rates o f gas through the kiln and recording the resulting pitot-static tube
output. This was done with air only, and then with a combusting mixture o f fuel and air.
A linear calibration curve was developed that relates the pitot-static tube output voltage to
the pitot-static tube pressure differential. A traverse o f the transition section with the
pitot-static probe indicated that the turbulent flow through this section yields a uniform
velocity across the cross-section. The pitot-static tube was placed at the center of the
plenum cross-section for the duration o f the experiments. Calibration checks were made
several times during the course o f the experiments and once after the completion o f all
experiments.
Before the start o f the experiments, the air and fuel feed rates were adjusted to
provide an inside wall surface temperature o f approximately 300°C. The feed rates o f air
and fuel were 0.016 and 0.00021 kg/sec, respectively. The pressure inside the kiln was
maintained at the local atmospheric pressure. Air and fuel flow rates, temperatures, and
pressures were recorded before each experiment. These conditions were kept as constant
as possible throughout all o f the experiments.
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With the kiln at equilibrium, as indicated by constant wall and gas temperatures,
data acquisition was started to obtain a record o f baseline conditions. After one minute of
baseline data was recorded, the charge of solids was introduced to the kiln using the
following procedure. The loading gate was opened and a trough-shaped chute was
inserted into the desorber. The charge was poured downed the chute, landing near the
center of the desorber test section. The loading chute was removed and the blast gate was
closed.
The bed temperatures, suction pyrometer temperature, and pitot-static tube data
were recorded at frequency of 1 Hz using an Omega data acquisition board and a
Macintoch SE computer. Wall temperatures were recorded manually at four
circumferential locations for each desorber rotation. All data were recorded until the bed
temperature exhibited no further change. The bed motion was noted during the
experiment by observation through a site glass. W hen each experiment was complete, the
solids in the desorber were removed using a water-cooled vacuum system, and the
desorber was allowed to return to equilibrium before the next experiment was begun.
S u m m a ry
The experiments described in this chapter are designed to study the heat transfer to
a bed of solids in a pilot-scale rotary desorber. The independent variables of this
experimental study include the desorber rotation rate, the bed particle size, and the
moisture content of the solids bed. As described in Chapter 9, the results o f these
experiments provide insight into rotary desorber heat transfer that is very useful in
modeling this process. In addition, the experiments provide much needed data with
which to test models. In Chapter 10, comparisons are made between the experimental
results and predictions of the model developed in this work.

Chapter 9:

Experimental Results and Analysis

I n tr o d u c tio n
Although the primary objective o f the experiments described in Chapter 8 is to
provide data with which to validate the comprehensive heat transfer model, the
experimental data also provide important information about rotary desorber heat transfer.
In this chapter, the experimental data are discussed. Data analyses are performed in order
to examine the effects of rotation rate and particle size on heat transfer to the solids bed.
In addition, the degree of mixedness in the solids bed is evaluated, along with the effects
of imperfect mixing on wall-to-bed heat transfer. For the experiments involving wet
solids, evaporation rates from the bed are calculated and discussed. The results and
analyses o f the experiments in which dry particles were used are discussed first, followed
by a discussion o f the results from the experiments involving wet solids. In Chapter 10,
the experimental results and the model predictions are compared.
D ry S olids R esu lts
General Observations
First consider the results from the dry solids experiments. In these experiments,
the solids bed exhibited a rolling bed motion; a continuous flow o f particles down the
exposed surface of the bed was observed. A typical bed temperature profile from a dry
solids experiment is shown in Figure 9.1. Recall that thermocouples 1, 2, and 3 are
located at progressively further distances from the rotating wall. (See Figure 8.3.)
Thermocouple number 4 is at approximately the same radial distance from the wall as
thermocouple number 2, but is axially displaced. The measured bed temperatures indicate
that the bed is not perfectly mixed. In general, the bed temperatures decrease with
increasing distance from the wall. W hen one considers the fact that even the
thermocouple closest to the wall is outside o f the thermal penetration layer, it is apparent
that this phenomenon cannot be explained in terms o f heat conduction alone; the motion of
the bed particles and how they mix m ust also be considered.
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Figure 9.1 Typical measured transient bed temperatures for an initially dry solids bed.
The radial bed temperature profile shown in Figure 9.1 suggests that the bed
particles heated by the wall do not become perfecdy mixed with the remainder o f the bed.
Instead, the hot particles seem to return preferentially to the layer adjacent to the wall.
This results in a delay between the heating of the particles by the wall and the distribution
of heat to the core o f the bed. The measured radial temperature distribution is consistent
with the observations o f W achters and Kramers (1964). These authors noted that the bed
particles that pass near the wall tend to return to this layer, especially at high rotation
rates. As the bed temperature rises and the heat transfer rate to the bed decreases, the
mixing rate is sufficient to distribute the heat throughout the bed, and the measured bed
temperatures converge. The observed temperature distribution, which indicates that the
particles near the wall are at a higher temperature than the bulk of the bed, has
implications for the modeling of wall-to-bed heat transfer. These implications will be
quantified later in this chapter.
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Thermocouple number 4, which is axially displaced from the other bed
thermocouples, allows the axial uniformity o f the bed to be assessed. The axial
distribution observed in the experiments is dependent upon kiln-specific factors such as
end effects and loading procedures. In m ost cases, thermocouples 2 and 4, which are
located at approximately the same radial location, are in good agreement, indicating good
axial uniformity. Therefore, only thermocouples 1 through 3 will be considered in the
following discussion.
A typical wall temperature profile is shown in Figure 9.2. In general, the wall
temperature decreases after the solids are introduced into the desorber as energy stored in
the wall is transferred to the bed. Eventually, as the heat transfer rate from the wall to the
bed decreases, the wall is re-heated by the hot combustion gases. Although there is
significant variation in the wall temperature over die course o f an experiment, the change
in wall temperature over the period of a single wall rotation is small. The maximum rate
o f change in the measured wall temperature, which occurs at the beginning o f an
experiment, is approximately 2°C per revolution. Moreover, no cyclical changes in the
wall temperature were measured as the location o f the wall temperature thermocouple was
alternatively covered by the bed and exposed to the gas phase.
Data Analysis and Results
The objective o f the data analysis is to determine the effects o f the varied
experimental parameters on the heat transfer to the solids bed. A common basis is needed
in order to compare data from the different experiments. For example, although the initial
wall temperature was approximately the same for all o f the experiments, the wall
temperature over the course of a experiment is dependent upon the amount of energy
removed from the wall during a particular experiment. Thus, if only the bed temperature
profiles were compared between experiments, the analysis would not be complete, since
the driving wall temperature function is not the same in all experiments. In addition, the
different particle types produce beds having different bulk densities; thus, since the same
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Figure 9.2 Typical measured transient wall temperature.
solids mass was used in all o f the experiments, the volume and surface areas o f the solids
will differ between experiments. Since the wall-to-bed heat transfer is the dominant mode
o f heat transfer under the conditions of this study, the heat transfer coefficient between the
rotating wall and the solids bed was chosen as the parameter to use for comparing results.
This choice also allows comparisons to other studies. The calculation o f this heat transfer
coefficient is explained in the following discussion.
Calculation o f W all-to-Bed Heat Transfer Coefficients. The wall-to-bed heat
transfer coefficient is defined as follows:
h uf.h
Wb

fiw -b

A ,.,.[T .lti T j t

(9.1)

The wall-to-bed heat transfer rate, qw-b> is estimated from the experimental temperature
profiles. For the dry solids, the total rate o f change o f the thermal energy o f the bed is
dT.
fis

m sCps

^

(9.2)
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where Ts is the average temperature o f the bed and m s is the mass o f the solids bed. In
general, the bed will receive energy not only from the covered wall, but also from the gas
phase and the exposed wall via radiation and convection:
9 s - 9 w -b + 9 s,r a d + 9 s ,c o n v

(9.3)

where qs,rad and qs,conv are the total radiative and convective heat transfer rates to the
exposed surface of the bed. Substituting Eqns. (9.2) and (9.3) into Eqn. (9.1) gives
dT s
C ps ^

hw b=

" 9 s,r a d * 9 s ,c o n v

A w.b|T w- T s)

<9 4 >

Eqn. (9.4) was used to calculate the wall-to-bed heat transfer coefficients from the
experimentally measured bed temperature profiles. As explained in the following
discussion, qs,rad and qs,conv are calculated quantities, while Tw(t), T s(t), and dTg/dt are
determined from the experimental data. The quantities m s, cps, and Aw.b are known
properties o f the solids bed.
The radiative and convective heat transfer rates to the bed, qs,rad and qs,conv> are
calculated using the radiative and convective heat transfer sub-models described in
Chapter 6 and the experimentally measured wall, gas and bed temperatures. For these
calculations, the wall and bed emissivities were assumed to be 0.8 and 0.9, respectively
(Silcox, 1990 and 1993). Typically, the combined contribution o f the radiative and
convective heat transfer rates to the bed are only about 25% of the total heat transfer rate
to the bed. Linear interpolations were made between measured wall temperatures to
obtain a continuous wall temperature function.
As discussed previously, the experimentally measured bed temperatures indicate
that the bed is not perfectly mixed in the radial direction. Thus, several possible bed
temperature profiles, Ts(t), with which to define hw_b are available. To examine the effect
o f the imperfectly-mixed bed, the wall-to-bed heat transfer coefficients are first calculated
using the temperature measured by thermocouple number 2 as the representative bed
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temperature, and then calculated using thermocouple number 1. Thermocouple number 2
is approximately at the geometric center o f the bed, and is thus an indication o f the bulk
bed temperature. Such a bulk temperature has been used in previous studies (Tscheng
and W atkinson, 1979; W es et ah, 1976; Lehmberg et ah, 1977) to define a wall-to-bed
heat transfer coefficient. Thermocouple number 1, in contrast, is closer to the covered
wall; it is, however, outside of the thermal penetration layer that develops near the wall.
Thus, the heat transfer coefficient calculated using thermocouple number 1 is a better
indication o f heat transfer between the rotating wall and the adjacent particles; the effects
o f imperfect mixing are mostly removed.
In both cases, the temperatures measured by thermocouple number 2 are used to
determine the rate of bed heating, dTs/dt, required by Eqn. (9.4). This time derivative is
calculated from a fit of the experimental data. The form of this fit is derived by
considering an energy balance on a well-mixed bed that is being heated convectively and
radiatively by a wall, and convectively and radiatively by a gas:
= c , (Tw- T s| + c 2 |T e - T s) + c 3 ( t 1 - T ,) + c 4 (t< - T?)

(9.5)

where the constants c i, C2 , C3, and C4 contain the appropriate areas, heat transfer
coefficients, and exchange factors. The non-linearity in Eqn. (9.5) resulting from the
radiative heating terms can be eliminated by assuming that Ts(t) used in these terms is an
exponential function. In addition, over short time periods Tw and T g can be considered
constants. Making these assumptions and combining constants gives the following
differential equation:
(9.6)
The solution to Eqn. (9.6) is

(9. 7)
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Eqn. (9.7) was used to fit the bed temperature profiles measured by thermocouple number
2. The data were fit using the non-linear curve fitting routine in the KaleidaGraph data
analysis software package. Once the fit parameters, M i, M 2, M 3 , M 4 , and M 5, are
determined, dTs/dt follows from Eqn. (9.7). To avoid any transients associated with
loading the solids into the desorber, the first 200 to 300 seconds were not considered in
these curve fits. A typical fit o f the bed temperature data is shown in Figure 9.3. The
experimental data and the curve fit indistinguishable, indicating an excellent curve fit.
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F igure 9.3 Typical curve fit of experimentally measured bed temperatures.
Using Eqn. (9.4) and the considerations discussed above, wall-to-bed heat
transfer coefficients were calculated as a function of time over a 500 to 600 second period
during the initial bed heat-up for each experiment. As explained, the calculations were
performed first using thermocouple num ber 2 as the representative bed temperature, and
then repeated using thermocouple number 1. The calculated coefficients are
approximately constant with time for each experiment, as expected. The calculated heat
transfer coefficients were averaged for each experiment to obtain a single representative
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coefficient. The results of these calculations are given in Table 9.1 as a function of bed
particle type and rotation rate.
Table 9.1 W all-to-Bed Heat Transfer Coefficients Calculated From Experimental Data.
Particle Size/Tvpe

W all-to-Bed H eat Transfer Coefficients (W /m 2-K)
Thermocouple No. 2
Slow
Fast
Rotation Rate Rotation Rate

Thermocouple No. 1
Slow
Fast
Rotation Rate Rotation Rate

0.6 mm
Silica Sand

54.2

72.8

71.0

87.5

1.2 mm
Silica Sand

54.8

72.3

69.7

91.7

2.0 mm
Concrete Sand

75.4

81.7

102.8

109.3

3.2 mm
Concrete Sand

67.8

81.4

73.7

96.4

These results indicate that the wall-to-bed heat transfer coefficient increases with
increasing wall rotation rate. This in agreement with previous studies (Tscheng and
Watkinson, 1979) and predictions from penetration theory. The dependency on particle
type and size is less clear. A comparison o f the results for the two largest particles, which
are concrete sand particles, shows a general decrease in the wall-to-bed heat transfer
coefficient with increasing particle size, especially when the heat transfer coefficient is
calculated using thermocouple number 1. This is in agreement with the results of
Lehmberg et al. (1977), and is consistent with the prediction of Schlunder (1982) that the
thermal contact resistance increases with particles size. However, the wall-to-bed heat
transfer coefficients for the two silica particles (0 .6 and 1.2 mm sizes) are approximately
the same at both rotation rates. Moreover, the heat transfer coefficients for these particles
are less than those for the larger particles. This result indicates that factors other than
particle size may be important in predicting wall-to-bed heat transfer. This is discussed
further in Chapters 10 and 1 1.
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As expected, the wall-to-bed heat transfer coefficients calculated using
thermocouple number 1 as the representative bed temperature are greater than those based
on thermocouple number 2. On average the heat transfer coefficients based on
thermocouple number 2 are approximately 2 0 % lower than those based on thermocouple
number 1. The largest differences were noted for the 2.0 mm particle beds, which also
exhibited the widest radial distribution of temperature. These calculations show that a
wall-to-bed heat transfer coefficient based on an experimentally measured bulk bed
temperature may underestimate the effectiveness of the actual wall-to-bed heat transfer
process; such heat transfer coefficients include the effects o f imperfect bed mixing.
Moreover, bed mixing is dependent on bed and particle characteristics that are not well
understood. Thus, experimentally determined heat transfer coefficient should be applied
only in cases where the bed and particle motions are known to be similar to those o f the
experiment.
Now consider the implications o f an imperfectly-mixed bed for modeling wall-tobed heat transfer. The fact that the particles traveling near the wall have a higher
temperature than the particles in the bulk of the bed will affect the predicted wall-to-bed
heat transfer rate. That is, since the particles coming into contact with the wall are at a
higher temperature than most of the remainder of the bed, the wall-to-bed heat transfer
rate will be less than that predicted by assuming that all particles have the same, lower
temperature. From the results given in Table 9.1 and Eqn. (9.1), it is recognized that the
temperature difference between the wall and the bulk o f the bed is approximately 2 0 %
greater than the temperature difference between the wall and the immediately adjacent
particles. Therefore, a simple penetration model which assumes that the particles are at
the well-mixed bulk temperature o f the bed when they contact the wall will over-predict
the wall-to-bed heat transfer rate by approximately 2 0 % relative to the case where the
particles at the temperature measured by thermocouple number 1.
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Wet Solids Results
The results discussed in the previous sections were from the experiments in which
the solids particles were dry. As described in Chapter 8 , experiments were also
performed in which water was added to the solids before they were loaded into the
desorber. In this section the data from these latter experiments are analyzed and
discussed.
General Observations
Figure 9.4 shows data typical o f the experiments with water-laden solids.
Temperatures measured by the four bed thermocouples are shown along with the output
voltage from the pitot-static tube transducer. Consider first the bed temperature data.
Three time periods are evident, corresponding to Regions I, II, and III discussed in
Chapter 5: a period in which Ts < T sat, a constant temperature period (Ts = Tsat), and a
period in which Ts > T sat. However, imperfect bed mixing produces transition periods
between these main periods. This is particularly apparent in Region II, where the bed
temperature near the wall (as measured by thermocouple number 1) rises above that o f the
constant temperature period before the remainder o f the bed temperatures.
Thermocouples number 2 and 3 follow in succession. Again, this is significant because
the conditions near the wall control the wall-to-bed heat transfer. This will be discussed
later in this chapter. As with the dry bed temperature profiles, the temperatures are
generally uniform in the axial direction.
The pitot-static tube data shown in Figure 9.4 also provide very useful
information. Specifically, these data allow the calculation o f the evaporation rate o f water
from the solids bed. Details o f this analysis are given in the following section.
It should also be noted that the bed motion was different for the wet solids as
compared to the dry solids. When the solids were first loaded into the desorber, the bed
usually exhibited a slumping bed motion, with the following exceptions. In the
experiment using 2.0 mm particles with 2 % initial moisture at the fast rotation the bed
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F ig u re 9.4 Typical measured transient bed temperatures using initially wet solids,
exhibited a rolling bed motion similar to that observed for the dry particles. In the case
where 2.0 mm particles were used with 7% initial moisture at the slow rotation rate, the
bed initially exhibited a slipping bed motion. As the solids beds dried during the
experiments, the bed motion evolved into a rolling bed motion.
Data Analysis: Calculation of W ater Evaporation Rates
Using the recorded pitot-static tube output and the pitot-static tube calibration
function, the gas velocity in the desorber outlet plenum can be calculated. The mass flow
rate from the desorber can then be calculated from the temperature recorded at the pitotstatic tube and the ideal gas law. By subtracting the baseline mass flow rate (without
evaporation occurring) from the instantaneous total mass flow rate, the transient mass
flow rate of water evaporated from the bed can be estimated. In the following discussion,
the procedures used to filter the raw pitot-static tube output and to calculate the
instantaneous evaporation rate are explained.
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The recorded output voltage from the pitot-static tube has significant high
frequency fluctuations which are not relevant to estimating the evaporation rate. A
Fourier transform analysis was used to analyze the frequency spectra of the pitot-static
tube data and to filter the extraneous frequency components. A Discrete Fourier
Transform was first used to calculate the frequency spectrum for each experiment. To
determine which of the frequencies are related to the evaporation of water from the bed,
the total spectrum was compared to the spectrum found by analyzing baseline data
recorded while no evaporation was occurring. This comparison showed that the two
spectra deviated only at frequencies below approximately .016 Hz. The inverse Discrete
Fourier Transform was then used to reconstruct the pitot-static tube voltage, including
only frequencies below .016 Hz. This procedure produces relatively smooth pitot-static
tube voltage profiles, while not attenuating the fluctuations that result from water
evaporation.
The first step in calculating evaporation rates is to establish a baseline value for
the mass flow rate through the desorber. This requires baseline values for the pitot-static
tube output voltage and temperature. These were obtained by averaging the recorded
values over the final 1000 second period of each experiment.
The baseline voltage was used along with the pitot-static tube calibration curve to
determine the velocity in the outlet plenum. Using the ideal gas law, the baseline mass
flow rate exiting the desorber is then
p V eAe
m e = -¥ T -

(9.8)

where p is the kiln pressure, Ve and Te are the gas velocity and temperature measured in
the exit plenum, Ae is the cross-sectional area o f the exit plenum, and R is the ideal gas
constant of the exiting gas. The total mass flow rate at any other time is found in a similar
manner, using instantaneous values of the pitot-static tube output voltage and temperature.
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The evaporation rate is found by subtracting the baseline mass flow rate from the total
instantaneous mass flow rate.
An indication of the validity o f the evaporation rate calculations can be obtain by
checking the mass closure on the water introduced into the desorber. This is done by
integrating the calculated mass evaporation rate curve over time and comparing this result
to the mass of water added to the solids prior to the experiment. For each experiment, the
evaporation rate curve was numerically integrated over the time period for which positive
evaporation rates were calculated. The degree o f mass closure was calculated by dividing
the resulting water mass by the initial mass o f water. The results, expressed as percent
closure, are given in Table 9.2.
T able 9.2 Mass Closures of Calculated Evaporation Rates.
W ater Mass Closures (%)

Initial Moisture Content

2.0 mm Particles
Slow
Fast
Rotation
Rotation

3.2 mm Particles
Slow
Fast
Rotation_____ Rotation

2%

98

84

98

100

5%

88

99

105

81

7%

90

90

100

94

The degree of mass closure is very good considering the scale of the equipment, and
gives credibility to the evaporation rate calculation method.
Results and Discussion
Figures 9.5 through 9.8 show the experimentally measured bed temperature
profiles and the calculated water evaporation rates for each experimental condition.
Figures 9.5 and 9.6 show the results for the 3.2 mm particle beds, and Figures 9.7 and
9.8 show the results for the 2.0 mm particle beds. In Figure 9.7, the 7% initial moisture
case is not included since the bed exhibited a slipping bed motion at the slow rotation rate
with this moisture content and particle size.
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Figure 9.5 Solids bed temperatures and moisture evaporation rates from experiments
using 3.2 mm particles at the slow rotation rate.
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Figure 9.6 Solids bed temperatures and moisture evaporation rates from experiments
using 3.2 mm particles at the fast rotation rate.
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Figure 9.8 Solids bed temperatures and moisture evaporation rates from experiments
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The general characteristics and periods o f the temperature profdes are as discussed
previously. As expected, the constant-temperature period, Region II, increases in
duration with increasing initial moisture content. In fact, there is no distinct Region II
when the initial moisture is only 2%. That is, with a low initial moisture content, some
portion o f the bed is always experiencing sensible heating.
The temperature profiles shown in Figures 9.5 through 9.8 allow the radial
temperature distributions in the solids bed to be evaluated. Consider first the radial
temperature distributions in Region I. In Region I, the radial non-uniformities in bed
temperature are generally less than those observed for the experiments involving initially
dry beds. This may result from the different bed motions observed in the two cases. The
initially dry beds exhibited a rolling bed motion, while the initially wet beds exhibited a
slumping motion during the time in which water is being evaporated. This slumping
motion may more effectively "bury" the hot dry particles, preventing them from returning
to the layer near the wall.
In Region II, the calculated evaporation rates and the measured bed temperatures
suggest that the liquid water remaining in the bed during the drying process is not uniform
throughout the bed. The measured temperature profiles indicate that the particles nearest
the wall become dry before the remainder of the bed. Moreover, due to imperfect mixing,
these particles appear to remain dry.
In Region III, a much wider radial distribution o f temperatures is shown than in
Region I. Whereas the bed temperature is initially uniform, the non-uniform drying
causes some parts o f the bed to begin Region III before other parts. This results in a wide
radial distribution o f bed temperatures in Region III. As discussed for the results from
the experiments with initially dry solids beds, the hot particles near the rotating wall
decrease the heat transfer to the bed relative to the case where the bed is perfectly mixed.
A comparison of the temperature profiles for the 2.0 mm and 3.2 mm particle beds
shows that the beds of 3.2 mm particles had less radial temperature variations than the 2.0
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mm particle beds. Recall that a similar observations was made for the initially dry solids
beds. This phenomenon may be due to slight differences in the motions o f the beds
consisting of the two particle sizes.
Now consider the evaporation rates shown in Figures 9.5 through 9.8. First, it is
important to note that a significant amount of evaporation occurs before the bulk of the
bed reaches the saturation temperature o f the moisture. For the cases with an initial
moisture content o f 2%, an average of 39% of the initial mass of water was evaporated
before the first thermocouple reached the constant-temperature period. Similarly,
averages o f 29% and 26% of the initial mass o f water was evaporated in Region I for the
5% and 7% initial moisture cases, respectively. This phenomena is included in the wallto-bed heat transfer model described in Chapter 5, but has been neglected in previous
modeling attempts. It is clear from these results that, if evaporation in Region I is
neglected, predictions o f bed temperatures may be very inaccurate.
The evaporation rates increase throughout Region I, reaching a peak at the
beginning o f Region II. The evaporation rates then decrease in Region II, and return to
zero as the temperature measured by thermocouple number 3 begins to rise above the
saturation temperature. Comparing the evaporation rate curves in each figure shows that
the evaporation rates generally increase with an increase in the original moisture fraction.
S u m m a ry
In summary, several observations were made from the experimental data and the
parameters calculated from these data. The results from the experiments with dry solids
demonstrate the importance of bed mixing. The experimentally measured radial
temperature distributions were discussed. The calculated wall-to-bed heat transfer
coefficients were used to quantify the effects of imperfect mixing on wall-to-bed heat
transfer. These calculations also revealed an increase in the wall-to-bed heat transfer
coefficient with increasing rotation rate. A small dependency on particle size was also
observed.
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The results from the experiment involving initially wet solids are very significant.
First, the measured bed temperatures were generally characterized by the three regions
discussed in Chapter 5. The measured radial temperature distributions were discussed in
terms o f the observed bed motions.
The evaporation o f water from the bed is of particular interest. The ability to
calculate the water evaporation rate from the experimental measurements provides insight
that cannot be obtain from the bed temperatures alone. For example, these calculations
show that the evaporation rate is relatively high even before the bulk temperature of bed
reaches the water saturation temperature. The calculated evaporation rates and the
measured bed temperatures in Region II suggest that the liquid water remaining in the bed
during the drying process is not uniform throughout the bed. The measured temperature
profiles in Region II indicate that the particles nearest the wall become dry before the
remainder of the bed, and are not re-wetted by other particles with higher moisture
loadings. This non-uniform drying process has implications for the modeling o f wall-tobed heat transfer and the prediction o f evaporation rates. These implications are discussed
in Chapter 10, where the predictions of the comprehensive heat transfer model are
compared to the experimental results.

C hapter 10: M odel V alidation
C om parisons o f E xperim ental D ata w ith H eat T ransfer M odel Predictions
In trod u ction
In this chapter, the results of the experiments described in Chapter 8 are compared
to predictions of the comprehensive heat transfer model. For the cases where the solids
are initially dry, the important comparison is between the measured and predicted bed
temperature profiles. In the cases where the solids are initially wet, the transient moisture
contents of the solids and the rates of water evaporation from the bed must be compared,
along with the bed temperature profiles. Before these comparisons are made, however,
the comprehensive heat transfer model must be adapted for use with the batch-type
desorber used in the experimental studies. This is done in the following section, followed
by the comparisons between the model predictions and the experimental results.
A pplication o f Heat T ransfer M odel to a Batch Desorber
The comprehensive heat transfer model described in Chapter 7 is based on zonal
energy balances. In this model, the desorber is divided into axial zones through which
materials flow. Energy balances are performed on the materials passing through each
zone in order to determine the temperatures in each zone. The pilot-scale desorber used
for the experimental portion of this research, in contrast, operates in a batch mode. That
is, a charge of solids is loaded into the desorber and is heated over time; the solids do not
flow through the experimental desorber. As discussed in Chapter 8 , the transient
response o f the charge o f solids is equivalent to that o f a mass of solids moving axially
through a continuously fed unit; axial variations are replaced by time-dependent
variations. An energy balance on a solids bed, assumed to be well-mixed, in the batchtype system yields
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where the subscript j corresponds to the current time, and At is the time increment
between calculations. Again, this is analogous to the energy balance o f the continuously
fed desorber given by Eqn. (7.1). As described in Chapter 7, the various heat transfer
sub-models provide the required heat transferrates in Eqn. (10.1). Note that Eqn. (10.1)
is the general case, including both latent and sensible heating o f the bed.
The gas phase, on the other hand, does continuously flow through the pilot-scale
desorber used in the experiments. The gas phase o f this desorber is approximately
equivalent to a single axial zone in a continuously fed desorber. Thus, the gas and
exposed wall are each represented by a single temperature. In order to validate the model
predictions for the gas phase, it would be necessary to specify an inlet gas temperature,
and then compare the measured outlet gas temperature to that predicted by the model.
However, since the change in gas temperature across the test section is negligible, the
results of such a validation would be highly uncertain. Thus the measured gas
temperature was used as an input to the model, and prediction of the gas temperature was
not attempted.
Besides the replacement o f axial variations with time dependent variations, all
other aspects o f the heat transfer model are the same as those described in Chapters 5
through 7. The information that was used as input to the model during validation is
described in the following section.
Input Param eters
The heat transfer model requires input parameters which specify the operating
conditions during each experiment. The following parameters, which were measured
during the experiments, were specified as input values for the model: the transient wall
and gas temperatures, the inlet fuel and air flow rates, the initial temperature o f the solids,
the mass of the solids charge, the mass o f water added to the solids, and the wall rotation
rate. The particle and bed properties given in Table 8.1 were also specified. In addition,
the correlation of Krupiczka (1967) was used to estimate the thermal conductivities of the
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solids beds. The thermal conductivity o f the sand particles is assumed to be 1.86 W /m2K (Krupiczka, 1967), and the specific heats o f the particles are assumed to be those listed
in Table 8.1. Since the particles used in the experiments are angular and non-spherical,
the expression derived by Malhotra and M ujumdar (1990), was used to calculate the
contact heat transfer coefficient. This expression assumes that the bed particles are
rectangular slabs with one edge in contact with the wall. Following the recommendation
o f Schlunder (1982), sr was assumed to be zero. The exposed surface o f the solids bed
and the exposed wall surfaces were again assumed to have emissivities o f 0.9 and 0.8,
respectively (Silcox et al., 1990 and 1993).
C om parison o f T em perature P rofiles:

D ry Solids

The importance of the bed temperature profile on the desorption o f contaminants
was discussed in Chapter 1. In this section, the ability o f the proposed heat transfer
model to predict these profiles for initially dry solids is evaluated by comparisons with the
experimental data.
Results and Discussion
The comparisons of the experimentally measured temperature profiles and those
predicted by the heat transfer model for the dry solids are shown in Figures 10.1 through
10.4. Each figure corresponds to a different particle type; the results for both rotation
rates are shown in each figure.
As shown in Figure 10.1, the heat transfer model is successful in predicting the
bed temperature profiles for beds o f the largest (3.2 mm) particles. The results for the 2.0
mm particles shown in Figure 10.2 show that the predicted temperature profiles are in
approximate agreement with the measured temperatures, given the relatively wide
distribution of measured temperatures. Comparing the slopes of the measured and
predicted temperature profiles in Figure 10.2, however, shows that the rate of heat
transfer is over-predicted for the 2.0 mm particle beds. This observation can be partially
explained by the fact that the bed temperature is less uniform in the radial direction for the
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2.0 mm particle beds than for the 3.2 mm particle beds. Higher bed temperatures near the
wall will produce lower heat transfer rates than those calculated assuming that the bed is
perfectly mixed. However, the fact that the model successfully predicts the temperature
profiles for the 3.2 mm particles, but significandy overpredicts the heat transfer rate to the
solids for the 2 .0 mm particles suggests that the model overpredicts the particle size
dependency.
The same comparisons for beds o f the two smaller particles, given in Figures 10.3
and 10.4, show less agreement between the measured and predicted temperature profiles.
That is, the overprediction o f the heat transfer rate to the bed increases as the particle size
decreases. This is further evidence that the model does not correctly predict the
dependency of the bed heat transfer rate on the size o f the bed particles. Since the particle
size is used in the model to calculate the wall contact heat transfer coefficient, the
dependency o f this parameter on particle size must be examined. In Chapter 11, it is
shown that the parameter sr can greatly affect the dependency o f the contact heat transfer
coefficient on the particle size. In addition, Malhotra and M ujumdar (1990) have
demonstrated the high sensitivity o f the contact heat transfer coefficient to particle shape.
This is explained in more detail in Chapter 11.
In summary, two important considerations can be identified from the comparisons
between the predicted and measured dry bed temperature profiles. First, the method used
to calculate the contact heat transfer coefficient at the wall overpredicts the importance of
bed particle size. The uncertainty in the contact heat transfer coefficient is believed to be
primarily caused by uncertainties in the particle shape and in sr. The effects o f particle
size and sr are examined in more detail in Chapter 11. Secondly, the overprediction o f the
bed heat transfer rate for the smaller particles is partially due the imperfect bed mixing
described in Chapter 9.
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C om parison o f T em perature and M oisture Profiles:

W et Solids

When the feed solids to a desorber contain moisture, the transient moisture content
and the moisture evaporation rate must be considered, since these will affect both the total
heat transfer to the bed and the general character o f the bed temperature profile. In
addition, recent studies (Larsen, 1993 and W alker, 1992) have shown that the moisture
content alone may affect the contaminant desorption rate. Thus, in addition to comparing
the experimental and predicted temperature profiles, the moisture fraction and evaporation
rate profiles predicted by the model are also compared to the experimental results. The
results of these comparisons are described in the following discussion.
Results and Discussion
Temperature and Moisture Fraction Profiles. Figures 10.5 through 10.8 compare
the experimental and predicted temperature and moisture profiles. The results for the 3.2
mm particle beds are shown in Figures 10.5 and 10.6, while those for the 2.0 mm particle
beds are shown in Figure 10.7 and 10.8. The experimental moisture content at any
instant is calculated from the experimental evaporation rate curves (Figures 9.5 through
9.8). This is done by integrating the evaporation rate curve from the beginning o f the
experiment to the time of interest and subtracting the result from the initial mas of water
added to the solids.
First consider the predicted and m easured temperature and moisture profiles in
Region I. Recall that Region I is defined by a bulk bed temperature less than the
saturation temperature of the water. For all particle sizes, rotation rates, and initial
moisture contents, the predicted and measured temperature profiles in Region I show very
good agreement. For the cases using 3.2 mm particles, the predicted moisture contents
are usually greater than those calculated from the experimental data. The results for the
2 .0 mm particle beds show excellent agreement between the predicted and experimental

moisture contents in Region I.
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Since Region II is prim aril}' a period o f evaporation, the results for this region can
best be evaluated by considering the predicted and experimental evaporation rates. This
will be done in the following section. However, it can be noted from Figures 10.5 and
10.6 that the model accurately predicts the end o f Region II for the 3.2 mm particles, but
prematurely predicts the end of Region II for the 2.0 mm particles. Again, it is noted that
the 3.2 mm particle beds have a more uniform radial temperature distribution than the 2.0
mm particle beds. This may partially offset the effects of particle size on the contact heat
transfer coefficient.
Evaporation Rates. Figures 10.9 through 10.12 compare the experimental and
predicted evaporation rates. The results for the 2.0 mm particle beds are shown in Figure
10.9 and 10.10, while those for the 3.2 mm particle beds are shown in Figures 10.11 and

10 . 12 .
Consider first the predicted and experimental evaporation rates for the 3.2 mm
particle beds (Figures 10.9 and 10.10). Both the experimental results and the model
predictions indicate that the evaporation rate increases throughout Region I, reaches a
maximum value at the beginning o f Region II, and decreases throughout Region II. From
Figures 10.9 and 10.10 it is seen that the model underpredicts the evaporation rate in
Region I, except for the 2% initial moisture case at the slow rotation rate. However, in
Region II the evaporation rate is generally overpredicted. For the highest initial moisture
cases the peak evaporation rates are accurately predicted; however, the dependency o f the
peak evaporation rate on the initial moisture content is underpredicted by the model,
resulting in an overprediction of the evaporation rate at the beginning of Region II for the
2 and 5% initial moisture cases. Moreover, in all cases the predicted decrease in the
evaporation rates in Region II is much less than that observed experimentally. As
discussed later in this chapter, this deviation may be due to non-uniform drying in Region
II. The overprediction of the evaporation rates in Region II coupled with the under
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prediction in Region I results in the accurate estimation of the end o f Region II noted in
the discussion of the temperature profiles for the 3.2 mm particle beds.
The predicted and experimental evaporation rates for the 2.0 mm particle beds are
in better agreement in Region I than those for the 3.2 mm particle beds, as shown in
Figures 10.11 and 10.12. Again, however, the evaporation rates are over-predicted in
Region II for the 2.0 mm particles. This results in the underprediction o f the duration of
Region II for beds o f these particles.
M odifications for N on-U niform M oisture D istribution
While the evaporation rate predictions in Region I are generally good, the model
over-predicts the evaporation rate in Region II. In this section, the assumptions made in
the heat transfer model for Region II are modified to allow for a non-uniform distribution
o f moisture.
As discussed in Chapter 2, Schliinder and M ollekopf (1984) have suggested that
the moisture content in a mechanically agitated bed o f solids does not remain uniform.
Schliinder and M ollekopf (1984) postulate that initially wet particles which are heated and
dried by a surface and subsequently mixed with the remainder o f the bed retain their
excess temperature (relative to the moist particles), and contribute to the sensible heating
of the bed. That is, instead of assuming that all o f the heat transferred to the bed results in
moisture evaporation (as was done to generate the results of the previous section),
Schliinder and M ollekopf (1984) assume that only heat conducted to the moving phasechange interface result in evaporation. The remainder o f the heat transferred to the solids
is assumed to raise the bulk temperature o f the bed.
In the experimental results discussed in Chapter 9, a constant temperature period
was observed in all but the lowest initial moisture cases. This result is not consistent with
the Schliinder and M ollekopf (1984) approach, since sensible heating would be allowed
throughout Region II. However, it is important to note that sensible heating is observed
first by the thermocouple nearest the wall. Thus, particles moving between the wall and
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this thermocouple may be heated above the saturation temperature before sensible heating
was observed by the bed thermocouples.
In order to evaluate the assumption made by Schliinder and M ollekopf (1984), the
model results were re-calculated, allowing for both latent and sensible heating in Region
II (where Region II is now defined by bed temperatures greater than the saturation
temperature and a moisture content greater than zero). The wall-to-bed heat transfer
model used to calculate the total heat transfer rate from the wall to the solids is the same as
that used in the previous calculations. The results using the modified assumptions for
Region II are given in the following discussion.
Results and Discussion
Temperature and Moisture Content Profiles. The bed temperature and moisture
profiles predicted using the described modifications are shown with the experimental
results in Figures 10.13 through 10.16.
Note that the calculated temperature profiles no longer exhibit a constant
temperature period. That is, when sensible heat is included in Region II, the predicted
bed temperature rises above the water saturation temperature. Thus, the predicted bed
temperatures are usually higher than the measured bed temperatures in this region.
However, since only part of the heat transferred to the bed is assumed to be latent energy,
Region II is extended relative to the case where all heat is applied toward evaporation.
Therefore, the beginning o f Region III is delayed, and the overall agreement o f the
predicted and experimental temperature profiles is similar to that o f the original model.
The same observations discussed for Figures 10.5 through 10.8 apply to Figures
10.13 through 10.16. That is, the modified model also overpredicts the dependency of
particle size on the temperature profiles.
Evaporation Rates. The predicted evaporation rates using the described
modifications are shown with the experimental results in Figures 10.17 through 10.20.
The calculated evaporation rates shown in these figures agree much better with the
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experimental evaporation rates than do those found assuming all heat transferred to the
solids in Region II results in evaporation. In particular, the evaporation rates approach
zero as the moisture contents of the bed also approach zero. This is in agreement with the
experimental results. Recall that the predicted evaporation rates shown in Figures 10.9
through 10.12 remain relatively high even at low moisture contents. The evaporation rate
predicted using the modified model for Region II also more accurately predicts the
dependency o f the peak evaporation rate on the initial moisture content. However, the
modified model generally overpredicts the evaporation rate in Region II, though not as
severely as the original model.
While no model which is based on the assumption o f a well-mixed bed can be
expected to match the results from a imperfectly-mixed bed, the modified model more
closely approximates the experimental observations.

Summary
The comparisons between the experimental data and the model predictions show
that the model is capable of predicting the general characteristics o f the heat transfer
phenomena under the studied conditions. For the cases in which the solids are initially
dry, the comparisons between model and experiment are good for the two largest
particles. However, the comparisons for the two smallest particle beds show less
agreement, indicating that the model overestimates the effect o f the particle size. This
trend was also observed for the cases where water was added to the solids bed, and is
investigated further in the next chapter.
In general, for the initially wet solids, agreement between the experimental and
predicted temperature and moisture profiles is good in Region I. However, the
evaporation rates were overpredicted in Region II. The model in this region was modified
in order to allow for sensible heating resulting from non-uniform distributions of
temperature and moisture. The modified model yields lower evaporation rates in Region
II which are in better agreement with the experimentally-determined evaporation rates.

Chapter 11:

Sensitivity and Parametric Studies

In trod u ction
The purpose of this chapter is to discuss sensitivity studies for the model results
given in Chapter 10. Potentially important parameters or parameters with inherent
uncertainties were identified throughout the preceding chapters. The following studies are
discussed in this chapter: a study o f the relative importance o f the heat transfer
mechanisms, a study o f the factors influencing the contact heat transfer coefficient, and a
study of the sensitivity of the calculated heat transfer rates to the specified radiative
properties.
C om parison o f H eat T ransfer R ates
As mentioned throughout this document, previous work (Owens et al., 1991) has
suggested that the primary mode o f heat transfer to the solids bed at relatively low
temperatures (wall temperature ~ 300°C) is from the covered wall to the adjacent bed.
The comprehensive model developed in the present work allows the various heat transfer
rates to the bed to be compared, so that this finding can be tested. This study is important
since the model of the present work uses different approaches than the previous models to
calculate the heat transfer rates. For example, this model includes the real gas effects in
the the radiation sub-model, whereas the model o f Owens et al. (1991) assumes the gases
to be gray. In the course of executing the heat transfer model for each experimental
condition, the various heat transfer rates were calculated by the heat transfer sub-models.
These heat transfer rates are shown in Figure 11.1 for a set o f typical conditions (2.0 mm
dry particles at the fast rotation rate). In this figure, the following heat transfer rates are
compared: the rate o f heat transfer from the covered wall to the adjacent bed, the net
radiative rate to the bed, and the net convective rate to the bed. The fraction o f the total
heat transfer rate to the bed contributed by each path is represented by the shaded areas.
Wall-to-bed heat transfer accounts for 75% of the total calculated energy transferred to the
bed, while radiative and convective heat transfer account for 15% and 10%, respectively.
184

185

The same analyses for the other operating conditions considered in this work, including
those involving wet solids, give similar results. Thus, wall-to-bed heat transfer is the
most significant heat transfer mechanism under the conditions used in this study.
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Figure 11.1 Comparison of typical heat transfer rates to the bed.
Sensitivities to Particle Size and Shape
As discussed in Chapter 10, the heat transfer model generally overpredicts the
dependency of the bed heat transfer rate on the bed particle size. In this section, several
parameters that affect the contact heat transfer coefficient, which is the only variable in the
model dependent on particle size, are examined. First, the effects o f particle shape on the
contact heat transfer coefficient and the overall wall-to-bed heat transfer coefficient are
discussed. Then the effect of the sum of the wall and particle roughnesses, sr, on the
contact heat transfer coefficient is investigated.
As discussed in Chapter 2, contact heat transfer coefficients have been calculated
for a number o f particle shapes. Schliinder (1982) proposes an expression for spherical
particles, while Malhotra and M ujumdar (1990) have presented analogous equations for
ellipsoidal and slab-shaped particles. Table 11.1 compares the contact heat transfer
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T able 11.1 Heat Transfer Coefficients for Various Particle Sizes and Shapes.
Particle Size
(mm)

0 .6

1.2

2 .0

3.2

Particle Shape

Contact Heat
Transfer
Coefficient
(W /m 2-K)

Average Wall-to-Bed
Heat Transfer
Coefficient
(W/m 2 -K)

Sphere

687.4 (Eqn. 2.18)

145.8

Slab on Edge

496.2 (Eqn. 2.20)

130.7

Sphere

410.3

136.2

Slab on Edge

281.4

1 2 0.8

Sphere

261.0

111.1

Slab on Edge

180.0

94.2

Sphere

182.4

95.7

Slab on Edge

122.7

76.7

coefficients calculated using the Schliinder (1982) equation for spherical particles, Eqn.
(2.18), and those calculated using the M alhotra and Mujurndar (1990) equation for
rectangular particles with one edge in contact with the wall, Eqn. (2.20). In addition, the
corresponding values of the overall wall-to-bed heat transfer coefficient, h w.b, are given.
These values of h w_b are calculated using Eqn. (2.5) and correspond to the fast rotation
rate (2.0 rpm). Properties used in these calculations are based on wall and bulk bed
temperatures o f 275 °C and and 175 °C, respectively. For these calculations, it is
assumed that the roughness parameter, sr, is zero.
Both calculation methods show a large variation in the contact heat transfer
coefficient, hc , over the particle sizes considered, resulting in a significant variation in the
overall wall-to-bed heat transfer coefficient, h w_b. Moreover, the sensitivity to particle
shape is demonstrated by comparing the values of h w„b resulting from the two methods;
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the wall-to-bed heat transfer coefficients based on the spherical geometry are 12 to 25%
greater than those based on the slab geometry.
In addition to particle shape, Malhotra and M ujumdar (1991a) have identified the
sum of the particle and surface roughnesses, sr, as an important parameter in calculating
the contact heat transfer coefficient. Using the Malhotra and M ujumdar (1990) equation
for a slab on its edge, the contact heat transfer coefficient was calculated as a function of
particle size for several values o f sr. The results are shown in Figure 11.2.
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F igure 11.2 Contact heat transfer coefficients calculated using slab-on-edge geometry
for several values o f the roughness parameter, sr.
As expected, the calculated contact heat transfer coefficient increases with
decreasing particle size. However, the variations in the contact heat transfer coefficient
decrease with increasing values o f sr. Thus, for larger values o f sr the particle-size
dependency o f the overall heat transfer rate to the bed will be smaller, as was observed in
the experimental results.
While Schliinder (1982) recommends using sr = 0 (to compensate for particle
deformation), Malhotra and Mujumdar (1991a) report that using a value o f sr that is onehalf the actual roughness dimension yields results which agree with their experimental
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data. Thus, even if the actual roughness is known, there is uncertainty in the in situ value
o f sr. As noted by Malhotra and M ujumdar (1991a), the uncertainty in sr and particle
deformation is a major limitation o f using this approach to calculate hc.
In many cases, the wall surface roughness may be large relative to that of the
particles. In these cases, sr would become a characteristic o f the particular facility used.
When the particle roughness is large or similar to the surface roughness, it may be
necessary to characterize in situ values o f sr through fundamental experimental studies.
Such studies should be designed so that they isolate the wall-to-bed heat transfer process
and do not include the effects o f bed mixing.
Sen sitivities to R adiative P rop erties
Although radiation is o f secondary importance under the conditions studied in this
research, it is important to examine the sensitivity o f the model predictions to the radiative
properties used in the calculations. These properties may become very significant at
higher temperatures, where the effects o f radiation increase. In this section, sensitivities
to wall, bed, and gas emissivities are discussed. The sensitivities o f the total heat transfer
rate to the bed and o f the radiative heat transfer rate to the bed are both discussed. These
sensitivity analyses were calculated using the operating conditions of the experiments with
the 2.0 mm dry particles at the fast rotation rate. As was done in Chapter 10, the
calculations are begun 200 seconds after the start o f the loading procedure. In the
following discussion, the conditions at this time will be referred to as the initial
conditions.
The sensitivity o f the total bed heat transfer rate to the wall emissivity is shown in
Figure 11.3. Clearly, the calculated bed heat transfer rate is insensitive to changes in the
wall emissivity, as the curves are nearly indistinguishable. The initial difference in the
calculated heat transfer rate over the range o f wall emissivities shown is 181 W, or 2.3%.
The low sensitivity is due partly to the low radiative heat transfer rate relative to the wallto-bed heat transfer rate as shown in Figure 11.1.
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F ig u re 11.3 Calculated total heat transfer rates to the solids bed for various wall
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To examine the effects of wall emissivity more closely, the sensitivity to only the
radiative bed heat transfer rate can be determined. This sensitivity is shown in Figure
11.4. When only the radiative heat transfer rate to the bed is considered, the range o f bed
emissivities studied produces an initial variation in this heat transfer rate of 2 2 %.
Similar results were found for the sensitivity to the bed emissivity. These results
are shown in Figures 11.5 and 11.6. Again, the sensitivity o f the total heat transfer rate
to the bed is small; the range of wall emissivities shown produces an initial variation of
410 W, or 5%, in the total heat transfer rate to the bed. However, varying the bed
emissivity over the same range initially changes the radiative heat transfer rate to the bed
62% as shown in Figure 11.6.
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The sensitivity o f the total bed heat transfer rate to the gas emissivity is shown in
Figure 11.7. A wide range of gas emissivities are included, since the gas composition in
rotary desorbers may vary from a non-participating mixture o f gases to a sooting gas
environment in which the emissivity may approach unity. For the experiments
discussed in Chapter 8 , the calculated gas phase emissivity is approximately 0.1, although
some variability was found as the fraction o f water vapor in the gas phase
changed. Increasing the gas phase emissivity from 0.1 to 1.0 increases the initial total
heat transfer rate to the bed by 1587 W, or 20%, as shown in Figure 11.7. This
corresponds to a 158% change in the radiative heat transfer rate to the bed, as shown in
Figure 11.8. Thus, while the gas emissivity does not play a large role in predicting the
heat transfer rate to the solids bed under the conditions used in this study, it may become
very important at higher temperatures where radiation is the predominant mode o f heat
transfer.
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Summary
The important conclusions from the studies presented in the chapter can be
summarized as follows.
The comparison of the various heat transfer rates to the bed demonstrates the
importance of the wall-to-bed heat transfer mechanism under the conditions studied. This
is in agreement with previous studies (Owens et al., 1991).
To investigate the overprediction o f the the particle size dependency, the
parameters influencing the contact heat transfer coefficient were studied. Shape and
roughness parameters were identified as important parameters in correctly predicting the
effects o f the particle size on the heat transfer rate to the bed. However, further
experimental studies are necessary in order to determine the most appropriate in situ
values o f the roughness parameter, sr. Determination o f this parameter is difficult since it
is dependent on both particle and wall surface characteristics.
The sensitivities of the model results to the emissivities o f the wall, bed, and gas
were shown to be small. This is due in large part to the relatively low radiative heat
transfer rates to the bed under the conditions studied. However, the dependency o f the
radiative heat transfer rate to the bed on the gas phase emissivity suggests that, under
conditions where radiative heat transfer is more important (e.g. in high temperature
desorbers or incinerators), the gas emissivity may become a key parameter.

Chapter 12:

Summary, Conclusions and Recommendations

Sum m ary o f W ork
This work has been intended to increase the understanding of heat transfer in
rotary desorbers. This understanding is necessitated by the strong dependency o f
contaminant desorption rates on the time-temperature history o f soils being treated by
thermal desorption. The work has involved detailed modeling o f rotary desorber heat
transfer processes, experimental studies on a pilot-scale facility, and computational
studies to evaluate the influence of a number o f parameters.
The many simultaneous heat transfer phenomena occurring in a rotary desorber
result in a complex problem. The approach taken in the model development o f this
research has been comprehensive, yet has emphasized the most important phenomena.
Thus, the heat transfer between the rotating wall and solids bed has been examined in
detail, as has the evaporation of moisture from the solids bed. Other heat transfer paths
have been included, but the methods used are largely those of previous investigators.
Experiments were performed on a pilot-scale rotary desorber. These experiments
serve several purposes: they provide data with which to compare to predictions of the
comprehensive heat transfer model, they provide information regarding the effects of
variables such as rotation rate, particle size and moisture content, and they allow common
modeling assumptions, such as the assumption that the solids bed is perfectly mixed, to
be evaluated.
The parametric studies discussed in Chapter 4 investigate the influence o f bed
moisture and circumferential wall temperature variations on the calculated wall-to-bed heat
transfer rate, and provide the foundation o f the wall-to-bed heat transfer sub-model that is
developed in Chapter 5. Additional parametric studies are presented in Chapter 11.
These studies investigate the effects o f changes in the input parameters on the model
results. They offer possible explanations for deviations between experimental results and
model predictions, and help to determine the limitations o f the proposed model.
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C onclusions
A number o f important conclusion can be drawn from this work. These are
summarized in the following discussion.
From the literature review given in Chapter 2, the current state o f understanding o f
rotary desorber heat transfer can be assessed. M ost o f the previous wall-to-bed models
utilize penetration theory and the assumption that particles heated by the wall become
well-mixed with the remainder o f the bed. Similar approaches have been used for
flowing, agitated, and fluidized particle beds. The effects o f moisture on wall-to-bed heat
transfer in rotary desorbers have largely been unexamined. However, other situations
involving phase-change processes in porous media have been studied, and a review o f
this work suggests methods that can be used to solve the problem o f wall-to-bed heat
transfer with evaporation near the heated wall. Most comprehensive heat transfer models
for rotary kilns and desorbers which include radiation heat transfer do so by assuming the
gas phase to be radiatively gray. One radiation heat transfer model which treats the gas
phase as a real gas was reviewed. Convective heat transfer between the gas phase and the
desorber wall and between the gas phase and the solids bed is not well understood.
Several experimental studies are presented in the literature. Based on these studies,
correlations which can be used to model these convective heat transfer processes have
been developed.
In Chapter 4, prior to the model development, the effects o f several parameters on
wall-to-bed heat transfer were considered. A Stefan-type analysis suggests that the
effects of moisture on wall-to-bed heat transfer can be neglected only for large values of
Ste'. An extension of the penetration theory to include a non-isothermal boundary
condition predicts that the calculated wall-to-bed heat transfer rate may be in error by more
than 10 % if the decrease in the relative wall temperature under the solids bed is greater
than 12%. In addition, the heat-balance integral method can be used to include both the
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effects o f evaporation near the heated surface and the effects a thermal contact resistance at
the surface.
As discussed in Chapter 9, the experimental data provide much insight into rotary
desorber heat transfer. The experimentally measured radial temperature profiles for the
initially dry solids allow the particle motion in the bed to be inferred. The temperatures
measured by the thermocouple closest to the wall were greater than those measuring the
bed temperature near the center o f the bed. This suggests that the particles that are heated
by the wall do not mix completely with the remainder o f the bed, but rather, preferentially
return to a layer near the wall. This is an important finding since it is the temperature of
the particles that contact the wall that determines the rate o f heat transfer between the wall
and the solids bed. Calculated wall-to-bed heat transfer coefficients are used to quantify
the effects o f imperfect mixing on wall-to-bed heat transfer. The hotter particles near the
wall will reduce the wall-to-bed heat transfer rate relative to the case of a perfectly-mixed
bed. These calculations also reveal an increase in the wall-to-bed heat transfer coefficient
with increasing rotation rate, and a small dependency on particle size.
The measured bed temperatures for the initially wet solids are generally
characterized by the three time periods: a period in which Ts < T sat (Region I), a constant
temperature period in which Ts = Tsat (Region II), and a period in which Ts > T sat
(Region III). However, non-uniform distributions o f temperature and moisture produce
transitions between these main regions. In fact, there is no distinct Region II when the
initial moisture is only 2%. The duration of Region II increases with increasing initial
moisture content.
The initial (Region I) radial non-uniformities in the bed temperatures of the wet
solids are generally less than those observed for the experiments involving initially dry
solids. This may result from the different bed motions observed in the two cases. The
initially dry beds exhibit a rolling bed motion, while the initially wet beds exhibit a
slumping motion during the time in which water is being evaporated. This slumping
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motion may more effectively mix the hot dry particles, preventing them from returning to
the layer near the wall. In Region II, the inferred evaporation rates and the measured bed
temperatures suggest that the liquid water remaining in the bed during the drying process
is not uniform throughout the bed. The m easured temperature profiles indicate that the
particles nearest the wall become dry before the remainder o f the bed, and are not re
wetted by other particles with higher moisture loadings. This non-uniform drying
process in Region II causes some parts o f the bed to begin Region III before other parts.
This results in a wide radial distribution of bed temperatures in Region III with the bed
temperature increasing with increasing distance from the covered wall. As discussed for
the results from the experiments with initially dry solids beds, the hot, dry particles near
the rotating wall decrease the heat transfer to the bed relative to the case where the bed is
perfectly mixed.
The water evaporation rates calculated from the experimental data provide
additional understanding of the rotary desorber processes involving wet solids. First, it is
noted that this evaporation rate is relatively high even before the bulk temperature o f bed
reaches the water saturation temperature. This phenomena has been neglected by all
previous investigators. The evaporation rates increase throughout Region I, reaching a
peak at the beginning of Region II. The evaporation rates then decrease in Region II, and
return to zero as the temperature measured by the thermocouple furthest from the wall
begins to rise above the saturation temperature. The maximum evaporation rate generally
increases with an increase in the original moisture fraction.
In Chapter 10, the experimental results were compared to the predictions of the
comprehensive heat transfer model developed in this research. Overall, the heat transfer
model provides good predictions o f the temperature and moisture profiles relative to those
found experimentally in the pilot-scale desorber. For the cases involving initially dry
solids, the heat transfer model is successful in predicting the bed temperature profiles for
beds o f the largest (3.2 mm and 2.0 mm) particles. However, the model overpredicts the
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heat transfer rate to the solids for the smaller particles. That is, the model overpredicts the
dependency o f the bed heat transfer rate on particle size. Since the particle size is used
only to calculate the wall contact heat transfer coefficient, it is concluded that the method
used to calculate this coefficient at the wall overpredicts the importance of bed particle
size. The general overprediction o f the bed heat transfer rate for the smaller particles is
partially due the imperfect bed mixing.
In the cases involving wet solids, the predicted and measured temperature profiles
in Region I (bed temperatures below the moisture saturation temperature) show very good
agreement for all particle sizes, rotation rates, and initial moisture contents. A comparison
o f the experimental and predicted evaporation rates showed that both indicate that the
evaporation rate increases throughout Region I, reaches a maximum value at the
beginning o f Region II, and decreases in Region II. For the highest initial moisture cases
the peak evaporation rates are accurately predicted; however, the dependency o f the peak
evaporation rate on the initial moisture content is underpredicted by the model, resulting in
an overprediction of the evaporation rate at the beginning of Region II for the 2 and 5%
initial moisture cases. Moreover, in all cases the predicted decrease in the evaporation
rates in Region II is much less than that observed experimentally. It is suggested that this
deviation may be due to non-uniform drying in Region II.
To account for a non-uniform distribution of moisture in Region II, the wall-tobed heat transfer sub-model was modified to allow for sensible heating. The evaporation
rates predicted using the modified model are in much better agreement with the
experimental evaporation rates than those found by assuming that all heat transferred to
the solids in Region II results in evaporation. In particular, the evaporation rates
predicted using the modified mode! approach zero as the moisture contents of the bed also
approach zero; this is in agreement with the experimental results. The evaporation rate
predicted using the modified model for Region II also more accurately predicts the
dependency of the peak evaporation rate on the initial moisture content, although the
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modified model slightly overpredicts the evaporation rate in Region II. When sensible
heating is included in Region II, the predicted bed temperature rises above the water
saturation temperature; thus, the predicted bed temperatures are usually higher than the
measured bed temperatures in this region. However, since only a portion o f the heat
transferred to the bed is assumed to be latent energy, Region II is extended relative to the
case where all heat is applied toward evaporation. This results is a delay in the beginning
o f Region III, and the overall agreement of the predicted and experimental temperature
profiles is similar to that o f the original model. Thus, given the improvement in the
predicted evaporation rates, the modified model for Region II more closely accounts for
the non-uniform drying observed experimentally.
Finally, the following conclusions can be drawn from the parametric studies
described in Chapter 11. The comparison o f the various heat transfer rates to the bed
demonstrates the importance of the wall-to-bed heat transfer mechanism under the
conditions studied. This is in agreement with previous studies (Owens et al., 1991).
Shape and roughness parameters were identified as important parameters in correctly
predicting the effects o f the particle size on the heat transfer rate to the bed. Determination
of this parameter has proven to be elusive since it is dependent on both particle and wall
surface characteristics. The sensitivity of the model results to the emissivities o f the wall,
bed, and gas were shown to be small. This is due in large part to the relatively low
radiative heat transfer rates to the bed under the conditions studied. However, the
dependency of the radiative heat transfer rate to the bed on the gas phase emissivity
suggests that, under conditions where radiative heat transfer is more important (e.g. in
high temperature desorbers or incinerators), the gas emissivity may also increase in
importance.
R ecom m endations for Future W ork
The results of the research presented in this dissertation represent significant
progress toward understanding and modeling heat transfer in rotary desorbers. Another
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contribution o f this work is the identification o f areas where further research is needed.
Specific recommendations for future research follow.
(1)

A better understanding o f the motion of particles in rotary desorbers is needed.
The determination o f the paths that particles take within a bed is very important in
determining the transfer o f heat with the rotating wall and how this heat is
distributed throughout the bed via mixing. Particle motion should be investigated
as a function o f particle size and shape and drum rotation rate.

(2)

The findings of recommendation (1) should be incorporated into a heat transfer
model, eliminating the well-mixed bed assumption where it is not appropriate.

(3)

Research is needed to gain a better understanding o f the contact heat transfer
coefficient between the wall and the immediately adjacent particles. This
parameter is needed as a function of particle size and shape, and particle and
surface roughnesses and deformations.

(4)

Modifications and extensions o f the heat transfer model developed in this work
should be guided by additional experiments. In particular, pilot-scale or lab-scale
experiments should be performed over a wider range of moisture contents and
rotation rates. In this experimental work, an effort should be made to develop less
intrusive bed temperature measurement techniques.

(5)

The model should be extended to include hydroscopic materials and beds
consisting of non-uniform particle sizes.

(6 )

W ith sufficient experimental data, it may be possible to develop improved
correlations to predict the wall-to-bed heat transfer coefficient. Such a correlation
should include the effects o f particle, bed, and surface characteristics, moisture
content, the local bed temperature, and the rotation rate.

(7)

The wall-to-bed heat transfer model developed in this work can be applied to other
similar systems such as industrial dryers and rotary kiln incinerators. However
extension of the comprehensive model to higher temperature applications must be

accompanied by improvements in the radiative heat transfer sub-model. In
particular, the gas phase must be well-characterized such that its radiative
properties include the effects of soot and other particulates.

B ib lio g ra p h y
Barr, P.V., Brimacombe, J.K., and W atkinson, A.P., "A H eat Transfer Model for the
Rotary Kiln: Part II. Development o f the Cross-Section Model," Metallurgical
Transactions B, Vol. 20B, June 1989, pp. 403-419, (1989).
Barr, P.V., Brimacombe, J.K., and W atkinson, A.P., "A Heat Transfer Model for the
Rotary Kiln: Part I. Pilot Kiln Trials," Metallurgical Transactions B, Vol. 20B,
June 1989, pp. 391- 402, (1989a).
Borkent-Verhage, C., Cheng, C , de Galan, L., and de Leer, E.W .B., "Thermal
Cleaning o f Soil Contaminated with g - Hexachlorocyclohexane," in
Contaminated Soil. Assink, J.W. and van de Brink, W.J., Editors, Martinius
N ijhoff Publishers, D ordrecht, pp. 883-886, (1986).
Botterill, J. S. M., Salway, A. G., and Teoman, Y., "Heat Conduction Through
Slumped Fluidized Beds," Proceedings o f the Fourth International Conference on
Fluidization, pp. 315-323, (1983).
Bui, R.T., Stankslow T., and Charette, A, "A Computer Model for the Cement Kiln,"
IEEE Transactions on Industry Applications, Volume IA-18, No. 4, pp. 424-430
July/August, (1982).
Carslaw, H.S. and Jeager, J.C., Conduction o f Heat in Solids. University Press,
Oxford, (1986).
Cheng, P., "Film Condensation Along an Inclined Surface in a Porous Medium,"
International Journal o f H eat and Mass Transfer, Vol. 24, No. 6 , pp. 983-990,
(1981).
Cheng, P. and Verma, A.K., "The effect o f Subcooled Liquid on Film Boiling About a
Vertical Heated Surface in a Porous Medium," International Journal o f Heat and
M ass Transfer, Vol. 24, No. 7, pp. 1151-1160, (1981a).
Cho, S.H., "An Exact Solution o f the Coupled Phase Change Problem in a Porous
Medium," International Journal o f H eat and Mass Transfer, Vol. 18, pp. 11391142, (1975).
Colakyan, M. and Levenspiel, O., "Heat Transfer Between Moving Bed of Solids and
Immersed Cylinders," AIC hE Symposium Series, Vol. 80, No. 241, pp. 156168, (1984).
Cross, M. and Young, R.W., "Mathematical model o f rotary kilns used in the production
of iron ore pellets," Ironmaking and Steelmaking, No. 3, pp. 129-137, (1976).
Cross, M., Gibson, R.D.and Young, R.W ., "Pressure Generation During the Drying o f
a Porous Half-Space," International Journal o f H eat and Mass Transfer, Vol. 22,
pp. 47-50,(1979).
de Leer, E.W.B., "Thermal Methods Developed in the Netherlands for the Cleaning of
Contaminated Soil," in Contam inated Soil. Assink, J.W. and van de Brink, W.J.,
Editors, Martinius Nijhoff Publishers, Dordrecht, pp. 645-654, (1986).
202

203

Duncan, A.B., Peterson, G.P., and Fletcher, L.S., "Effective Thermal Conductivity
Within Packed Beds of Spherical Particles," Transactions o f ASM E, Vol. I l l ,
pp. 830-836, (1989).
Edwards, D.K., "Molecular Gas Band Radiation," in Advances in Heat Transfer. Irvine,
T.F. and Hartnett, J.P., Editors, Academic Press, New York, (1976).
Edwards, D.K., Radiation Heat Transfer N otes. Hemisphere Publishing Corp.,
W ashington, (1981).
Essome, G.R. and Orozco, J., "An Analysis o f Film Boiling o f a Binary Mixture in a
Porous Medium," International Journal o f H eat and Mass Transfer, Vol. 34, No.
3, pp. 757-766, (1991).
Ferron, J.R. and Singh, D.K., "Rotary Kiln Transport Processes," A IC hE Journal, Vol.
37, No. 5, (1991).
Friedman, S.J. and M arshall, W .R., Jr., "Studies in Rotary Drying, Part II - H eat and
Mass Transfer," Chemical Engineering Progress, Vol. 45, No. 9, pp. 573-588,
(1949).
Gabor, J.D., "Wall-to-Bed Heat Transfer in Fluidized and Packed Beds," Chemical
Engineering Progress Sym posium Series, Vol. 6 6 , No. 105, pp. 76-86, (1970).
Ghoshdastidar, P.S., Rhodes, C.A., and Orloff, D.I., "Heat Transfer in a Rotary Kiln
During Incineration of Solid W aste," paper number 85-HT-86, presented at the
National Heat Transfer Conference, Denver, CO, August, (1985).
Gloski D., Glicksman, L., and Decker, N., "Thermal Resistance at a Surface in Contact
with Fluidized Bed Particles," International Journal o f Heat and Mass Transfer,
Vol. 27, No. 4, pp. 599-610, (1984).
Goodman, T. R., "The Heat-Balance Integral and Its Application to Problems Involving a
Change of Phase," Transactions o f the ASM E, pp. 335-342, (1958).
Goodman, T.R., "Applications of Integral Methods to Transient Nonlinear Heat Transfer,
in Advances," in Advances in Heat Transfer. Irvine, T.F. and Hartnett, J.P.,
Editors, Vol. 1, pp. 51-122. Academic Press, New York, (1964).
Gorog, J.P., Brimacombe, J.K., and Adams, T.N., "Radiative Heat Transfer in Rotary
Kilns," Metallurgical Transactions B, Vol. 12B, pp. 55-70, March, (1981).
Gorog, J.P., Adams, T.N., and Brimacombe, J.K., "Regenerative Heat Transfer in
Rotary Kilns," M etallurgical Transactions B, Vol. 13B, pp. 153-163, June,
(1982).
Gupta, L.N., "An Approximate Solution o f the Generalized Stefan's Problem in a Porous
Medium," International Journal o f Heat and Mass Transfer, Vol. 17, pp.313-321,
(1974).
Hadley, G.R., "Thermal Conductivity o f Packed Metal Powders," International Journal
o f H eat and Mass Transfer, Vol. 29, No. 6 , pp. 909-920, (1986).

204

Harakas, N.K., and Beatty, Jr., K.O., "M oving Bed Heat Transfer: I Effect of
Interstitial Gas with Fine Particles," Chemical Engineering Progress Symposium
Series, Vol. 59, No. 41, pp. 122-128, (1963).
Harris, M.R., "Recognition of the Problem," in Reclaiming Contaminated Land. Caimey,
T., Editor, Blackie & Sons Limited, Glasgow, pp. 1-29, (1987).
Henein, H., Brimacombe, J.K., and W atkinson, A.P., "Experimental Study of
Transverse Bed Motion in Rotary Kilns," Metallurgical Transactions B, Vol. 14B,
pp. 191-205, (1983).
Henein, H., Brimacombe, J.K., and W atkinson, A.P., "The M odeling o f Transverse
Solids M otion in Rotary Kilns," Metallurgical Transactions B, Vol. 14B, pp. 207220, (1983a).
Hill, F.B. and W ilhelm, R.H., "Radiative and Conductive Heat Transfer in a Quiescent
Gas-Solid Bed o f Particles: Theory and Experiment," AIChE Journal, Vol. 5,
No. 4, pp. 486-496, December, (1959).
Hirosue, H. and Shinohara, H., "Volumetric Heat Transfer Coefficient and Pressure
Drop in Rotary Dryers and Coolers," First International Symposium on Drying,
M ujumdar, A.S., Editor, Science Press, Princeton, New Jersey, pp. 152-159,
(1978).
Hogg, R. and Fuerstenau, D. W., "Transverse M ixing in Rotating Cylinders," Powder
Technology, Vol. 6 , pp. 139-148, (1972).
Hottel, H.C. and Sarofim, A.F., Radiative Transfer. M cGraw-Hill Book Co., New
York, (1967).
Imber, M. and Paschkis, "A New Theory for a Rotary-Kiln Heat Exchanger,"
International Journal o f H eat and Mass Transfer, Vol. 5, pp. 623-638, (1962).
Incropera, F.P. and DeWitt, D.P., Fundam entals o f Heat and Mass Transfer. 2nd
Edition, John W iley and Sons, New York, (1985).
Kaviany, M. and Mittal, M., "Funicular state in drying o f a porous slab," International
Journal o f H eat and Mass Transfer, Vol. 30, No. 7, pp. 1407-1418, (1987).
Krupiczka, R., "Analysis of Thermal Conductivity in Granular M aterials,” International
Chemical Engineering, Vol. 7, No. 1, pp. 122-144, (1967).
Kubie, J. and Broughton, J., "A Model o f Heat Transfer in Gas Fluidized Beds,"
International Journal o f H eat and Mass Transfer, Vol. 18, pp. 289-299, (1975).
Kunii, D. and Smith, J. M., "Heat Transfer Characteristics o f Porous Rocks," AIChE
Journal, Vol. 6 , No. 1, pp. 71-78, (1960).
Larsen, F.S., Ph.D. Dissertation, The University o f Utah, (1993).
Lehmberg, M.H. and Schugerl, K., "Transverse M ixing and Heat Transfer in Horizontal
Rotary Drum Reactors," Powder Technology, Vol. 18, pp. 149-163, (1977).

205

Lighty, J.S., Pershing, D.W ., Cundy, V.A., and Linz, D.G., "Characterization of
Thermal Desorption Phenomena for the Cleanup o f Contaminated Soil," Nuclear
and Chemical Waste Management, Vol. 8 , pp. 225-237, (1988).
Lighty, J.S., Silcox, G.D., Pershing, D .W ., Cundy, V.A., and Linz, D.G.,
"Fundamental Experiments on Thermal Desorption o f Contaminants from Soils,"
Environm ental Progress, Vol. 8 , No. 1, pp. 57-61, (1989).
Lighty, J.S., Silcox, G.D., Pershing, D .W ., Cundy, V.A., and Linz, D.G.,
"Fundamentals for the Thermal Remediation o f Contaminated Soils. Particle and
Bed Desorption Models," Environmental Science and Technology, Vol. 24, pp.
750-757, (1990).
Lighty, J.S., Eddings, E.G., Lingren, E.R ., D eng, X.X., Pershing, D.W ., W inter,
R.M., and McClennen, W .H., "Rate Limiting Processes in the Rotary-Kiln
Incineration o f Contaminated Solids," Combustion Science and Technology, Vol.
74, pp. 31-49, (1990a).
Lyczkowski, R. W., and Chao, Y.T., "Comparison o f Stefan M odel with Two-Phase
Model of Coal Drying," International Journal o f H eat and Mass Transfer, Vol. 27,
No. 8 , pp. 1157-1169, (1984).
Malhotra, K. and Mujumdar, A.S., "Immersed Surface Heat Transfer in a Vibrated
Fluidized Bed," Industrial and Engineering Chemistry Research, Vol 26, No. 10,
pp. 1983-1992, (1987).
Malhotra, K. and Mujumdar, A.S., "Effect o f Particle Shape on Particle-Surface Thermal
Contact Resistance," Journal o f Chemical Engineering ofJanpan, Vol. 23, No. 4,
pp. 510-513, (1990).
Malhotra, K. and Mujumdar, A.S., "Model for contact heat transfer in mechanically
stirred granular beds," International Journal o f Heat and Mass Transfer, Vol. 34,
No. 2, pp. 415-425, (1991).
Malhotra, K. and Mujumdar, A.S., "W all-to-bed contact heat transfer rates in
mechanically stirred granular beds," International Journal o f H eat and Mass
Transfer, Vol. 34, No. 2, pp. 427-435, (1991a).
Manitius, A., Kurcyusz, E., and Kawecki, W., "Mathematical Model o f the Aluminum
Oxide Rotary Kiln," I&EC, Process D esign and Development, Vol. 13, No. 2,
pp. 132-142, (1974).
Mengiic, M.P., and Viskanta, R., "An Assessment of Spectral Radiative Heat Transfer
Predictions for a Pulverized Coal-Fired Furnace," H eat Transfer 1986,
Proceedings o f the Eighth International Heat Transfer Conference, San Fransico,
California, Vol. 2, pp. 815-820, (1986).
Mikhailov, M.D., "Exact Solution o f Temperature and Moisture Distributions in a Porous
Half-Space with Moving Evaporation Front," International Journal o f Heat and
Mass Transfer, Vol. 18, pp. 797-804, (1975).
Myrum, T., Conduction Heat Transfer Class N otes. Louisiana State University, Fall
(1989).

206

Nield, D. A., "Estimation o f the Stagnant Thermal Conductivity of Saturated Porous
Media," International Jourrnl o f Heat and Mass Transfer, Vol. 34, No. 6 , pp.
1575-1576, (1991).
Ofuchi, K. and Kunii, D., "Heat-Transfer Characteristics of Packed Beds with Stagnant
Fluids," International Journal o f H eat and Mass Transfer, Vol. 8 , pp. 749-757,
(1965).
Ohmori, T., Okazaki, M., and Toei, R., "Heat Transfer Coefficient in Stationary
Heating-Plane Type Indirect-Heat Agitated Dryer," Journal o f Chemical
Engineering o f Japan, Vol. 19, No. 3, (1986).
Owens, W .D, Silcox, G .D., Lighty, J.S., Deng, X .X., Pershing, D.W ., Cundy, V.A.,
Leger, C.B., and Jakway, A.L., "Thermal Analysis o f Rotary Kiln Incineration:
Comparison o f Theory and Experiment," Combustion and Flame, Vol. 8 6 , pp.
101-114, (1991).
Owens, W.D, Hazardous Waste Incineration in a Rotary Kiln. Ph.D Dissertation,
U niversity o f Utah, (1991a).
Parmentier, E. M., "Two Phase Natural Convection Adjacent to a Vertical Heated Surface
in a Permeable Medium," International Journal o f Heat and Mass Transfer, Vol.
22, pp. 849-855, (1979).
Pearce, W., "A Heat Transfer Model for Rotary Kilns," Journal o f the Institute o f Fuel,
pp. 363-371, December, (1973).
Prasad, V., Kladias, N., Bandyopadhaya, A., and Tian, Q., "Evaluation o f Correlations
for Stagnant Thermal Conductivity o f Liquid-Saturated Porous Beds o f Spheres,"
International Journal o f Heat and Mass Transfer, Vol. 32, No. 9, pp. 1793-1796,
(1989).
Riaz, M., "Analytical Solutions for Single- and Two-Phase Models o f Packed-Bed
Thermal Storage Systems," Journal o f H eat Transfer, Vol. 99, pp. 489-492,
(1977).
Richard, P. and Raghavan, G.S.V., "Particle-Particle Heat Transfer Applications to
Drying and Processing - A Review," in Drying '80. Volume 1: Developments in
D rying. M ujumdar, A.S., Ed., Hem isphere Publishing Corp., W ashington,
(1980).
Roblee, L.H.S., Baird, R.M., and Tierney, J.W ., "Radial Porosity in Packed Beds,"
AIC hE Journal, Vol. 4., No. 4, pp. 460-464, (1958).
Rogers, J.A. and Kaviany, M., "Funicular and Evaporative-Front Regimes in Convective
Drying of Granular Beds," International Journal o f Heat and Mass Transfer, Vol.
35, No. 2, pp. 469-480, (1992).
Rubin, A. and Schweitzer, S., "Heat Transfer in Porous Media with Phase Change,"
International Journal o f H eat and Mass Transfer, Vol. 15, pp. 43-60, (1972).
Rulkens, W .H., Assink, J.W ., and Th van Gemert, W .J., "Long Term Effectiveness of
Remedial Measures," in Contaminated Land. Smith, M.A., Editor, Plenum Press,
New York, pp. 37-90, (1985).

207

Sass, A., "Simulation of the Heat-Transfer Phenomena in a Rotary Kiln," 1&EC Process
D esign and Development, Vol. 6 , pp. 532-535, (1967).
Schliinder, E.U., "Contact Drying o f Particulate Material Under Vacuum," in Drying '80.
Volume 1: Developments in D rying. Mujumdar, A.S., Editor, Hemisphere
Publishing Corp., W ashington, (1980).
Schliinder, E.U., "Particle Heat Transfer," Proceedings o f the 7th International Heat
Transfer Conference, Grigull, U., Hahne, E., Stephan, K., and Straub, J.,
Editors, Vol. 1, pp. 195-211, H em isphere, New York, (1982).
Schliinder, E.U. and Mollekopf, N., "Vacuum Contact Drying o f Free Flowing
Mechanically Agitated Particular Material," Chemical Engineering and Processing,
Vol. 18, pp. 93-111, (1984).
Schliinder, E.U., "Vacuum Contact Drying o f Free Flowing Mechanically Agitated
Particulate Material," in Heat and Mass Transfer in Fixed and Fluidized B eds, van
Swaaij, W.P.M. and Afgan, N.H., Editors, Hemisphere Publishing Corp.,
W ashington, (1986).
Schwartz, C.E. and Smith, J.M., "Flow Distribution in Packed Beds," Industrial and
Engineering Chemistry, Vol. 45, No. 6 , pp. 1209-1218, (1953).
Silcox, G.D. and Pershing, D.W., "The Effects o f Rotary Kiln Operating Conditions and
Design on Burden Heating Rates as Determined by a Mathematical Model of
Rotary Kiln Heat Transfer," Journal o f the A ir Pollution Control Association,
Vol. 40, No. 3, p. 337-344, M arch, (1990).
Silcox, G.D., Larsen, F.S., and Pershing, D.W ., "M athematical and Physical Modeling
o f Rotary Kilns with Applications to Scaling and Design," Combustion Science
and Technology, in press, (1993).
Smith, M. A., "Available Reclamation Methods," in Reclaiming Contaminated Land.
Cairney, T., Editor, Blackie & Sons Limited, Glasgow, pp. 114-143, (1987).
Somerton, W. H., Keese, J. A., and Chu, S. L., "Thermal Behavior o f Unconsolidated
Oil Sands," Society o f Petroleum Engineers Journal, pp. 513-521, (1974).
Spelt, J.K., Brennen, C.E., and Sabersky, R.H., "Heat Transfer to Flowing Granular
Material," International Journal o f H eat and Mass Transfer, Vol. 25, No. 6 , pp.
791-796, (1982).
Stief, K., "Long-Term Effectiveness of Remedial Measures," in Contaminated Land.
Smith, M.A., Editor, Plenum Press, New York, pp. 13-36, (1985).
Sucec, J., Heat Transfer. WM. C. Brown Publishers, Dubuque, Iowa, (1985).
Sullivan, W.N. and Sabersky, R.H., "Heat Transfer to Flowing Granular Media,"
International Journal o f H eat and Mass Transfer, Vol. 18, pp. 97-107, (1975).
Swantrom, C. and Palmer, C., "X*TRAX Transportable - Low Temperature Thermal
Separator for Soils and Sludges", Presented at HAZTECH International,
Cincinnati, Ohio, September, (1989).

208

Thom e, B. and Kelly, J.J., "A M athematical M odel for the Rotary Dryer," in Drying '80.
Volume 1: Developments in Drying. Mujumdar, A.S, Editor, Hemisphere
Publishing Corp., W ashington, pp. 160-169, (1980).
Tognotti, L., Flytzani-Stephanopoulos, M., Sorofim, A.F, K opsinis, H., Stoukides, M.,
"Study of Adsorption-Desorption of Contaminants on Single Soil Particles Using
the Electrodynamic Thermogravimetric Analyzer," Environmental Science and
Technology, Vol. 25, No. 1, pp. 104-109, (1991).
Tscheng, S.H. and W atkinson, A.P., "Convective H eat Transfer in a Rotary Kiln," The
Canadian Journal o f Chemical Engineering, Volume 57, p. 433, (1979).
Tsotsas, E. and Schliinder, E.U., "Vacuum Contact Drying o f Free Flowing
Mechanically Agitated Multigranular Packings," Chemical Engineering and
Processing, Vol. 20, pp. 339-349, (1986).
Tsotsas, E., and Schliinder, E.U., "Vacuum Contact D rying o f M echanically Agitated
Beds: the Influence of Hygroscopic Behavior on the Drying Rate Curve,"
Chemical Engineering and Processing, Vol. 21, pp. 199-208, (1987).
Turner, G.A., "The Thermal History o f a Granule in a Rotary Cooler," The Canadian
Journal o f Chemical Engineering, pp. 13-16, February, (1966).
Uhl, V. W. and Root, III, W. L., "Heat Transfer to G ranular Solids in Agitated U nits,”
Chemical Engineering Progress, Vol. 63, No. 7, pp. 81-92, (1976).
USEPA, Innovative Treatment Technologies. Overview and Guide to Information
Sources. EPA /540/9-91/002, October, (1991).
US EPA, Innovative Treatment Technologies: Semi-Annual Status Report. 3rd Edition,
EPA/540/2-91/001. Office o f Solid W ater and Emergency Response.
W ashington, D.C. April, (1992).
Vafai, K. and Sozen, M., "Analysis o f Energy and M omentum Transport for Fluid Flow
Through a Porous Bed," Journal o f H eat Transfer, Vol. 112, pp. 690-699,
(1990).
van Heerden, C., Nobel, A. P. P., and van Krevelen, D. W., "Mechanism o f Heat
Transfer in Fluidized Beds," Industrial and Engineering Chemistry, Vol. 45, No.
6 , pp. 1237-1242, (1953).
Varuntanya, C.P., Hornsby, M., Chem burkar, A., and Bozzelli, J.W ., "Thermal
Desorption of Hazardous and Toxic Compounds from Soil Matrices," in
Petroleum Contaminated Soils. Vol. 2, Calabrese, E.J. and Kostecki, Editors,
Lewis Publishers, Chelsea, M ichigan, pp. 251-265, (1989).
Vortmeyer, D. and Schaefer, R. J., "Equivalence o f One- and Two-Phase Models for
Heat Transfer Processes in Packed Beds: One Dimensional Theory," Chemical
Engineering Science, Vol. 29, pp. 485-491, (1974).
Wachters, L.H.J. and Kramers, H., "The calcining o f sodium bicarbonate in a rotary
kiln," Third Symposium on Chemical Reaction Engineering, Amsterdam, pp. 778 6 , (1964).

209

W akao, N. and Kato, K., "Effective Thermal Conductivity of Packed Beds," Journal o f
Chemical Engineering o f Japan, Vol. 2, No. 1, pp. 24-33, (1968).
Walker, D.A., The Desorption o f Toluene in the Presence o f W ater in a Rotary Kiln
Environm ent. M.S. Thesis, The University of U tah, June, (1992).
Wes, G.W .J., Drinkenburg, A.A.H., and Stemerding, S., "Heat Transfer in a Horizontal
Rotary Drum Reactor," Pow der Technology, Vol. 13, pp. 185-192, (1976).
Wes, G. W. J., Drinkenburg, A. A. H., and Stemerding, S., "Solids M ixing and
Residence Time Distribution in a Horizontal Rotary Drum Reactor," Powder
Technology, Vol. 13, pp. 177-184, (1976a).
Yagi, S. and Kunii, D., "Studies on H eat Transfer Near W all Surface in Packed Beds,"
AIC hE Journal, Vol. 6 , No. 1, pp. 97-104, (1960).
Yagi, S. and Kunii, D., "Studies on H eat Transfer in Packed Beds," International
D evelopm ent in H eat Transfer, Part IV, p. 750, (1962).

A ppendix A: R eflection M ethod R adiation M odel
from G orog et al. (1981)

Gorog et al. (1981) use the reflection method to calculate the net radiative heat
transfer rate from each of the following components in a rotary kiln without a participating
flame: the gas phase, the exposed surface o f the solids bed, and the exposed surface of
the rotating wall. In this appendix, these net heat transfer rates are given in equation
form. As explained in Chapter 2, these equations represent energy balances on each
component. Refer to the nomenclature section for variable definitions.
According to Gorog et al. (1981) the net radiative heat transfer rate to the gas
phase, qg,rad> is given by the following equation:
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21 1

Similarly, the net radiative heat transfer rate to the wall and the bed surface, qs,rad
and qw,rad> are given by the following equations:
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As explained in Chapter 6 , these equations form the basis for the radiative heat
transfer sub-model. The required radiative properties are calculated using the wide band
model o f Edwards (1976 and 1981). The view factors in Eqns. (A.l) through (A.3) are
as follows (Gorog et al., 1981):
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Gorog et al. (1981) recommend the following equation to estimate the mean beam
length:
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A ppendix B:

Source C ode for C om prehensive H eat T ran sfer M odel

The following Fortran code was executed to produce the model results discussed
in Chapter 10:

$
S
S
$

$
$

IMPLICIT REAL*8(A-H,K-M,0-Z)
INTEGER NTIME.NTIME 1,NTIME2
DIMENSION TG(5000),TS(500),TW(5000),TWA(5000),MWS(500),
MG(500),MW(500),DELMW(500),TSEXP(5000),
MEVAPEXP(5000),MWEXP(5000),TC1(5000),TC3(5000)
COMMON/CONST/PI,DH,XE,AS,A W,N,NW,NWALLT,DI,TSAT,FF,BETA,
OM,DT,TREF,PA,POR,US,DP,K,C2,SR,RI,LNGTH,
ALLOW AG
COMMON/V AR/T,I,X,S,NTIME,HWB
COMMON/TEMPS/TG,TS,TW,TGP,TSP,TGPP,TSPP,TWA,TGIN,TSEXP,
TC1,TC3
COMMON/FLOW/MWS,MG,MW,MGIN,MDS,MWP,MWPP,MCG,MEVAP,MEVAPEXP,
MWEXP
COMMON/FLUX/QWB,QRG,QRW,QRB,QCGW,QCGS,DELMW,QS
CHARACTER* 1 CR,HT
CHARACTER*9 FNT
PARAMETER (CR=13,HT=9)
FNT='UUOUT'
OPEN(UNIT=3,FILE=FNT,IOST AT=IOS)

$
$
s

WRITE(3,*> 'T',HT,'TS,,HT,'TCr,HT,'TC2',HT,'TC3',
HT,’X',HT,,XEXP',
HT,'MEVAP’,HT,,MEVAPEXP',HT,,HWB',
h t ,,q s ,,h t ,’q w b ,, h t ,,q c g s ’,h t ; q r b '

onon

CALL SETUP
SET ZONE COUNTER AND INITIALIZE ITERATION COUNTER AND
CONVERGENCE FLAG.

oon

JCOUNT = 1
JFLAG = 1
SPECIFY THE BEGINNING ADJUSTED TIME (SEC)

n

T = 110
NTIME = INT(T)

oono-noo

DO 1001=2, N-l
ASSUME VALUES FOR TEMPERATURES.
CALL ASSUME(JCOUNT)
JCOUNT COUNTS THE ITERATIONS AT A GIVEN TIME STEP.
CALL THE HEAT TRANSFER SUB-MODELS.
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CALLWALLBED
CALL RAD
CALL CONV
C
C CALCULATE THE ENERGY BALANCES BASED ON CALCULATED HEAT FLUXES.
C
CALLENGBAL

C TEST FOR CONVERGENCE OF TEMPERATURES
C
CALL TEST(JFLAG)
C JFLAG INDICATES THE STATUS OF CONVERGENCE.
C
C IF SOLUTION HAS CONVERGED, PROCEED TO THE NEXT TIME STEP.
C
IF(JFLAG.EQ.l) THEN
JCOUNT = 1
C
C IF SOLUTION HAS NOT CONVERGED, INDEX ITERATION COUNTER.
C
ELSE
JCOUNT = JCOUNT + 1
GOTO 10
ENDIF
C
XEXP = MWEXP(NTIME)/MDS
C

c

$
$
$

TSOUT = TS(I) - 273.15D0
WRITE(3,*) T,HT,TSOUT,HT,TC1(NTIME),HT,TSEXP(NTIME),HT,
TC3(NTIME),HT,X,HT,XEXP,HT,
ME V AP,HT,MEV APEXP(NTIME),HT,HWB ,HT,QS ,HT,QWB,
HT,QCGS,HT,QRB

C
T = T + DT
NTIME = INT(T)
JFLAG = 1
C
100
C

CONTINUE

c
C
C
C

CALL OUT

STOP
END
C
£**********************************************************************

c
SUBROUTINE SETUP
C
IMPLICIT REAL*8(A-H,K-M,0-Z)
INTEGER NTIME,NTIME 1,NTIME2
C
DIMENSION TG(5000),TS(500),TW(5000),TWA(5000),
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S

MWS(500),MG(500),MW(500).TSEXP(5000),
ME V APEXP(5000),MWEXP(5000) ,TC 1(5000),TC3(5000)

C
S
$

$

S

COMMON/CONST/PI.DH,XE.AS,AW.N,NW.NWALLT.DI,TSAT.FF.BETA.
OM,DT,TREF,PA,POR,US,DP,K,C2,SR,RI,LNGTH,
ALLOW,AG
COMMON/V AR7T,I,X,S,NTIME,HWB
COMMON/TEMPS/TG,TS,TW,TGP,TSP,TGPP,TSPP,TWA,TGIN,TSEXP,
TC1,TC3
COMMON/PROP/CPW,CPDS,RHOW,RHODS,CPP,RHOP,KP,KW,ALPHW
C0MM0N/RADPR0P/EPSS,EPSW,FWS,FSG,FWG,SIG,PC02BASE,
PH20BASE
COMMON/FLOW/MWS ,MG ,MW,MGIN,MDS,MWP,M WPP,MCG ,ME V AP,ME V APEXP,
MWEXP

C

c

OPEN(UNIT= 1EILE='HIN.R25',IOSTAT=IOS)

READ( 1,1000)
1000
FORMAT(/)
C
C SPECIFY CONSTANTS
C
PI = 3.1415926536D0
C
C SPECIFY AND CALCULATE OPERATING PARAMETERS AND CONDITIONS
C
C
ROTATION RATE (RPM)
RPM = 1.9934D0
OM = (RPM*2.D0*PI)/60.D0
C
C
C

INLET DRY SOLIDS MASS (KG) AND CARRIER GAS MASS FLOW RATE (KG/SEC)
MDS = 17.25D0
MCG = 0.01475854D0
M W (1)= 1.1636D0
MWEXP1 = 1.207D0

C
PH20BASE = .01462824D0
PC02BASE = .00731412D0
C
C
C
C
C
C
C
C

C
C

C

FILL FRACTION
FF = 0.079D0
INITIAL MOISTURE CONTENT (KG WATER/KG DRY SOLIDS)
X = MW(1)/MDS
INLET TEMPERATURES
TS(1) = 48.59D0 + 273.15D0
TOTAL INITIAL SOLIDS MASS (KG) AND INLET GAS MASS FLOW RATE (KG/SEC)
MW S(l) = MDS + MW(1)
MGIN = MCG
DESORBER DIAMETER (M)
DI = .61 DO
RI = DI/2.D0
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non

on

on

on

C

DESORBER LENGTH (M)
LNGTH = 0.61 DO
PRESSURE OF DESORBER (PASCAL)
PA = 84786.D0
PARTICLE SIZE (M) AND SR (M)
DP = 3.19D-3
SR = 0.D0
POROSITY OF BULK BED
POR = 0.50D0
CALCULATE THE SPEED OF THE SOLIDS AT THE ROTATING WALL (M/SEC)

SPECIFY PROPERTIES AND PARAMETERS NEEDED FOR ENERGY BALANCES
SPECIFIC HEATS OF WATER AND DRY SOLIDS (J/KG-K)
CPW = 4180.D0
CPDS = 760.D0
DENSITY OF WATER AND BULK DENSITY OF SOLIDS (KG/MA3)
RHOW = 1000.D0
RHODS = 1240.D0
SPECIFIC HEAT AND DENSITY OF SOLID PARTICLES (J/KG-K), (KG/MA3)
CPP = CPDS
RHOP = 2500.D0
CONDUCTIVITY OF SOLIDS PARTICLE (W/M-K)
KP = 1.86D0
HEAT OF VAP. OF WATER
DH = 2.27D6

o

on

on

on

on

noon

US = OM*PI*DI

non

on

TREF = 298.15D0
TSAT = 96.02D0 + 273.15D0
FILL ANGLE
BETA = Fl(FF)
SPECIFY NUMBER OF NODES ALONG WALL.

noon

no

NWALLT = 416
NUMBER OF GRID POINTS ON WALL UNDER BED.
NW = BETA/(2.D0*PI)*NWALLT + 1

SPECIFY CONVERGENCE CRITERION

nnnn

ALLOW = l.D-3
SPECIFY RADIATION PROPERTIES AND PARAMETERS
EMISSIVITBES

EPSS = 0.9D0
EPSW = 0.8D0

C
C2 = l.DO/a.DO/EPSW + l.DO/EPSS -l.DO)

C
C

STEFAN-BOLTZMANN CONSTANT
SIG = 5.67D-8

C
C

TIME STEP (SEC)
DT = 10.D0

C
C SPECIFY THE TOTAL TIME OF THE BED HEAT UP (SEC)
C
TEXP = 3900.D0
NTEXP = INT(TEXP)
C
N = INT(TEXP/DT + 1)
C
DO 21 1=1,NTEXP
C
S

C
21
C

READ( 1,*) DUM,TW(I),TG(I),TC 1(I),TSEXP(I),TC3(I),
MEV APEXP(I),MWCUM
TW(I) = TW(I) + 273.15D0
TG(I) = TG(I) + 273.15D0
MWEXP(I) = MWEXP1 - MWCUM
CONTINUE
DO 22 1=1,NTEXP
TWA(I) = TW(I)
CONTINUE

22
C
500
FORMAT(F12.5)
C
C CALCULATE ADDITIONAL PARAMETERS
C
C
PERMEABILITY
K = (DP**2.DO*POR**2.DO)/(180.DO*(1.DO-POR)**2.DO)
C
C
AREA OF EXPOSED SURFACE OF BED
AS = 2.D0*(DI/2.D0)*S1N(BETA/2.D0)*LNGTH
C
C
AREA OF COVERED WALL/PER UNIT LENGTH
XE = BETA*DI/2.D0
C
C
AREA OF EXPOSED SURFACE OF WALL
AW = (PI*DI - XE)*LNGTH
C
AG = AW + AS
C
RETURN
END
C

C
FUNCTION Fl(FF)
IMPLICIT REAL*8(A-H,0-Z)

XACC = l.D-5
BETAO = 1.5D0
CALL NEWT(XACC,BETAO,BETA,FF)
FI = BETA
RETURN
END
C
C NEWTON METHOD SUBROUTINE
C
SUBROUTINE NEWT(XACC,BETAO,BETA,FF)
IMPLICIT REAL*8(A-H,0-Z)
JMAX=1(X)
BETA = BETAO
DO 11 J= 1JMAX
CALL FUNC(F,DF,BETA,FF)
DX = F/DF
BETA = BETA - DX
IF(DABS(DX/BETA).LT.XACC) THEN
GOTO 12
ENDIF
CONTINUE
PAUSE 'RTNEWT EXCEEDING MAXIMUM ITERATIONS'
RETURN
END

11
C
12
C

SUBROUTINE FUNC(F,DF,BETA,FF)
IMPLICIT REAL*8(A-H,K-M,0-Z)
PI = 3.1415926536D0
C
F = FF - (BETA - DSIN(BETA))/(2.D0*PI)
DF = - (1.D0 - DCOS(BETA))/(2.DO*PI)
C
RETURN
END

C
C
SUBROUTINE ASSUME(JCOUNT)
C

$
S
S
$

$
$

IMPLICIT REAL*8(A-H,K-M,0-Z)
INTEGER NTIME,NTIME 1,NTIME2
DIMENSION TG(5000),TS(500),TW(5000),
TWA(5000),MW(500),MG(500),MWS(500),TSEXP(5000),
MEVAPEXP(5000),MWEXP(5000),TC1(5000),TC3(5000)
COMMON/CONST/PI,DH,XE,AS,AW,N,NW,NWALLT,DI,TSAT,FF,BETA,
OM,DT,TREF,PA,POR,US,DP,K,C2,SR,RI,LNGTH,
ALLOW,AG
COMMON/V AR/T, I, X,S,NTIME, HWB
COMMON/TEMPS/TG,TS,TW,TGP,TSP,TGPP,TSPP,TWA,TGIN,TSEXP,
TC1,TC3
COMMON/FLOW/MWS,MG,MW,MGIN,MDS,MWP,MWPP,MCG,MEVAP,MEVAPEXP,
MWEXP
COMMON/ERR/ERRGP,ERRG,ERRSP,ERRS,ERRMW,ERRMWP

C
C IF IT IS THE FIRST ITERATION AT A GIVEN TIME STEP, USE THE

C
C

TEMPERATURES OF THE PREVIOUS TIME STEP AS AN ITTTIAL GUESS.
IF(JCOUNT.EQ.l) THEN
TS(I) = TS(I-l)
MW© = MW(I-l)

C
ELSE IF(JCOUNT.EQ.2) THEN
TS(I) = TS(I)
MW(I) = MW(I)
C

c

ELSE
TS(I) = TS(I)
IF(TS(I).GT.TSAT.AND.TS(I-1).LT.TSAT) THEN
TS(I) = TSAT
ENDIF
10

MW(I) = MW(I)
IF(MW(I).LT.0.D0) THEN
MW(I) = 0.D0
ENDIF

C
ENDIF
C
RETURN
END

c
C WALL-TO-BED HEAT TRANSFER SUB-MODEL
C
C
SUBROUTINE WALLBED
C
IMPLICIT REAL*8(A-H,K-M,0-Z)
INTEGER NTIME,NTIME 1,NTIME2
DOUBLE PRECISION NUV,NUVSAT,NUV0,NUV1,NUV2,NUV3,NUV4,NUV5
DIMENSION TG(5000),TS(500),TW(5000),
$
TWA(5000),DM(3000),DEL(3000),RVUV(3000),PSAT(3000),
S
MVYP(3000),MVYN(3000),ALFE(3000),ERRALF(3000),
S
ALFEPR(3000),DDDF(3000),THW(3000),DELMW(500),
S
MW(500),MG(500),MWS(500),FO(3000),TSEXP(5000),
$
ME V APEXP(5000),MWEXP(5000),TC 1(5000),TC3(5000)
COMMON/CONST/PI,DH,XE,AS,AW,N,NW ,NWALLT,DI,TSAT,FF,BETA,
$
OM,DT,TREF,PA,POR,US,DP,K,C2,SR,RI,LNGTH,
S
ALLOW,AG
COMMON/V ARH, I, X,S, NTIME, HWB
COMMON/TEMPS/TG,TS,TW,TGP,TSP,TGPP,TSPP,TWA,TGIN,TSEXP,
S
TC1,TC3
COMMON/PROP/CPW,CPDS,RHOW,RHODS,CPP,RHOP,KP,KW,ALPHW
COMMON/FLOW/M WS ,MG ,M W,MGIN,MDS ,MWP,MWPP,MCG ,ME V AP,ME V APEXP,
$
MWEXP
COMMON/FLUX/QWB,QRG ,QRW ,QRB,QCGW,QCGS,DELMW,QS
C
C CALCULATE THE WALL-TO-BED FLUX BASED ON THE BULK BED TEMPERATURE.
C
C CALCULATE THE MOISTURE CONTENT OF THE BED FOR THE TIME STEP.

22 1

c
RHOLP = X*RHODS
S = RHODS * MW(I)/(RHO W*POR* MDS)
C
C

COND. AND THERMAL DIFF. OF WATER AT (TS + TSAT)/2

C
TEMPTEMP = (TS(I) + TSAT)/2.D0
C
KWO = -38.72D0
KW1 = .606766D0
KW2 = -.00376817D0
KW3 = 1.17168D-5
KW4 = -1.81714D-8
KW5 = 1.12232D-11
C
S

KW = KWO + KW1*TEMPTEMP + KW2*TEMPTEMP**2.D0 + KW3*TEMPTEMP**3.DO
+ KW4*TEMPTEMP**4.D0 + KW5*TEMPTEMP**5.D0

C
ALPHW = KW/(CPW*RHOW)
C
C CALCULATE THE PERM. OF THE VAPOR IN THE MOIST BED.
C
PERMV = K*(1.D0 - (S -0.1 D0)/0.9D0)* * 3 .DO
IF(PERMV.LT.K) THEN
PERMV = K
ENDIF
C
THB = TS(I) - TSAT
THW(l) = TW(I) - TSAT
C
C
C CALCULATE THE ADJUSTED TIMES FOR THE BEGINNING AND ENDING OF THE
C PASS UNDER THE BED.
C
NTIME 1 = NTIME - INT(.5DO*BETA/OM)
NTIME2 = NTIME + INT(.5DO*BETA/OM)
C
C AXIAL REGION I
C
IF (TS(I).LT.TSAT.AND.MW(I).GT.0.D0) THEN
C
QSUM = 0.D0
QVAPSUM = 0.D0
C

c

C CALCULATE PROPERTIES OF THE MOIST BED REGION.
C
RHOMCPM = (1 ,DO-POR)*CPP*RHOP +
S
POR*S*RHOW*CPW
KWET = KW*(KP/KW)**(.28DO-.757*DLOG10(POR) -.057D0*
S
DLOG10(KP/KW))
C
CONDUCTIVITY OF AIR AT 1 ATM AND (TS(I) + TSAT)/2.D0.
C
KAO = .00887641D0
KA1 = 1.7943 ID-5

KA2 = 2.30013D-7
KA3 = -3.97395D-10
KA4 = 2.73533D-13
KA5 = -6.6271 ID-17

C

c

S
S

o n

$

KAIR = KAO + KA1*TEMPTEMP + KA2*TEMPTEMP**2.DO +
KA3*TEMPTEMP**3.D0
+ KA4*TEMPTEMP**4.D0 + KA5*TEMPTEMP**5.DO
EXP = .28D0 -.757DO*DLOG 10(POR)
-,057D0*DLOG 10(KP/KAIR)
KDRY = KAIR*(KP/KAIR)**EXP
ALPHM = ALPHW*(KDRY/KW + S**.5D0*(KWET-KDRY)/KW)

SPECIFY THE LOCAL PROPERTIES OF THE WATER VAPOR AT (TW + TSAT)/2
TEMPTEMP = (TW(NTIME) + TSAT)/2.D0
RVO = 2.98517D0
RV1 = -.0152319D0
RV2 = 3.89819D-5
RV3 = -5.37862D-8
RV4 = 3.83202D-11
RV5 = -1.1081D-14

c
S
S

RHOV = RVO + RV1*TEMPTEMP + RV2*TEMPTEMP**2.D0
+ RV3*TEMPTEMP**3.DO
+ RV4*TEMPTEMP**4.D0 + RV5*TEMPTEMP**5.DO
CVO = 13604.7D0
CV1 = -90.430D0
CV2 = .277356D0
CV3 = -.000421265D0
CV4 = 3.1837D-7
CV5 = -9.561480-11

S
$

CPV = CVO + C V 1*TEMPTEMP + CV2*TEMPTEMP*:,i2.D0
+ CV3*TEMPTEMP**3.D0
+ CV4*TEMPTEMP**4.D0 + CV5*TEMPTEMP**5.D0
NUV0 = 5.3949D-6
NUV1 = -4.95084D-8
NUV2 = 2.8263 ID -10
NUV3 = -1.04686D-13
NUV4 = -1.27822D-17
NUV5 = 4.18891D-20

$
S

NUV = NOVO + NUVPTEMPTEMP + NUV2*TEMPTEMP**2.D0
+ NUV3*TEMPTEMP**3.D0
+ NUV4*TEMPTEMP**4.D0 + NUV5*TEMPTEMP**5.D0
MUV0 =
MU VI =
MUV2 =
MUV3 =
MUV4 =
MUV5 =

-1.15981D-5
1.32629D-7
-3.45443D-10
6.06892D-13
-5.23396D-16
1.7725 ID -19

c
S
S

MUV = MUVO + MUV1*TEMPTEMP + MUV2*TEMPTEMP**2.D0
+ MUV3*TEMPTEMP**3.DO
+ MUV4*TEMPTEMP**4.D0 + MUV5*TEMPTEMP**5.D0

C
KVO = -.00206066D0
KV1 = 9.85734D-5
KV2 = -2.21207D-7
KV3 = 5.90672D-10
KV4 = -6.34085D-13
KV5 = 2.48021D-16
C
S
$

KV = KVO + KV 1*TEMPTEMP + KV2*TEMPTEMP**2.D0
+ KV3*TEMPTEMP**3.DO
+ KV4*TEMPTEMP**4.D0 + KV5*TEMPTEMP**5.DO
PRV = NU V/(K V /(CP V *R HOV))

C
FO (l) = 0.D0
DEL(l) = 0.D0
DM(1) = 0.D0
C
C CALCULATE THE HEAT FLUX AT NWALL LOCATIONS
C
DO 20 J=2,NW
C
C CALCULATE EFFECTIVE CONDUCTIVITY AND CONTACT COEFFICIENT
C
KE = KV*(KP/KV)**(.28DO-.757*DLOG10(POR) -.057D0*
S
DLOG 10(KP/KV))
C
C CALCULATE THE WALL CONTACT COEFFICIENT
C
C
TM = TW(NTIME)
C
GAM = 8.3*TM**(-0.42D0)
LAM = 10.D-2* (TM/(TM+132.5 D0))/P A
SI = 2.D0*LAM*(2.D0-GAM)/GAM
PHI = (1.D0 - POR)**(2.DO/3.DO)
HC = 4.D0*KV*PHI/DP*((2.D0*(SI+SR)/DP + 1.D0)*
s
DLOG(DP/(2.DO*(SI+SR)) + 1.D0) - 1.D0)
s
+ (1 .D0-PHI)*KV/(DP*2.D0**(-.5D0) + SI)

c
C HC CALCULATED BY MALHOTRA AND MUJUMDAR - SLAB ON EDGE
C
HC = (2.DO)**.5DO*KV/DP*DLOG((DP*(2.DO)**.5DO)/
$
(2.D0*(SI + SR)) + 1.D0)
HK = HC*KE
KDH = KE/HC
HDK = HC/KE
C
C CALCULATE PARAMETERS
C
CAPA = RHOLP*DH/KE

C
ALPHE = KE/(( 1.DO-POR)*RHOP*CPP + RHOLP*CPV)

KM = ALPHM*RHOMCPM
ALPHM = KM/RHOMCPM

non

FO(J) = ALPHE*(XE*(M))/(US*(NW-1))*HDK**2.D0
DFO = FO(J) - F0(J-1)
SPECIFY THE WALL TEMPERATURE AND GRADIENT

nnnnnnnn

THW(J) = TW(NTIME) - TSAT
DTHWDF = (TW(NTTME1) - TW(NTIME2))/(DFO*(NW-l))
CALCULATE SOLUTION TO ODE’S.
AT THE FIRST NODE UNDER THE BED, THE LAYER THICKNESSES ARE
DETERMINED FROM THE ANALOGOUS CONSTANT WALL TEMPERATURE
EXACT SOLUTIONS. THE SERIES RESISTANCE APPROXIMATION IS
USED TO FIND T(Y=0).

S
S
S
C

18
$
$

C
16

IF (DEL(J-1).EQ.O.DO) THEN
ITC = 0
TEMPT = XE/US*1.D0/(NW-1)
T1 = (1.D0 - POR)*RHOP*CPP
T2 = CPV*RHOLP
STE = (TW(I) - TSAT)*
(T1 + T2)/(RHOLP*DH)
STE2 = -THB* KM/(RHOLP* DH*
(ALPHE* ALPHM)
**.5 DO)
MAKE INITIAL GUESS FOR OMEGA
IF(STE.LE.1.D) THEN
OMEGAO = 0.1 DO* STE
ELSE
OMEGAO = 2.0D0
ENDIF
OMEGAO = F4(STE,OMEGAO)
OMEGAP = F2(STE,STE2,ALPHM,ALPHE,OMEGAO)
HWB = (KE*RHODS*CPDS/(PI*TEMPT))**.5DO
/ERF(OMEGAP)
WBFLUX = l.D0/(l.D0/H W B + 1.D0/HQ*
(TW(I) - TSAT)
TO = TW(I) - WBFLUX/HC
STE = (TO - TSAT)*(T1 + T2)/(RHOLP*DH)
OMEGAO = OMEGAP
OMEGA = F2(STE,STE2, ALPHM, ALPHE, OMEGAO)
ERROM = DABS((OMEGA-OMEGAP)/OMEGA)
IF(ERROM.GT.ALLOW) THEN
OMEGAP = OMEGA
ENDIF
DEL(J) = 2.D0*OMEGA*(ALPHE*TEMPT)**0.5D0
DEL(J) = DEL(J)*HC/KE
SMDEL = DEL(J)*KDH
TH = -A* SMDEL + B*SMDEL**2.D0
DM(J) = F3(TEMPT,OMEGA,ALPHM,ALPHE)
TO = TW(I) - WBFLUX/HC
ITC = ITC + 1
G1 = DEL(J)*(2.D0+DEL(J))

G2 = l.DO + DEL(J)
T1 = HDK* ALPHE*CAPA*G2/G 1
+ KM*THB/(DM(J)*KE)
T2A = (2.D0*T1)**2.D0
T2B = 8.D0*HDK**2.D0*ALPHE*CAPA*THW(J)/G1
A = T1 - 0.5D0*(T2A + T2B)**.5D0
B = A**2.D0/(2.D0*ALPHE*CAPA) KM*THB*A/(DM(J)*KE*ALPHE*CAPA)
T1 = HC**2.D0*ALPHE*CAPA
T2 = A*KE**2.D0*G1 - HK*ALPHE*CAPA*G2 KE*KM*THB*G1/DM(J)
DADTHW = T1/T2
T1 = A*KM*THB*G1
T2 = - A*DM(J)**2.D0*KE*G 1 +
DM(J)**2.D0*HC*ALPHE*CAPA*G2
+ KM*THB*DM(J)*G1
DADDM = T1/T2
T1 = (2.D0* HDK* ALPHE*CAP A*
(G1 - 2.D0*G2**2.D0))/
G1**2.D0
T2 = -4.D0*HDK**2.D0*ALPHE*CAPA*THW(J)*
G2/G1**2.D0
T3 = 2.D0*A - 2.D0*HDK*ALPHE*CAPA*G2/G12.D0*KM*THB/(DM(J)*KE)
DADD = (A*T1 + T2)/T3
DBDA = A/(ALPHE*CAPA) KM*THB/(KE*DM(2)*ALPHE*CAPA)
DBDDM = KM*THB*A/
(KE*DM(J)**2.D0*ALPHE*CAPA)
DENOM = -A*DEL(J) + B*DEL(J)**2.D0*KDH 0.5DQ*DEL(J)**2.D0*DADD +
DEL(J)**3.DO/3.DO*KDH*DBDA*DADD+
CAPA*ALPHE/KDH
RN1 = DADTHW*DTHWDF*(0.5D0*DEL(J)**2.D0
-l.D0/3.D0*DEL(J)**3.D0*
KDH*DBDA)
RN2 = DADDM*(0.5*DEL(J)**2.D0 l.DO/3.DO*DEL(J)**3.DO*KDH*DBDA)*

3 .D0*KE/KM* ALPHM/ ALPHE* KDH**2.D0* A
/THB
RN3 = -DEL(J)**3.D0*KDH*DBDDM*KE/KM*
ALPHM/ALPHE*KDH**2.D0*A/THB
RN4 = -A + 2.D0*B*KDH*DEL(J) +
KM/KE*2 .DO* THB/DM(J)
D1 = -DADDM*(0.5D0*DEL(J)**2.D0 1.DO/3 .DO* DEL(J)* *3.DO*KDH*
DBDA)*KDH*(-3.DO+3.DO*CAPA*
ALPHM/THB*KE/KM)
D2 = l.DO/3.DO*DEL(J)**3.DO*KDH*DBDDM
*KDH*
(-3.DO + 3.DO*CAPA*
ALPHM/THB*KE/KM)
DDDF(J) = (RN1 + RN2 + RN3 + RN4)/
(DENOM + D1 + D2)
T1 = KDH*DDDF(2)*(-3.DO + 3.D0*CAPA*
ALPHM/THB *KE/KM)
T2 = 3.D0*KE/KM*ALPHM/ALPHE*KDH**2.D0
*A/THB
DDMDF = T1 + T2
DMP = DM(I)
DELP = DEL(J)
DM(J) = DDMDF* DFO + DM(J-l)
DEL(J) = DDDF(J)*DFO
SMDEL = DEL(J)*KDH
TH = -A*SMDEL + B*SMDEL**2.D0
ERRDEL = DABS((DEL(J)-DELP)/DEL(J))
ERRDM = DABS((DM(J)-DMP)/DM(J»
IF(ERRDM.GT.ALLOW.OR.ERRDEL.GT.ALLOW)THEN
DM(J) = 0.5D0*DMP+0.5D0*DM(J)
DEL(J) = 0.5D0*DELP +
0.5D0*DEL(J)
IF(ITC.LT.25) GOTO 16
ENDIF
IF(TH.GT.0.D0.AND.ITC.LT.25.AND.
DM(J).GT.0.D0) GOTO 19
DM(J) = l.D-4
DMP = DM(J)
B = HC*THW(J)/(HC*DM(J)**2.D0
+ 2.D0*KM*DM(J))
RN1 = 2.D0*ALPHM/DM(J)
TERM1 = B*(HC*DM(J)**2.D0 + 2.D0*KM*DM(J)>

S

**2.D0
RN2 = (-l.DO/3.DO*DM(.n*HC**3.DO*
ALPHM/KM**2.D0*DTHWDF*
(HC*DM(J)**2.D0 + 2.D0*KM*DM(J)))
/TERM1
DENOM = ALPHM*HC**2.D0/KM**2.D0*
(1.D0 - 2.D0/3.D0*
(THW(J)*HC**2.D0*DM(J)**2.D0
+ KM*HC*THW(J)*DM(J))/TERM1)
DDMDF = (RN1 + RN2)/DENOM
DM(J) = DM(J-1) + DDMDF* DFO

S
5
S
S
$
S

C
DEL(J) = 0.D0
ERRDM = DABS((DM(J)-DMP)/DM(J))
C
IF(ERRDM.GT.ALLOW)THEN
DM(J) = 0.5D0*DMP+0.5D0*DM(J)
GOTO 21
ENDIF
C
GOTO 19
ENDIF
C
C CALCULATE TERMS IN ODE'S.
C
ITC = 0

c

DM(J) = DM(J-1)
DEL(J) = DEL(J-l)
C
17

ITC = ITC + 1
G1 = DEL(J)*(2.D0+DEL(J))
G2 = 1.D0 + DEL(J)

C
S

T1 =HDK*ALPHE*CAPA*G2/G1
+ KM*THB/(DM(J)*KE)

C
T2A = (2.D0*T1)**2.D0
C
T2B = 8.D0*HDK**2.D0*ALPHE*CAPA*THW(J)/G1
C
A = T1 - 0.5D0*(T2A + T2B)**.5D0
C
$

B = A**2.D0/(2.D0*ALPHE*CAPA) KM*THB*A/(DM(J)*KE*ALPHE*CAPA)

C
T1 = HC**2.D0*ALPHE*CAPA
C
$

T2 = A*KE**2.D0*G1 - HK*ALPHE*CAPA*G2 KE*KM*THB*G1/DM(J)

C
DADTHW = T1/T2
C
T1 = A*KM*THB*G1

C
$
$

T2 = - A*DM(J)**2.D0*KE*G1 +
DM(J)**2.D0*HC*ALPHE*CAPA*G2
+ KM*THB*DM(J)*G1

c
D A D D M = T 1 /T 2

c
c

S

T1 = (2.D0*HDK* ALPHE*C APA*(G 1 - 2.D0*G2**2.D0))/
G1**2.D0
T2 = -4.D0*HDK**2.D0*ALPHE*CAPA*THW(J)*G2/G1**2.D0

c
S

T3 = 2.D0*A - 2.D0*HDK*ALPHE*CAPA*G2/G1 2.D0*KM*THB/(DM(J)*KE)

C
DADD = (A*T1 + T2)/T3
C
S

DBDA = A/(ALPHE*CAPA) KM*THB/(KE*DM(J)*ALPHE*CAPA)

C
DBDDM = KM*THB*A/(KE*DM(J)**2.D0*ALPHE*CAPA)
VI Vi Vi

DENOM = -A*DEL(J) + B*DEL(J)**2.D0*KDH 0.5D0*DEL(J)**2.D0*DADD +
DEL(J)**3.DO/3.DO*KDH*DBDA*DADD +
CAPA* ALPHE/KDH

VI Vi

RN1 = DADTHW* DTHWDF* (0.5D0*DEL(J)* *2 .DO
-l.D0/3.D0*DEL(J)**3.D0*
KDH*DBDA)

Vi Vi

RN2 = DADDM*(0.5*DEL(J)**2.D0 l.D0/3.D0*DEL(J)**3.D0*KDH*DBDA)*
3 .DO* KE/KM* ALPHM/ALPHE* KDH* *2. DO* A/THB

Vi

RN3 = -DEL(J)**3.D0*KDH*DBDDM*KE/KM*
ALPHM/ALPHE*KDH**2.D0* A/THB

Vi

RN4 = -A + 2.D0*B*KDH*DEL(J) +
KM/KE*2.D0*THB/DM(J)

Vi Vi Vi

D1 = -DADDM*(0.5D0*DEL(J)**2.D0 1,D0/3.D0*DEL(J)**3.D0*KDH*
DBDA)*KDH*(-3.DO+3.DO*CAPA*
ALPHM/THB *KE/KM)

Vi

D2 = l.DO/3.DO*DEL(J)**3.DO*KDH*DBDDM*KDH*
(-3.DO + 3.D0*CAPA*ALPHM/THB*KE/KM)

Vi

DDDF(J) = (RN1 + RN2 + RN3 + RN4)/
(DENOM + D1 + D2)

Vi Vi Vi

C

DDMDF = KDH*DDDF(J)*(-3.D0 + 3.D0*CAPA*
ALPHM/THB* KE/KM) +
3.D0* KE/KM* ALPHM/ALPHE*
KDH**2.D0* A/THB

C
DMP = DM(J)
DELP = DEL(J)
C
C CALCULATE SOLUTION.

DM(J) = DM(J-1) + DDMDF* DFO
DEL(J) = DEL(J-1) + DDDF(J)*DFO
SMDEL = DEL(J)*KDH
TH = - A* SMDEL + B*SMDEL**2.D0
ERRDEL = DABS((DEL(J)-DELP)/DEL(J))
C
103

ERRDM = DABS((DM(J)-DMP)/DM(J))
IF(ERRDM.GT.ALLOW.OR.ERRDEL.GT.ALLOW) THEN
DM(J) = 0.5D0*DM(J) + 0.5D0*DMP
DEL(J) = 0.5D0*DEL(J) + 0.5D0*DELP
IF(ITC.LT.25) GOTO 17
ENDIF

C
$

IF(TH.GT.0.D0.AND.ITC.LT.25.AND.DM(J).GT.0.D0)
GOTO 19

C
DM(J) = l.D-4
C
22
S

S
S
S
S
$
S
S

DMP = DM(J)
B = HC*THW(J)/(HC*DM(J)**2.D0
+ 2,D0*KM*DM(J))
RN1 = 2.D0*ALPHM/DM(J)
TERM1 = B*(HC*DM(J)**2.D0 + 2.D0*KM*DM(J))
**2.D0
RN2 = (-l.D0/3.D0*DM(J)*HC**3.D0*
ALPHM/KM**2.D0*DTHWDF*
(HC*DM(J)**2.D0 + 2.D0*KM*DM(J)))
/TERM1
DENOM = ALPHM*HC**2.D0/KM**2.D0*
(1.D0 - 2.D0/3.D0*
(THW(J)*HC**2.D0*DM(J)**2.D0
+ KM*HC*THW(J)*DM(J))/TERM1)
DDMDF = (RN1 + RN2)/DENOM
DM(J) = DM(J-1) + DDMDF* DFO
DEL(J) = 0.D0
ERRDM = DABS((DM(J)-DMP)/DM(J))
IF(ERRDM.GT.ALLOW)THEN
DM(J) = 0.5D0*DM(J) + 0.5D0*DMP
GOTO 22
ENDIF

C
C CALCULATE LOCAL HEAT FLUX
C
19
QLOC = -KE*(A - 2.D0*B*DEL(J)*KDH)
TO = TH + TSAT
QINT = -KE*A
QWET = -2.D0*KM*THB/DM(J)
QVAP = QINT - QWET
IF(DEL(J).EQ.0.D0) THEN
QLOC = 2*KM*B*DM(J)
QVAP = 0.D0
ENDIF
DXE = XE/(NW-1)

QSUM = QSUM + QLOC*DXE
QVAPSUM = QVAPSUM + QVAP*DXE
CONTINUE
QWB = (QSUM/XE)* XE*LNGTH
HWB = QWB/{XE*iiS[GTH*(TW(NTIME) - TS(I»)

20

non

DDRY = DEL(NW)* KDH
DELMW(I) = (QV APSUM/XE)/DH* DT*XE*LNGTH
MEVAP = DELMW(I)/DT
AXIAL REGION II

n

ELSE IF (TS(I).EQ.TSAT.AND.MW(I).GT.0.D0) THEN

n

RVUV(l) = 0.D0

o

FO (l) = 0.D0

n

PSAT(l) = PA

n^n

ICOUNT2 = 1
QSUM = 0.D0

o

THB = TS(I) - TSAT

non

DO 25 J=2,NW
SPECIFY THE LOCAL PROPERTIES OF THE WATER VAPOR (500 K).
TEMPTEMP = (TW(NTIME) + TSAT)/2.D0
C
RVO = 2.98517D0
RV1 = -.0152319D0
RV2 = 3.89819D-5
RV3 = -5.37862D-8
RV4 = 3.83202D-11
RV5 = -1.1081D-14
C
$
S

RHOV = RVO + R V 1*TEMPTEMP + RV2*TEMPTEMP**2.D0
+ RV3*TEMPTEMP**3.D0
+ RV4*TEMPTEMP**4.D0 + RV5*TEMPTEMP**5.D0

C
CVO = 13604.7D0
CV1 = -90.430D0
CV2 = .277356D0
CV3 = -.000421265D0
CV4 = 3.1837D-7
CV5 = -9.56148D-11
C
$
$

CPV = CVO + CVPTEMPTEMP + CV2*TEMPTEMP**2.D0
+ CV3*TEMPTEMP**3.D0
+ CV4*TEMPTEMP**4.D0 + CV5*TEMPTEMP*!,‘5.D0

C
NUVO = 5.3949D-6
NUV1 = -4.95084D-8
NUV2 = 2.8263 ID -10
NUV3 = -1.04686D-13

NUV4 = -1.27822D-17
NUV5 = 4.18891D-20
C

S
S

NUV = NUVO + NUV1*TEMPTEMP + NUV2*TEMPTEMP**2.D0
+ NUV3*TEMPTEMP**3.D0
+ NUV4*TEMPTEMP**4.D0 + NUV5*TEMPTEMP**5.DO

C
MUV0 = -1.15981D-5
MU VI = 1.32629D-7
MUV2 = -3.45443D-10
MUV3 = 6.06892D-13
MUV4 = -5.23396D-16
MUV5 = 1.7725 ID -19
C
$
S

MUV = MUVO + MU V 1*TEMPTEMP + MUV2*TEMPTEMP**2.D0
+ MUV3*TTEMP**3.D0
+ MUV4*TEMPTEMP**4.D0 + MUV5*TEMPTEMP**5.D0

C
KVO = -.00206066D0
KV1 = 9.85734D-5
KV2 = -2.21207D-7
KV3 = 5.90672D-10
KV4 = -6.34085D-13
KV5 = 2.48021D-16
C

nnn

$
S

KV = KVO + KV1*TEMPTEMP + KV2*TEMPTEMP**2.D0
+ KV3*TEMPTEMP**3.D0
+ K V4*TEMPTEMP* *4.D0 + KV5*TEMPTEMP**5.D0
PRV = NUV/(KV/(CPV*RHOV»

SPECIFY THE PROPERTIES OF THE SATURATED VAPOR.

non

NUVSAT = 2.2D-5
CALCULATE THE EFFECTIVE BED CONDUCTIVITY AND THE CONTACT COEFFICIENT.

o

S

KE = KV*(KP/KV)**(.28DO-.757*DLOG10(POR) -.057D0*
DLOG10(KP/KV))

n

RE BASED ON PARTICLE DIAMTER.
IF(ICOUNT2.EQ. 1) THEN
RVUV(J) = 0.D0
ENDIF
REDP = RVUV(J)*DP/MUV

nnn

TM = TW(NTIME)
GAM = 8.3*TM**(-0.42D0)
LAM = 10.D-2*(TM/(TM+132.5D0))/PA
SI = 2.D0*LAM*(2.D0-GAM)/GAM
PHI = (1.D0 - POR)**(2.DO/3.DO)
HC CALCULATE BY MALHOTRA AND MUJUMDAR (SLAB ON EDGE)

S

HC = (2.DO)**.5DO*KV/DP*DLOG((DP*(2.DO)**.5DO)/
(2.D0*(SI + SR)) + 1.D0)

C

HK = HC*KE
HDK = HC/KE

KDH = KE/HC
C
CAPA = RHOLP*DH/KE
C
C IF IC0UNT2 IS ONE THEN THEN RVUV IS ZERO
C
15
IF(ICOUNT2.EQ.l) THEN
C
ALFE(J)= KE/((1.DO-POR)*RHOP*CPP)
C
MVYP(J) = RHOLP* ALFE(J)* HDK* DDDF(J)

c

ENDIF

c

FO(J) = ALFE(J)*(XE*(J-1))/(US*(NW-1))*HDK**2.D0
DFO = FO(J) - FO(J-l)
C
C SPECIFY THE WALL TEMPERATURE AND GRADIENT
C
THW(J) = TW(NTIME) - TSAT
C
DTHWDF = (TW(NTIME1) - TW(NTIME2))/(DFO*(NW-l))
C
C AT THE FIRST NODE UNDER THE BED, THE DRY LAYER THICKNESS IS
C DETERMINED FROM THE ANALOGOUS CONSTANT WALL TEMPERATURE
C EXACT SOLUTION. THE SERIES RESISTANCE APPROXIMATION IS
C USED TO FIND T(Y=0).
C
IF (J.EQ.2) THEN
TEMPT = XE/US* 1.D0/(NW-I)
T1 = KE/ALFE(J)
STE = (TW(NTIME) - TSAT)*T1/
$
(RHOLP* DH)
IF(STE.LE.1.D) THEN
OMEGAO = STE
ELSE
OMEGAO = 1.0D0
ENDIF
C
OMEGAP = F4(STE,OMEGAO)

23
$
$

S

ITC3 = 0
HWB = (KE*RHODS*CPDS/(PI*TEMPT))**.5DO/
ERF(OMEGAP)
WBFLUX = l.D0/(l.D0/HW B + 1.DO/HC)*
(TW(NTIME) - TSAT)
TO = TW(NTIME) - WBFLUX/HC
STE = (TO - TSAT)*Tl/(RHOLP*DH)
OMEGAO = OMEGAP
OMEGA = F4(STE,OMEGAO)
IF (DABS((OMEGA-OMEGAP)/OMEGA).
GT. ALLOW) THEN
OMEGAP = OMEGA
ITC3 = ITC3 + 1
IF(ITC3.GT.100) THEN
DEL(2) = DEL2P
GOTO 28

ENDIF
GOTO 23
ENDIF
DEL(2) = 2.D0*OMEGA*(ALFE(J)*TEMPT)**0.5D0
*HDK
ITC2 = 0
ITC2 = TTC2 + 1
IF (ITC2.GT. 100) THEN
DEL(2) = DEL2P
WRITE(*,*) 'ITC2 = 100’
PAUSE
GOTO 25
ENDIF
G1 = DEL(2)*(2.D0 + DEL(2))
G2 = 1.D0 + DEL(2)
T1 = G2**2.D0 + 2.D0*THW(2)*G1/
f AT FF^V^rAPAT

T2 = 1.D0/(HDK* ALFE(2)*C APA)
A = (G2 - T1**0.5D0)/(T2*G1)
B = A**2.D0/(2.D0*ALFE(2)*CAPA)
DADD = (- A**2.D0*T2*G2 + A)/
(A*T2*G1 - G2)
DADTHW = - HDK*(G2**2.D0 +
(2.D0*THW(2)*G 1)/
(ALFE(2)*CAPA))**(-1.5D0)
RN1 = (0.5D0*DEL(2)**2.D0 KDH*DEL(2)**3.D0/3.D0*A/
(ALFE(2)*CAPA))*DADTHW*DTHWDF
ALFEGVDADTHW’.DADTHW,
'DTHWDF',DTHWDF
RN2 = -A + 2.D0*B*KDH*DEL(2)
DENOM = -A*DEL(2) +
B*DEL(2)**2.D0*KDH (0.5D0*DEL(2)**2.D0 KDH* DEL(2)* *3 .DO/3 .DO*A/
(ALFE(2)*CAPA))*DADD+
HDK*ALFE(2)*CAPA
DDDF(2) = (RN1 + RN2)/DENOM
DELP = DEL(2)
DEL(2) = DDDF(2)*DFO
ERRDEL = DABS((DELP-DEL(2))/DEL(2))
IF(ERRDEL.GT.ALLOW) THEN
DEL(2) = 0.9D0*DELP +
0.1D0*DEL(2)
GOTO 27
ENDIF
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DEL2P = DEL(2)
QLOC = -KE*(A - 2.D0*B*DEL(2)*KDH)
C

GOTO 25
ENDIF
C
C SOLVE ODE TO FIND DELTA AT THE CURRENT VALUE OF J.
C
DEL(J) = DEL(J-1)
C
24
G 1 = DEL(J)*(2.D0+BEL(J))
G2 = 1.D0 + DEL(J)
T1 = G2**2.D0 + 2.D0*THW(J)*G1/(ALFE(J)*CAPA)
T 2 = l.DO/(HDK*ALFE(J)*CAPA)
C
A = (G2 - T1* *0.5D0)/(T2*G 1)
C
B = A**2.D0/(2.D0*ALFE(J)*CAPA)
C
DADD = (- A**2.D0*T2*G2 + A)/(A*T2*G1 - G2)
C
$
$

S
S

S
S
$

DADTHW = - HDK*(G2**2.D0 +
(2.D0*THW(J)*G1)/(ALFE(J)*CAPA))**
(-1.5D0)
RN1 = (0.5D0*DEL(J)**2.D0 KDH*DEL(J)**3.DO/3.DO*A/
(ALFE(J)*CAPA))!!<DADTHWH<DTHWDF
RN2 = -A + 2.D0*B*KDH*DEL(J)
DENOM = -A*DEL(J) + B*DEL(J)**2.D0*KDH (0.5D0*DEL(J)**2.D0 - KDH*
DEL(J)**3.DO/3.DO*A/(ALFE(J)*CAPA))*DADD+
HDK*ALFE(J)*CAPA
DDDF(J) = (RN1 + RN2)/DENOM

C
DELP = DEL(J)
C
DEL(J) = DEL(J-l) + DDDF(J)*DFO
ERRDEL = DABS((DELP-DEL(J))/DEL(J))
IF(ERRDEL.GT.ALLOW) THEN
DEL(J) = 0.9D0*DELP + 0.1D0*DEL(J)
GOTO 24
ENDIF
C
C CALCULATE LOCAL HEAT FLUX
C
QLOC = -KE*(A - 2.D0*B*DEL(J)*KDH)
25
QSUM = QSUM + QLOC*DFO
QWB = (QSUM/FO(NW))*XE*LNGTH
HWB = QWB/(XE*LNGTH*(TW(NTIME) - TS(I»)
C
C CALCULATE THE X-DIRECTION VAPOR FLOW
C
D O 3 5 J = 2 ,N W
C
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AL = BETA/2.D0 - ((J-1)*BETA)/(NW-1)
IF(AL.LT.O.DO) THEN
AL = - AL
ENDIF

c

S
S
$
S

L = (2.D0*RI**2.D0*( 1,DO-DCOS(BETA/2.D0)))
**0.5D0*
DCOS(PI/2.DO-BETA/4.DO) (2.D0*RI**2.D0*(1.D0 - DCOS(AL)))
**0.5D0*DSIN(AL/2.D0)
PSAT(J) = PA + NUVSAT*L*MVYP(J)/PERMV

c
S
S

RVUV(J) = K*ALFE(J)*HDK**2.D0*
(PSAT(J)-PSAT(J-l))/
NUV*US*DFO

$

MVYN(J) = ALFE(J)* HDK*(RVUV(J)* DEL(J) RVUV(J-l)*DEL(J-l))/US*DFO

$
$

MVYP(J) = RHOLP*(1.DO - RHOV/RHOW)*
ALFE(J)*HDK*
DDDF(J) - MVYN(J)

$

ALFE(J) = KE/((1.DO-POR)*RHOP*CPP +
RVUV(J)*CPV/US)

C

C

C

C
35
C

CONTINUE
IF(ICOUNT2.EQ. 1) THEN
ICOUNT2 = 2
DO 26 J=2,NW
ALFEPR(J) = ALFE(J)
CONTINUE
GOTO 5
ENDIF

26

C

S
40
C

45
C

DO 40 J=2,NW
ERRALF(J) = DABS((ALFE(J)-ALFEPR(J))/
ALFE(J))
ALFEPR(J) = ALFE(J)
CONTINUE
DO 45 J=2NW
IF(ERRALF(J).GT. ALLOW) THEN
ICOUNT2 = ICOUNT2 + 1
GOTO 5
ENDIF
CONTINUE

ELSE
C
C AXIAL REGION III
C
QSUM = 0.D0
FO(l) = 0.D0
C

DO 50 J=2,NW

n o o n

COND. OF AIR AT (TS(I) + TW)/2
TEMPTEMP = (TS(I) + TW(NTIME))/2.D0

o

KAO = .00887641D0
KA1 = 1.79431D-5
KA2 = 2.30013D-7
KA3 = -3.97395D-10
KA4 = 2.73533D-13
KA5 = -6.6271 ID -17
KAIR = KAO + KAPTEMPTEMP + KA2*TEMPTEMP**2.D0 +
KA3*TEMPTEMP**3.D0
+ KA4*TEMPTEMP**4.D0 + KA5*TEMPTEMP**5.D0

S
$

KE = KAER*(KP/KAIR)**
(.28DO-.757*DLOG10(POR) -.057D0*
DLOG 10(KP/KAIR))

S
$

TM = TW(NTIME)
GAM = 8.3*TM**(-0.42D0)
LAM = 1O.D-2*(TM/(TM+132.5D0))/PA
SI = 2.D0*LAM* (2. DO-GAM)/G AM
PHI = (1.D0 - POR)**(2.DO/3.DO)
HC = 4.D0*KAIR*PHI/DP*((2.D0*(SI+SR)/DP + 1.D0)*
DLOG(DP/(2.DO*(SI+SR)) + 1.D0) - 1.D0)
+ (l.D0-PHI)*KAIR/(DP*2.D0**(-.5D0) + SI)

on

o

o

S
S

HC CALCULATE BY MALHOTRA AND MUJUMDAR (SLAB ON EDGE)
HC = (2. DO)** .5D0* K AIR/DP* DLOG((DP* (2. DO)* * .5D0)/
(2.D0*(SI + SR)) + 1.D0)

C
HDK = HC/KE
C
ALPHE = KE/(RHODS*CPDS)
C
THW(J) = TW(NTIME) - TS(I)
C
FO(J) = ALPHE*(XE*(J-1))/(US*(NW-1))*HDK**2.D0
DFO = FO(J) - FO(J-l)
C
HWB = HC*DEXP(FO(J))*ERFC(FO(J)**.5DO)
C
QLOC = HWB*THW(J)
C
QSUM = QSUM + QLOC*DFO
CONTINUE

50
C

QWB = (QSUM/FO(NW))* XE*LNGTH
HWB = QWB/(XE*LNGTH*(TW(NTIME) - TS(I)))
MEVAP = 0.D0
C

c

END IF
RETURN
END

nnn
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FUNCTION F2(STE,STE2,ALPHM,ALPHE.OMEGAO)
IMPLICIT REAL*8(A-H.O-Z)
XACC= l.D -6
CALL OM1NEWT(STE,STE2,ALPHM,ALPHE,XACC.OMEGAO,OMEGA1)
F2 = OMEGA 1
RETURN
END
C
SUBROUTINE OM1NEWT(STE,STE2,ALPHM,ALPHE,XACC,OMEGAO,OMEGA1)
IMPLICIT REAL*8(A-H,K,L,M,0-Z)
JMAX=100
OMEGA 1 = OMEGAO
DO 11 J= U M A X
CALLOMlFUNC(F,DF,STE,STE2,ALPHM,ALPHE,OMEGAl)
DX = F/DF
IF(DABS(DX).GT.3.D0) THEN
DX = 0.5D0*DX
ENDIF
OMEGA 1 = OMEGA 1 - DX
IF(OMEGA 1.LT.O. DO) THEN
OMEGA1 = 0.5DO*DABS(OMEGA1)
ENDIF
IF(OMEGA1.GT.10.DO) THEN
OMEGA 1 = 0.1 DO
ENDIF

C

C

IF(DABS(DX/0MEGA1).LT.XACC) RETURN
CONTINUE
PAUSE RTNEWT EXCEEDING MAXIMUM ITERATIONS'
END

11
C
C

SUBROUTINE 0M1FUNC(F,DF,STE,STE2,ALPHM,ALPHE,0MEGA1)
IMPLICIT REAL*8(A-H,K-M,0-Z)
PI = 3.1415926536D0
C
AR1 = OMEGA1*(ALPHE/ALPHM)**.5DO
RN1 = DEXP(-AR1**2D0)
D1 = ERF(ARl) - 1D 0
IF(Dl.EQ.ODO) THEN
D1 = ID -12
ENDIF
RN2 = DEXP(-OMEG A 1* * 2D 0)
D2 = ERF(OMEGAl)
IF(D2.EQ.0D0) THEN
D2 = LD-12
ENDIF
F = STE2*RN1/D1 + STE*RN2/D2 - PI**0.5DO*OMEGA1
C

$

AR12 = AR1**2D0
RN1 = -2D0*DEXP(-AR12)* AR12/OMEGA 1*(ERF(AR 1) - EDO)
RN2 = 2DO/PI**0.5DO*DEXP(-AR12)*AR1/OMEGA1*
DEXP(-AR12)
D1 = (ERF(ARl) - l.D0)**2.D0
IF(D1.EQ.0.D0) THEN
D1 = LD-12
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ENDIF
RN3 = DEXP(-OMEGA1**2.DO)*(-2.DO)*OMEGA1*ERF(OMEGA1)
RN4 = 2D0/PI**0.5D0*DEXP(-2.D()*OMEGAl**2D0)
D2 = ERF(OMEGA1)**2.DO
IF(D2.EQ.0.D0) THEN
D2 = l.D-12
ENDIF
DF = STE2*((RN1 - RN2)/D1) + STE*(RN3 - RN4)/D2 - PI**.5D0

non

RETURN
END

n

FUNCTION F3(TEMPT,OMEGA,ALPHM,ALPHE)
IMPLICIT REAL* 8(A-H,0-Z)
XACC= l.D -6
DM0 = l.D-4
CALL DMNEWT(TEMPT,OMEGA,ALPHM,ALPHE,XACC,DM0,DM)
F3 = DM
RETURN
END

IF(DABS (DX/DM).LT.X ACC) RETURN
CONTINUE
PAUSE 'RTNEWT EXCEEDING MAXIMUM ITERATIONS'
END

n

o —

SUBROUTINE DMNEWT(TEMPT, OMEGA, ALPHM,ALPHE,XACC, DM0, DM)
IMPLICIT REAL*8(A-H,K,L,M,0-Z)
JMAX=100
DM = DM0
DO 11 J=1 JMAX
CALL DMFUNC(F,DF,ALPHM,ALPHE,OMEGA,TEMPT,DM)
DX = F/DF
DM = D M - DX

n

SUBROUTINE DMFUNC(F,DF,ALPHM,ALPHE,OMEGA,TEMPT,DM)
IMPLICIT REAL* 8(A-H,0-Z)
PI = 3.1415926536D0
AR1 = DM/(2D0*(ALPHM*TEMPT)**0.5D0)
AR2 = OMEGA*(ALPHE/ALPHM)**.5DO
F = 5D -2 - (EDO - ERF(AR1))/(LD0 - ERF(AR2))

n

RN1 = DEXP(-AR1**2D0)
D1 = EDO - ERF(AR2)
D2 = (PI*ALPHM*TEMPT)**.5D0
DF = RN1/(D1*D2)

non

RETURN
END

FUNCTION F4(STE,OMEGAQ)
IMPLICIT REAL*8(A-H,0-Z)
XACC = LD-6

CALL OM2NEWT(STE,OMEGAO,XACC,OMEGA2)
F4 = OMEGA2
RETURN
END
SUBROUTINE OM2NEWT(STE,OMEGAO,XACC,OMEGA2)
IMPLICIT REAL*8(A-H,K,L,M,0-Z)
JMAX=100
0MEGA2 = OMEGAO
DO 11 J=1JMAX
CALL OM2FUNC(F,DF,STE,OMEGA2)
DX = F/DF
OMEGA2 = OMEGA2 - DX
IF(DABS(DX/OMEGA2).LT.XACC) RETURN
CONTINUE
PAUSE 'RTNEWT EXCEEDING MAXIMUM ITERATIONS'
END
SUBROUTINE OM2FUNC(F»DF,STE,OMEGA2)
IMPLICIT REAL*8(A-H,K-M,0-Z)
PI = 3.1415926536D0
F = OMEGA2*DEXP(OMEGA2**2.DO)*ERF(OMEGA2)
- STE/(PI)**.5D0
DF = OMEGA2 + ERF(OMEGA2)*DEXP(OMEGA2**2.DO)*
(2.DO*OMEGA2**2.DO + 1.D0)
RETURN
END

FUNCTION ERF(X)
IMPLICIT REAL*8(A-H,M,0-Z)
MO = .00082118048249D0
Ml = 1.1014701364D0
M2 = .16655521717D0
M3 = -.77490458995D0
M4 = .44593866623D0
M5 = -.1071037678200
M6 = .0096343283326D0
IF(X.LE.2.65D0) THEN
ERF = M0 + M1*X + M2*X**2.D0 + M3*X**3.D0
+ M4*X**4.D0 + M5*X**5.D0 + M6*X**6.D0
ELSE
ERF = 1.D0
ENDIF
RETURN
END
FUNCTION ERFC(X)
IMPLICIT REAL*8(A-H,M,0-Z)
MO = .00082118048249D0
M l = 1.1014701364D0
M2 = .16655521717D0
M3 = -.77490458995D0
M4 = .44593866623D0
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S

M5 = -.10710376782D0
M6 = .0096343283326D0
IF(X.LE.2.65D0) THEN
ERF = MO + M1*X + M2*X**2.D0 + M3*X**3.D0
+ M4’i‘X*’,<4.D0 + M5*X**5.D0 + M6*X**6.D0
ELSE
ERF = l.DO
ENDIF

C
ERFC = l . DO- ERF
C
RETURN
END
C
C

c
C RADIATION HEAT TRANSFER SUB-MODEL
C
SUBROUTINE RAD
C
IMPLICIT REAL*8(A-H,K,L,M,N,0-Z)
INTEGER NTIME,NTIME1 ,NTIME2,N,NW,NWALLT
C
DIMENSION TG(5000),TS(500),TW(5000),
S
TWA(5000),DELMW(500),TAUGW(5),EPSG(5),
S
ABSG W (5),TAUGP(5), AB SGP(5),
S
TAUGS(5),ABSGS(5),TAUGS(5),MWS(500),MG(500),
S
MW(500),TSEXP(5000),
S
MEVAPEXP(5000),MWEXP(5000),TC1(5000),TC3(5000)
C
COMMON/CONST/PI,DH,XE.AS,AW,N,NW,NWALLT,DI,TSAT,FF,BETA,
S
OM,DT,TREF,PA,POR,US,DP,K,C2,SR,RI,LNGTH,
S
ALLOW,AG
COM M ONS AR/T,I,X,S ,NTIME,HWB
COMMON/TEMPS/TG,TS,TW,TGP,TSP,TGPP,TSPP,TWA,TGIN,TSEXP,
$
TCI TC3
C0MM0N/RADPR0P/EPSS,EPSW,FWS,FSG,FWG,SIG,PC02BASE,PH20BASE
COMMON/FLUX/QWB,QRG,QRW,QRB,QCGW,QCGS,DELMW,QS
COMMON/FLOW/MWS,MG,MW,MGIN,MDS,MWP,MWPP,MCG,MEVAP,MEVAPEXP,
S
MWEXP
C
ABSS = EPSS
ABSW = EPSW
REFLS = l.DO - ABSS
REFLW = l.DO - ABSW
C
PHIL = BETA/2.D0
FSW = l.DO
FWS = DSIN(PHIL)/(PI - PHIL)
FWW = l.DO - FWS
C
S
$

PH 20 = (PH2OBASE*MCG/28.97D0 + MEVAP/18.015D0)/
(MCG/28.97D0 + MEVAP/18.015D0)
PC 02 = (PCO2BASE*MCG/28.97D0)/
(MCG/28.97D0 + MEVAP/18.015D0)

LM = 0.95D0*DI*(1.D0 - FF)
C

L = LM

CALL GASRAD(TW(NTIME),TG(NTIME),PH20,PC02,L,EPSG(1),
ABSGW(1),ABSGP(1))
TAUGW(l) = l.DO - ABSGW(l)
TAUGP(l) = l.DO - ABSGP(l)

S

$
$

non

S

,EPSG(1)’,EPSG(1)/ABSGW(1)',ABSGW(1)
L = 2.D0*LM
CALL GASRAD(TW(NTIME),TG(NTIME),PH20,PC02,L,
EPSG(2),ABSGW(2),ABSGP(2))
TAUGW(2) = l.DO - ABSGW(2)
L = 3.D0*LM
CALL GASRAD(TW(NTIME),TG(NTIME),PH20,PC02,L,
EPSG(3),ABSGW(3),ABSGP(3»
TAUGW(3) = l.DO- ABSGW(3)

CALCULATE ABSORPTIVITY USING TS
L = LM
C ALL GASRAD(TS(I) ,TG(NTIME) ,PH20,PC02,L,
EPSG( 1),ABSGS(1 ),ABSGP( 1))
TAUGS(l) = 1.D0 - ABSGS(l)
TAUGP(l) = l.DO - ABSGP(l)
L = 2.D0*LM
CALL GASRAD(TS(I),TG(NTIME),PH20.PC02,L,
EPSG(2),ABSGS(2),ABSGP(2))
TAUGS(2) = 1.D0 - ABSGS(2)

S

S

n

S

n

S

ABSGS(2)
L = 3.D0*LM
CALL GASRAD(TS(I),TG(NTIME),PH20,PC02.L,
EPSG(3),ABSGS(3),ABSGP(3))
TAUGS(3) = l.DO - ABSGS(3)

non

EG = SIG*TG(NTIME)**4.D0
ES = SIG*TS(1)**4.D0
EW = SIG*TW(NTIME)**4.D0
CALCULATE NET HEAT FLUX FROM GAS

$

$

T1 = EPSG(1)*AG*EG
T2 = -(l.DO - TAUGS(1))*FSW*EPSS*AS*ES
T3 = -(TAUGS(l) - TAUGS(2))*FSW*REFLW*EPSS*AS*ES
T4 = -(TAUGS(2) - TAUGS(3))*FWW*FSW*REFLW**2.D0*EPSS*AS*ES
T5 = -(TAUGS(2) - TAUGS(3))*FWS*FSW**2.D0:*REFLS*REFLW*
EPSS*AS*ES
T6 = -(l.DO - TAUGW(1))*EPSW*AW*EW
T7 = -(TAUGW(l) - TAUGW(2))*FWW*REFLW*EPSW*AW*EW
T8 = -(TAUGW(2) - TAUGW(3))*FWW**2.D0*REFLW**2.D0*EPSW*AW*EW
T9 = -(TAUGW(2) - TAUGW(3))*FWS*FSW*REFLS*REFLW*EPSW*AW*EW
T10 = -(TAUGW(2) -TAUGW(3))*FWS*FWW*FSW*REFLS*REFLW*
EPSW*AW*EW
T11 = -(TAUGW(l) - TAUGW(2))*FWS*FSW*REFLS:,‘EPSW*AW*EW
T12 = -ABSGP( 1)*REFLW*EPSG( 1)* AW*EG

T13 = -(REFLW*FWW + REFLS*FWS)*REFLW*TAUGP( 1)*EPSG( 1(^AW^EG
T14 = -(ABSGP(l) + REFLW*TAUGP(1))*FSW*REFLS*EPSG(1)TAS*EG
QG = T1 + T2 + T3 + T4 + T5 + T6 + T7 + T8 + T9 + TlO +
T il + T12 + T13 + T14
T1 = EPSS*AS*ES
T2 = -ABSS*TAUGS(2)*FWS*FSW*REFLW*EPSS*AS*ES
T3 = -ABSS*TAUGS(3)*FWS*FSW*FWW*REFLW**2.DO*EPSS*AS*ES
T4 = -FWS*TAUGS(3)*FWW**2.D0*FSW*REFLW**3.D0*EPSS*AS*ES
T5 = -FWS*TAUGS(3)*FWS*FSW**2.DO*REFLS*REFLW**2.DO*EPSS*AS*ES
T6 = -ABSS*TAUGW(1)*FWS*EPSW*AW*EW
T7 = -ABSS*TAUGW(2)*FWS*FWW*REFLW*EPSW*AW*EW
T8 = -ABSS*TAUGW(3)*FWS*FWW**2.D0*REFLW**2.D0*EPSW*AW*EW
T9 = -ABSS*TAUGW(3)*FWS**2.DO*FSW*REFLS*REFLW*EPSW*AW*EW
TlO = -FWS*TAUGW(3)*FWW**3.DO*REFLW**3.DO*EPSW*AW*EW
T il = -2.DO*FWS*TAUGW(3)*FWS*FWW*FSW*REFLS*REFLW**2.DO*
EPSW*AW*EW
T12 = -ABSS*EPSG(1)*AS*EG
T13 = -ABSS*FWS*REFLW*TAUGP(1)*EPSG(1)*AW*EG
QS = T1 + T2 + T3 + T4 + T5 + T6 + T7 + T8 + T9 + TlO +
T il + T12 + T13
QRB = -QS
T1 = EPSW*AW*EW
T2 = -ABSW*TAUGS(1)*FSW*EPSS*AS*ES
T3 = -ABSW*TAUGS(2)*FWW*FSW*REFLW*EPSS*AS*ES
T4 = -ABSW*TAUGS(3)*FWW**2.D0*FSW*REFLW**2.D0*EPSS*AS*ES
T5 = -ABSW*TAUGS(3)*FWS*FSW**2.DO*REFLS*REFLW*EPSS*AS*ES
T6 = -FWW*TAUGS(3)*FWW**2.DO*FSW*REFLW**3.DO*EPSS*AS*ES
T7 = -2.D0*FWW*TAUGS(3)*FWS*FSW**2.D0*REFLS*REFLW**2.D0*
EPSS*AS*ES
T8 = -ABSW*TAUGW(1)*FWW**2.D0*EPSW*AW*EW
T9 = -ABSW*TAUGW(2)*FWW**2.D0*REFLW*EPSW*A'W*EW
TlO = -ABSW*TAUGW(2)*FWS*FSW*REFLS*EPSW*AW*EW
T11 = -ABSW*TAUGW(3)*FWW**3.D0*REFLW**2.D0*EPSW*AW*EW
T12 = -2.DO*ABSW*TAUGW(3)*FWS*FWW**FSW*REFLS*REFLW*EPSW*AW*EW
T13 = -FVm*TAUGW(3)*FWW**3.DO*REFLW**3.DO*EPSW*AW*EW
T14 = -2.D0*FWW*TAUGW(3)*FWS*FWW*FSW*REFLS*REFLW**2.D0*
EPSW*AW*EW
T15 = -FSW*TAUGW(3)*FWW**2.D0*FWS*REFLS*REFLW**2.D0*EPSW*AW*EW
T16 = -FSW*TAUGW(3)*FWS**2.D0*FWW*FSW*REFLS**2.D0*REFLW*
EPSW*AW*EW
T17 = -ABSW*EPSG(1)*AW*EG
T18 = -ABSW*FWW*REFLW*TAUGP(1 )*EPSG( 1)*AW*EG
T19 = -ABSW*FSW*REFLS*TAUGP(1)*EPSG(1)*AS*EG
QW = T1 + T2 + T3 + T4 + T5 + T6 + T7 + T8 + T9 +
TlO + T il + T12 + T13 + T14 + T15 + T16 + T17 + T18
+ T19
RETURN
END
SUBROUTINE GASRAD(TSQ,TG,PH20,PC02,L,SUMEM,SUMABS,ABSGP)

C
C
C
C
C
C
C

THIS SUBROUTINE CALCULATES THE TOTAL EMISSIVITY AND ABSORBTIVITY OF
A MIXTURE OF CARBON DIOXIDE. WATER VAPOR AND A NON-PARTICIPATING
GAS (AIR). THE PARTIAL PRESSURES OF THE GASEOUS CONSTITUENTS, THE
TEMPERATURE OF THE GAS MIXTURE, AND THE TEMPERATURE OF THE SOURCE
OF THE RADIATION ARE SPECIFIED. EDWARDS (1976 AND 1981).

$
$
$
$
$
S

IMPLICIT REAL*8(A-H,K,L,N,0-Z)
INTEGER V1.V2.V3
DIMENSION NUHH(10),NUHC(10),DELTAH1(10),DELTAH2(10),
DELTAHA3(10),DELTAHB3(10),
DELTAHC3(10),DELTAH4(10),DELTAH5(10),
DELTAC1(10),DELTAC2( 10),DELTAC3( 10),DELTAC4( 10),
DELTAC5(10),DELTAC6(10),U(10),U0(10),TAUG(15),
BLKTRNS(25),NU(25),NUL(25),NUU(25),DELNU(15),
NULP(15),NUUP(15)

C
C INPUT PARAMETERS
C
P = 84786.D0/101325.D0
P0 = l.DO
TO = 100.D0
C
HCDK = 1.4388D0
C
C SPECIFY PARAMETERS FOR H20
C
NUHH(l) = 3652.D0
NUHH(2) = 1595.D0
NUHH(3) = 3756.D0
C
DELTAHl(l) = 0
DELTAH1(2) = 0
DELTAH1(3) = 0
DELTAH2(1) = 0
DELTAH2(2) = 1
DELTAH2(3) = 0
DELTAHA3(1) = 0
DELTAHA3(2) = 2
DELTAHA3(3) = 0
DELTAHB3(1) = 1
DELTAHB3(2) = 0
DELTAHB3(3) = 0
DELTAHC3(1) = 0
DELTAHC3(2) = 0
DELTAHC3(3) = 1
DELTAH4(1) = 0
DELTAH4(2) = 1
DELTAH4(3) = 1
DELTAH5(1) = 1
DELTAH5(2) = 0
DELTAH5(3) = 1

C
MH = 3
NH = 1
C
BH = 8.6D0*(T0/TG)**0.5D0 + 0.5D0
C

AOHl = 5200.D0
A0H2 = 41.2D0
A03HA = 0.19D0
A03HB = 2.3D0
A03HC = 22.4D0
A0H4 = 3.0D0
A0H5 = 2.5D0
C
B0H1 = 0.14311D0
B0H2 = 0.09427D0
B0H3 = 0.13219D0
B0H4 = 0.08169D0
B0H5 = 0.11628D0
C

nnn

W0H1 = 28.4D0
W0H2 = 56.4D0
W0H3 = 60.D0
W0H4 = 43.1D0
W0H5 = 32.DO
C02 PARAMETERS
NUHC(1)= 1351.D0
NUHC(2) = 667.D0
NUHC(3) = 2396.D0
C
DELTACl(l) = 0
DELTAC1(2) = 1
DELTAC1(3) = 0
DELTAC2(1) = -1
DELTAC2(2) = 0
DELTAC2(3) = 1
DELTAC3(1) = 0
DELTAC3(2) = -2
DELTAC3(3) = 1
DELTAC4(1) = 0
DELTAC4(2) = 0
DELTAC4(3) = 1
DELTAC5(1) = 1
DELTAC5(2) = 0
DELTAC5(3) = 1
DELTAC6(1) = 2
DELTAC6(2) = 0
DELTAC6(3) = 1
C
MC = 3
NCI = 0.7D0
NC2 = 0.8D0
NC3 = 0.8D0
NC4 = 0.8D0
NC5 = 0.65D0
NC6 = 0.65D0
C
BC = 1.3D0
C

A0C1 = 19.D0
A0C2 = 2.47D-9
A0C3 = 2.48D-9

A0C4 = 110. DO
A0C5 = 4.0D0
A0C6 = 0.066D0
C

B0C1 =
B0C2 =
B0C3 =
B0C4 =
B0C5 =
B0C6 =

0.06157D0
0.04017D0
0.11888D0
0.24723D0
0.13341D0
0.39305D0

C

non

W0C1 =
W0C2 =
W0C3 =
W0C4 =
W0C5 =
W0C6 =

12.7D0
13.4D0
10.1D0
11.2D0
23.5D0
34.5D0

H 20 CALCULATIONS

o

U (l) = HCDK*NUHH(1)/TG
U(2) = HCDK*NUHH(2)/TG
U(3) = HCDK*NUHH(3)/TG

on

on

on

on

on

on

on

U0(1) = HCDK*NUHH(1)/T0
U0(2) = HCDK*NUHH(2)/T0
U0(3) = HCDK*NUHH(3)/T0
ROTATIONAL BAND
ALH1 = A0H1
6.3 BAND
PSITG = l.D 0/(l.D 0 - DEXP(-U(2)))
PSITO = l.D 0/(l.D 0 - DEXP(-U0(2)))
ALH2 = ALPHA(DELTAH2,U,U0,A0H2,MH,PSITG,PSITO)
2.7 (A) BAND
PSITG = 2.D0/(1.D0 - DEXP(-U(2)))**2.D0
PSITO = 2.D0/(1.D0 - DEXP(-U0(2)))**2.D0
ALH3A = ALPHA(DELTAHA3,U,U0,A03HA,MH,PSITG,PSITO)
2.7 (B) BAND
PSITG = 1.D0/C1.D0 - DEXP(-U(1)))
PSITO = l.D 0/(l.D 0 - DEXP(-U0(1)))
ALH3B = ALPHA(DELTAHB3,U,U0,A03HB,MH,PSITG,PSITO)
2.7 (C) BAND
PSITG = l.D 0/(l.D 0 - DEXP(-U(3)))
PSITO = l.D 0/(l.D 0 - DEXP(-U0(3)))
ALH3C = ALPHA(DELTAHC3,U,U0,A03HC,MH,PSITG,PSITO)
2.7 BAND
ALH3 = ALH3A + ALH3B + ALH3C
1.87 BAND
PSITG = l.D 0/((l.D 0 - DEXP(-U(2)))*(1 .DO - DEXP(-U(3))))
PSITO = l.D 0/((l.D 0 - DEXP(-U0(2)))*(1.D0 - DEXP(-U0(3))))
ALH4 = ALPHA(DELTAH4,U,U0,A0H4,MH,PSITG,PSITO)

c
C 1.38 BAND
PSITG = l.DO/((l.DO - DEXP(-U( 1)))* (1 .DO - DEXP(-U(3))))
PSITO = l.DO/((l.DO - DEXP(-UO( 1)))* (1 .DO - DEXP(-UO(3))))
ALH5 = ALPHA(DELTAH5,U,U0,A0H5,MH,PSITG,PSITO)
C
C H 20 ROTATIONAL BAND
C
BETAH1 = B0H1*(TG/T0)**(-.5D0)
C
C 6.3 BAND
TERM1 = 0.D0
ERR = l.DO
V2 = 0
DO WHILE(ERR.GT. 1.D-9)
TERM = (V2+1)**.5D0*DEXP(-U(2)*V2/2.D0)
TERM1 = TERM1 + TERM
ERR = DABS(TERM/TERM1)
V2 = V2 + 1
END DO
PHITG = (l.D 0/(l.D 0 - DEXP(-U(1)/2.D0)))**2.D0*TERM1**2.D0*
$
(l.D 0/(l.D 0 - DEXP(-U(3)/2.D0)))**2.D0*
S
(1.D0-DEXP(-U(1)))*(1.D0 - DEXP(-U(2)))**2.D0*
$
(l.DO - DEXP(-U(3))>

S
S
S

TERM1 = 0.D0
ERR = l.DO
V2 = 0
DO WHDLE(ERR.GT.l .D-9)
TERM = (V2+1)** ,5D0*DEXP(-U0(2)* V2/2.D0)
TERM1 = TERM1 + TERM
ERR = DABS(TERM/TERM1)
V2 = V2 + 1
END DO
PHITO =
(l.D 0/(l.D 0 - DEXP(-U0( 1)/2.D0)))**2.D0*TERM 1**2.D0*
(l.D 0/(l.D 0 - DEXP(-U0(3)/2.D0)))**2.D0*
(1 .D0-DEXP(-U0( 1)))*( 1.DO - DEXP(-U0(2)))**2.D0*
(l.DO - DEXP(-U0(3)))

BETAH2 = B0H2*(TG/T0)**(-.5D0)*PHITG/PHIT0
C
C 2.7 (A) BAND
TERM1 = 0.D0
ERR = l.DO
V2 = 0
DO WHILE(ERR.GT. 1.D-9)
TERM = (V2+1)**.5D0*(V2+2)*:,,.5D0*DEXP(-U(2)*V2/2.D0)
TERM1 = TERM1 + TERM
ERR = DABS(TERM/TERM1)
V2 = V2 + 1
END DO
PHITG = 0.5D0*(1.D0/(1.D0-DEXP(-U(1)/2.D0)))**2.D0
$
*TERM1**2.D0*
$
(l.DO/(l.DO-DEXP(-U(3)/2.DO)))**2.DO
$
*( 1.D0-DEXP(-U( 1)))*
$
(1 ,D0-DEXP(-U(2)))**3.D0*( 1,D0-DEXP(-U(3)))
T E R M 1 = 0 .D 0
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$
$
$
$

ERR = l.DO
V2 = 0
DO WHILE(ERR.GT.l .D-9)
TERM = (V2+1)**.5D0*(V2+2)**.:>D0*
DEXP(-U0(2)*V2/2.D0)
TERM1 = TERM1 + TERM
ERR = DABS(TERM/TERM1)
V2 = V2 + 1
END DO
PHITO = O.5DO*(l.D0/(l.DO-DEXP(-UO(l)/2.DO)))**2.DO
*TERM1**2.D0*
(1 JDO/( 1.D0-DEXP(-U0(3)/2.D0)))**2.D0
*( 1.D0-DEXP(-U0( 1)))*
(l.DO-DEXP(-UO(2)))**3.DO*(l.DO-DEXP(-UO(3)))

BETAH3A = BOH3*(TG/TO)**(-.5DO)*PHITG/PHITO
C
C 2.7 (B) BAND
TERM1 = 0.D0
ERR = l.DO
VI = 0
DO WHILE(ERR.GT. 1.D-9)
TERM = (V1+1)**.5D0*DEXP(-U(1)*V1/2.D0)
TERM1 = TERM1 + TERM
ERR = DABS(TERM/TERM1)
VI = VI + 1
END DO
PHITG = TERM1 **2.D0*(1 .D0/(1 .D0-DEXP(-U(2)/2.D0))**2.D0)*
$
(l.DO/(l.DO-DEXP(-U(3)/2.DO))**2.DO)*
$
(1 ,D0-DEXP(-U( 1)))* *2.D0*( 1.D0-DEXP(-U(2)))*
S
(l.D0-DEXP(-U(3»)

$
$
$

TERM1 = 0.D0
ERR = l.DO
VI = 0
DO WHILE(ERR.GT. 1.D-9)
TERM = (V1+1)**.5D0*DEXP(-U0(1),!,V1/2.D0)
TERM1 = TERM1 + TERM
ERR = DABS (TERM/TERM 1)
VI = VI + 1
END DO
PHITO = TERM1**2.D0*(1 .D0/(1 ,D0-DEXP(-U0(2)/2.D0))**2.D0)*
(l.D 0/(l .D0-DEXP(-U0(3)/2.D0))**2.D0)*
(1 .D0-DEXP(-U0(1 )))**2.D0*( 1.D0-DEXP(-U0(2)))*
(l.D0-DEXP(-U0(3)))

BETAH3B = B0H3%(TG/T0)*!,!(-.5D0)*PHITG/PHIT0
C
C 2.7(C ) BAND
TERM1 = 0.D0
ERR = l.DO
V3 = 0
DO WHILE(ERR.GT. 1.D-9)
TERM = (V3+1)* * .5D0* DEXP(-U(3 )* V3/2.D0)
TERM1 = TERM1 + TERM
ERR = DABS(TERM/TERM1)
V3 = V3 + 1
END DO
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$
$
$

PHITG = (l.D0/(l.D0-DEXP(-U(l)/2.D0)))**2.D0*
(l.DO/(l.DO-DEXP(-U(2y2.DO)))**2.DO*TERMl**2.DO*
(1 ,D0-DEXP(-U(1 )))*( 1.D0-DEXP(-U(2)))*
(l.D0-DEXP(-U(3)))**2.D0
TERM1 = O.DO
ERR = l.DO
V3 = 0
DO WH1LE(ERR.GT. 1.D-9)
TERM = (V3+1)* * .5D0* DEXP(-U0(3)* V 3/2.DO)
TERM1 = TERM1 + TERM
ERR = DABS(TERM/TERM1)
V3 = V3 + 1
END DO
PHITO = (1 .D0/(1.D0-DEXP(-U0(1)/2.D0)))**2.D0*
(1 .D0/( 1.D0-DEXP(-U0(2)/2.D0)))**2,D0*TERM 1**2.D0*
(1 .D0-DEXP(-U0( 1)))*( 1,D0-DEXP(-U0(2)))*
(1 .D0-DEXP(-U0(3)))**2.D0

BETAH3C = BOH3*(TG/TO)**(-.5DO)*PHITG/PHITO
C
C 2.7 BAND
BETAH3 = (((ALH3A*BETAH3A)**.5DO + (ALH3B!“BETAH3B)!!,:f.5DO
$
+ (ALH3C*BETAH3C)**.5D0)**2.D0)/ALH3
C
C 1.87 BAND
TERM1 = O.DO
ERR = l.DO
V2 = 0
DO WHILE(ERR.GT. 1.D-9)
TERM = (V2+1)**.5D0*DEXP(-U(2)*V2/2.D0)
TERM1 = TERM1 + TERM
ERR = DABS(TERM/TERM1)
V2 = V2 + 1
END DO
TERM2 = 0.0D0
ERR = l.DO
V3 = O.DO
DO WHILE(ERR.GT. 1.D-9)
TERM = (V3+1)**.5D0*DEXP(-U(3)*V3/2.D0)
TERM2 = TERM2 + TERM
ERR = DABS(TERM/TERM2)
V3 = V3 + 1
END DO
PHITG = (1 .D0/( 1.D0-DEXP(-U (1 )/2.D0)))**2.D0*TERM 1** 2.D0*
$
TERM2**2.D0*(1.D0-DEXP(-U(1)))*(1.D0-DEXP(-U(2)))
$
**2.D0*
S
(l.D0-DEXP(-U(3)))**2.D0
TERM1 = O.DO
ERR = l.DO
V2 = 0
DO WHILE(ERR.GT. 1.D-9)
TERM = (V 2+1 )* * .5DO* DEXP(-U0(2)* V2/2.DO)
TERM1 = TERM1 + TERM
ERR = DAB S (TERM/TERM 1)
V2 = V2 + 1
END DO
TERM2 = 0.0D0
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ERR = l.DO
V3 = O.DO
DO WHELE(ERR.GT. 1.D-9)
TERM = (V3+l)**.5DO*DEXP(-UO(3)*V3/2.DO)
TERM2 = TERM2 + TERM
ERR = DABS(TERM/TERM2)
V3 = V3 + 1
END DO
PHITO = (1 .D0/( 1.D0-DEXP(-U0( 1)/2.D0)))**2.D0*TERM 1**2.D0*
TERM2**2.D0*(1.D0-DEXP(-U0(1)))*(1.D0-DEXP(-U0(2)))
**2.D0*
(l.D0-DEXP(-U0(3)))**2.D0
BETAH4 = B0H4*(TG/T0)**(-.5D0)*PHITG/PHIT0
38 BAND
TERM1 = O.DO
ERR = l.DO
VI = 0
DO WHILE(ERR.GT. 1.D-9)
TERM = (V 1+1 )* * .5D0* DEXP(-U( 1)* V 1/2.D0)
TERM1 = TERM1 + TERM
ERR = DABS(TERM/IERM1)
VI = VI + 1
END DO
TERM2 = 0.0D0
ERR = l.DO
V3 = O.DO
DO WHILE(ERR.GT. 1.D-9)
TERM = (V 3+1 )* * .5D0* DEXP(-U(3)* V3/2.D0)
TERM2 = TERM2 + TERM
ERR = DABS(TERM/TERM2)
V3 = V3 + 1
END DO
PHITG = TERM1 **2.D0*( 1,D0/( 1.D0-DEXP(-U(2)/2.D0)))**2.D0*
TERM2**2.D0*(1.D0-DEXP(-U(1)))**2.D0*
(1 .D0-DEXP(-U(2)))*
(1 ,D0-DEXP(-U(3)))*:t‘2.D0
TERM1 = O.DO
ERR = l.DO
VI = 0
DO WHILE(ERR.GT. 1.D-9)
TERM = (V 1+1 )** ,5D0*DEXP(-U0( 1)* V 1/2.D0)
TERM1 = TERM1 + TERM
ERR = DABS(TERM/TERM1)
VI = VI + 1
END DO
TERM2 = 0.0D0
ERR = l.DO
V3 = O.DO
DO WHILE(ERR.GT. 1.D-9)
TERM = (V3+1)**.5D0*DEXP(-U0(3)*V3/2.D0)
TERM2 = TERM2 + TERM
ERR = DABS(TERM/TERM2)
V3 = V3 + 1
END DO
PHITO = TERM1**2.D0*(1.D0/(1.D0-DEXP(-U0(2)/2.D0)))**2.D0*
$
TERM2**2.D0*(1.D0-DEXP(-U0(1)))**2.D0
$
*(1 ,D0-DEXP(-U0(2)))*

( l.D 0 - D E X P ( - U 0 ( 3 ) ) ) * * 2 .D 0

BETAH5 = B0H5 * (TG/TO) ** (-. 5 DO)*PHITG/PHITO
RH = 4.5545D-6
RHOH = PH20/(RH*TG)
X = RHOH*L
WH1 = W0H1*(TG/T0)**.5D0
WH2 = W0H2*(TG/T0)**.5D0
WH3 = W0H3*(TGA’0)**-5IX)
WH4 = W0H4*(TGm))**.5D0
WH5 = W0H5*(TG/T0)**.5D0
TAUH1 = ALH1*X/WH1
TAUH2 = ALH2*X/WH2
TAUH3 = ALH3*X/WH3
TAUH4 = ALH4*X/WH4
TAUH5 = ALH5*X/WH5
PEH = ((P/P0)*(1.D0 + (BH - l.D0)*(PH2O/P)))**NH
ETAH1 = BETAH1*PEH
ETAH2 = BETAH2*PEH
ETAH3 = BET AH3*PEH
ETAH4 = BETAH4*PEH
ETAH5 = BETAH5*PEH
IF(TAUH 1.LE. 1.DO.AND.TAUH 1.LE.ETAH 1) THEN
ASTH1 = TAUH1
AH1 = ASTHPWH1
TAUG(l) = TAUH1/ASTH1
ELSE IF (TAUH1.GE.ETAH1.AND.TAUH1.LE.(I.D0/ETAH1)) THEN
ASTH1 = (4.D0*ETAH1*TAUH1)**.5D0 - ETAH1
AH1 = ASTHPWH1
TAUG(l) = (ETAH1*TAUH1)**.5D0/ASTH1
ELSE IF (TAUH1 .GT.( 1.DO/ETAH 1).AND.ETAH 1.LE. 1.DO) THEN
ASTH1 = DL0G(TAUH1*ETAH1) + 2.D0 - ETAH1
AH1 = ASTHPWH1
TAUG(l) = 1.D0/ASTH1
ELSE
ASTH1 = DLOG(TAUHl) + l.DO
AH1 = ASTH1*WH1
TAUG(l) = 1.D0/ASTH1
ENDIF
IF(TAUG(1 ).GT.0.9D0) THEN
TAUG(l) = 0.9D0
ENDIF
DELNU(l) = AH 1/(1.EX) - TAUG(l))
IF(TAUH2.LE. 1.DO.AND.TAUH2.LE.ETAH2) THEN
ASTH2 = TAUH2
AH2 = ASTH2*WH2
TAUG(2) = TAUH2/ASTH2
ELSE IF (TAUH2.GE.ETAH2.AND.TAUH2.LE.( 1.D0/ETAH2)) THEN
ASTH2 = (4.D0*ETAH2*TAUH2)**.5D0 - ETAH2
AH2 = ASTH2*WH2
TAUG(2) = (ETAH2*TAUH2)**.5D0/ASTH2
ELSE IF (TAUH2.GT.(l.DO/ETAH2).AND.ETAH2.LE.l.DO) THEN
ASTH2 = DLOG(TAUH2*ETAH2) + 2.D0 - ETAH2
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AH2 = ASTH2*WH2
TAUG(2) = 1.D0/ASTH2
ELSE
ASTH2 = DL0G(TAUH2) + l.DO
AH2 = ASTH2*WH2
TAUG(2) = 1.D0/ASTH2
ENDIF
IF(TAUG(2).GT.0.9D0) THEN
TAUG(2) = 0.9D0
ENDIF

C
DELNU(2) = AH2/(1.D0 - TAUG(2))

C
IF(TAUH3.LE. 1.DO.AND.TAUH3.LE.ETAH3) THEN
ASTH3 = TAUH3
AH3 = ASTH3*WH3
TAUG(3) = TAUH3/ASTH3
ELSE IF (TAUH3 .GE.ETAH3.AND.TAUH3 .LE.( 1.DO/ETAH3)) THEN
ASTH3 = (4.D0*ET AH3*TAUH3)** .5DO - ETAH3
AH3 = ASTH3*WH3
TAUG(3) = (ETAH3*TAUH3)**.5DO/ASTH3
ELSE IF (TAUH3.GT.( 1.DO/ETAH3). AND.ETAH3.LE. 1.DO) THEN
ASTH3 = DLOG(TAUH3*ETAH3) + 2.D0 - ETAH3
AH3 = ASTH3*WH3
TAUG(3) = 1.DO/ASTH3
ELSE
ASTH3 = DLOG(TAUH3) + l.DO
AH3 = ASTH3*WH3
TAUG(3) = 1.DO/ASTH3
ENDIF
IF(TAUG(3).GT.0.9D0) THEN
TAUG(3) = 0.9D0
ENDIF
C
DELNU(3) = AH3/(l.DO - TAUG(3))
C
IF(TAUH4.LE. 1.DO. AND.T AUH4.LE.ETAH4) THEN
ASTH4 = TAUH4
AH4 = ASTH4*WH4
TAUG(4) = TAUH4/ASTH4
ELSE IF (TAUH4.GE.ETAH4.AND.TAUH4.LE.(1.D0/ETAH4)) THEN
ASTH4 = (4.D0*ETAH4*TAUH4)**.5D0 - ETAH4
AH4 = ASTH4*WH4
TAUG(4) = (ETAH4*TAUH4)**.5D0/ASTH4
ELSE IF (TAUH4.GT.(1.D0/ETAH4).AND.ETAH4.LE.1.D0) THEN
ASTH4 = DLOG(TAUH4*ETAH4) + 2.D0 - ETAH4
AH4 = ASTH4*WH4
TAUG(4) = 1.D0/ASTH4
ELSE
ASTH4 = DLOG(TAUH4) + l.DO
AH4 = ASTH4*WH4
TAUG(4) = 1.D0/ASTH4
ENDIF
IF(TAUG(4).GT.0.9D0) THEN
TAUG(4) = 0.9D0
ENDIF
C
D E L N U ( 4 ) = A H 4 /( 1 .D 0 - T A U G (4 ) )

IF(TAUH5.LE.1.D0.AND.TAUH5.LE.ETAH5) THEN
ASTH5 = TAUH5
AH5 = ASTH5*WH5
TAUG(5) = TAUH5/ASTH5
ELSE IF (TAUH5.GE.ETAH5.AND.TAUH5.LE.(1.D0/ETAH5)) THEN
ASTH5 = (4.D0*ETAH5*TAUH5)**.5D0 - ETAH5
AH5 = ASTH5*WH5
TAUG(5) = (ETAH5*TAUH5)**.5D0/ASTH5
ELSE IF (TAUH5.GT.( 1.DO/ETAH5).AND.ETAH5.LE. 1.DO) THEN
ASTH5 = DLOG(TAUH5*ETAH5) + 2.D0 - ETAH5
AH5 = ASTH5*WH5
TAUG(5) = 1.D0/ASTH5
ELSE
ASTH5 = DLQG(TAUH5) + l.DO
AH5 = ASTH5*WH5
TAUG(5) = 1.D0/ASTH5
ENDIF
IF(TAUG(5).GT.0.9D0) THEN
TAUG(5) = 0.9D0
ENDIF
C

non

DELNU(5) = AH5/(1.D0 - TAUG(5»
C 02 CALCULATIONS

n

U (l) = HCDK*NUHC(1)/TG
U(2) = HCDK*NUHC(2)/TG
U(3) = HCDK*NUHC(3)/TG

on

no

no

on

on

U0(1) = HCDK*NUHC(1)/T0
U0(2) = HCDK*NUHC(2)/T0
U0(3) = HCDK*NUHC(3)/T0
15 BAND
PSITG = 2.D0/(1.D0 - DEXP(-U(2)))
PSITO = 2.D0/(1.D0 - DEXP(-U0(2)))
ALC1 = ALPHA(DELTAC1,U,U0,A0C1,MC, PSITG, PSITO)
10.4 BAND
PSITG = (l.D0-DEXP(-U(l)))*(l.D0/(l.D0-DEXP(-U(l)))**2.D0
$
- 1,D0)/( 1.DO - DEXP(-U(3)))
PSITO = (1 ,D0-DEXP(-U0(1)))*(1 .D0/( 1,D0-DEXP(-U0(1)))**2.D0
$
- 1.D0)/(1 .DO - DEXP(-U0(3)))
ALC2 = ALPHA(DELTAC2,U,U0,A0C2,MC,PSITG,PSITO)
9.4 BAND
ALC3 = ALPHA(DELTAC3,U,UO,AOC3,MC,PSITG,PSITO)
4.3

BAND
PSITG = l.D 0/(l.D 0 - DEXP(-U(3)))
PSITO = l.D 0/(l.D 0 - DEXP(-U0(3)))
ALC4 = ALPHA(DELTAC4,U,U0,A0C4,MC,PSITG,PSITO)

2.7 BAND
PSITG = l.D 0/((l.D 0 - DEXP(-U(1)))*(1.D0 - DEXP(-U(3))))
PSITO = l.D 0/((l.D 0 - DEXP(-U0(!)))*(l.DO - DEXP(-U0(3))))
ALC5 = ALPHA(DELTAC5,U,U0,A0C5,MC,PSITG,PSITO)

C 2.0 BAND

S

PSITG = 2.DO/((1.DO - DEXP(-U(1)))**2.D0*(1.D0 - DEXP(-U(3))))
PSITO = 2.D0/((1.D0 - DEXP(-U0(1)))**2.D0*
(l.DO - DEXP{-U0{3))))
ALC6 = ALPHA(DELTAC6.U,U0,A0C6,MC.PSITG .PSITO)

C
C 15 BAND
TERM1 = O.DO
ERR = l.DO
VI = 0
DO WHDLE(ERR.GT. 1.D-9)
TERM = (V1+1)**.5D0*DEXP(-U(1)*V1/2.D0)
TERM1 = TERM1 + TERM
ERR = DABS(TERM/TERM1)
VI = VI + 1
END DO
TERM2 = 0.0D0
ERR = l.DO
V2 = 0.D0
DO WHILE(ERR.GT. 1.D-9)
TERM = (V2+1)**.5D0*(V2+2)**.5D0*DEXP(-U(2)*V2/2.D0)
TERM2 = TERM2 + TERM
ERR = DABS(TERM/TERM2)
V2 = V2 + 1
END DO
PHITG = 0.5D0*TERM1**2.D0*TERM2**2.D0*
( l.D0/( 1.D0-DEXP(-U(3)/2.D0)))**2.D0*
(l.D0-DEXP(-U(l)))**2.D0*(l.D0-DEXP(-U(2)))**3.D0*
(l.D0-DEXP(-U(3)))
TERM1 = O.DO
ERR = l.DO
VI = 0
DO WHILE(ERR.GT. 1.D-9)
TERM = (V 1+1 )** ,5D0*DEXP(-U0( 1)* V 1/2.D0)
TERM1 = TERM1 + TERM
ERR = DABS(TERM/TERM1)
VI = VI + 1
END DO
TERM2 = 0.0D0
ERR = l.DO
V2 = 0.D0
DO WHELE(ERR.GT. 1.D-9)
TERM = (V2+1)**.5D0*(V2+2)**.5D0*
DEXP(-U0(2)*V2/2.D0)
TERM2 = TERM2 + TERM
ERR = DABS(TERM/TERM2)
V2 = V2 + 1
END DO
PHITO = 0.5D0*TERM1**2.D0*TERM2**2.D0*
(1 ,D0/( 1.DO-DEXP(-UO(3)/2.DO)))!it!,<2.DO!,,
(l.D0-DEXP(-U0(l)))**2.D0*(l.D0-DEXP(-U0(2)))**3.D0*
(l.D0-DEXP(-U0(3)))
BETAC1 = BOC1*(TG/TO)**(-.5DO)*PHITG/PHITO
C
C 10.4 BAND
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TERMl = O.DO
ERR = l.DO
VI = 1
DO WHILE(ERR.GT.1.D-11)
TERM = (V1+1)**.5D0*DEXP(-U(1)*V1/2.D0)
TERMl = TERMl + TERM
ERR = DABS(TERM/TERM1)
VI = VI + 1
END DO
TERM2 = O.ODO
ERR = l.DO
V2 = 0.D0
DO WHILE(ERR.GT.1.D-11)
TERM = (V 2+1 )** .5D0* DEXP(-U (2)* V2/2.D0)
TERM2 = TERM2 + TERM
ERR = DABS(TERM/IERM2)
V2 = V2 + 1
END DO
TERM3 = O.ODO
ERR = l.DO
V3 = O.DO
DO WHILE(ERR.GT. 1.D-11)
TERM = (V3+1)**.5D0*DEXP(-U(3)*V3/2.D0)
TERM3 = TERM3 + TERM
ERR = DABS(TERM/TERM3)
V3 = V3 + 1
END DO
PHITG = TERM1**2.D0*TERM2**2.D0*TERM3**2.D0*
(l.D0-DEXP(-U(2)))**2.D0*
(l.D0-DEXP(-U(3)))**2.D0/
(1 .D0/(1 .DO-DEXP(-U( 1)))**2.D0 - l.DO)
TERMl = O.DO
ERR = l.DO
VI = 1
DO WHELE(ERR.GT. 1.D-11)
TERM = (V1+1)**.5D0*DEXP(-U0(1)*V1/2.D0)
TERMl = TERMl + TERM
ERR = DABS(TERM/TERM1)
VI = VI + 1
END DO
TERM2 = O.ODO
ERR = l.DO
V2 = 0.D0
DO WHILE(ERR.GT. 1.D-11)
TERM = (V2+1)**.5D0*DEXP(-U0(2)*V2/2.D0)
TERM2 = TERM2 + TERM
ERR = DABS(TERM/TERM2)
V2 = V2 + 1
END DO
TERM3 = O.ODO
ERR = l.DO
V3 = 0.D0
DO WHELE(ERR.GT. l.D-11)
TERM = (V3+1)**.5DQ*DEXP(-U0(3)*V3/2.D0)
TERM3 = TERM3 + TERM
ERR = DABS(TERM/TERM3)
V3 = V3 + 1
END DO

V) {*> 0 0

PHITO = TERM1**2.D0*TERM2**2.D0*TERM3**2.D0*
(l.D0-DEXP(-U0(2)))**2.D0*
(1 .D0-DEXP(-U0(3)))* *2.D0/
(1 .D0/(1 .D0-DEXP(-U0(1 )))* *2.D0 - l.DO)

BETAC2 = BOC2*(TG/TO)!i'*(-.5DO)*PHITG/PHITO
C
C 9.4 BAND
BETAC3 = B0C3*(TG/T0)**(-.5D0)*PHITG/PHIT0
C
C 4.3 BAND
TERMl = O.DO
ERR = l.DO
V2 = 0
DO WHILE(ERR.GT. 1.D-9)
TERM = (V2+1)**.5D0*DEXP(-U(2)*V2/2.D0)
TERMl = TERMl + TERM
ERR = DABS(TERM/TERM1)
V2 = V2 + 2
END DO
TERM2 = O.ODO
ERR = l.DO
V3 = O.DO
DO WHILE(ERR.GT.l .D-9)
TERM = (V3+1)**.5D0*DEXP(-U(3)*V3/2.D0)
TERM2 = TERM2 + TERM
ERR = DABS(TERM/TERM2)
V3 = V3 + 1
END DO
PHITG = (1 .DO-DEXP(-U( 1)))*( l.D0-DEXP(-U(2)))*
S
(l.D0-DEXP(-U(3)))**2.D0/(l.D0-DEXP(-U(l)/2.D0))**2.D0
S
*TERM1**2.D0*TERM2**2.D0
TERMl = O.DO
ERR = l.DO
V2 = 0
DO WHILE(ERR.GT. 1.D-9)
TERM = (V2+1)**.5D0*DEXP(-U0(2)*V2/2.D0)
TERMl = TERMl + TERM
ERR = DABS(TERM/TERM 1)
V2 = V2 + 2
END DO
TERM2 = O.ODO
ERR = l.DO
V3 = O.DO
DO WHILE(ERR.GT. 1.D-9)
TERM = (V3+1)**.5D0*DEXP(-U0(3)*V3/2.D0)
TERM2 = TERM2 + TERM
ERR = DABS(TERM/TERM2)
V3 = V3 + 1
END DO
PHITO = (1 .DO-DEXP(-UO( 1)))*(1 ,D0-DEXP(-U0(2)))*
$
(l.DO-DEXP(-UO(3)))**2.DO/(l.DO-DEXP(-UO(l)/2.DO))**2.DO
$
*TERM1**2.D0*TERM2**2.D0
BETAC4 = B0C4*(TG/T0)**(-.5D0)*PHITG/PHIT0
C
C 2.7 BAND
TERMl = O.DO
ERR = l.DO

GO
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$

VI = 0
DO WHILE(ERR.GT. 1.D-9)
TERM = (V 1+1 )** .5 DO* DEXP(-U( 1)* V 1/2.D0)
TERMl = TERMl + TERM
ERR = DABS(TERM/TERM1)
VI = V1 + 1
END DO
TERM2 = O.ODO
ERR = l.DO
V2 = O.DO
DO WHDLE(ERR.GT.l.D-9)
TERM = (V2+1)**.5D0*DEXP(-U(2)*V2/2.D0)
TERM2 = TERM2 + TERM
ERR = DABS(TERM/TERM2)
V2 = V2 + 1
END DO
TERM3 = O.ODO
ERR = l.DO
V3 = O.DO
DO WHILE(ERR.GT. 1.D-9)
TERM = (V3+1)**.5D0*DEXP(-U(3)*V3/2.D0)
TERM3 = TERM3 + TERM
ERR = DABS(TERM/TERM3)
V3 = V3 + 1
END DO
PHITG = TERM 1**2.D0*TERM2* * 2 ,D0*TERM3* * 2.D0*
(1 .D0-DEXP(-U( 1)))**2.D0*
(1 ,D0-DEXP(-U(2)))**2.D0*
(l.D0-DEXP(-U(3)))**2.D0
TERMl = O.DO
ERR = l.DO
VI = 0
DO WHELE(ERR.GT. 1.D-9)
TERM = (V 1+1 )* * .5D0* DEXP(-U0( 1)* V 1/2.D0)
TERMl = TERMl + TERM
ERR = DABS(TERM/TERM1)
VI = VI + 1
END DO
TERM2 = O.ODO
ERR = l.DO
V2 = O.DO
DO WHILE(ERR.GT. 1.D-9)
TERM = (V2+1)* *. 5D0* DEXP(-U0(2)* V 2/2 .DO)
TERM2 = TERM2 + TERM
ERR = DABS(TERM/TERM2)
V2 = V2 + 1
END DO
TERM3 = O.ODO
ERR = l.DO
V3 = O.DO
DO WH1LE(ERR.GT. 1.D-9)
TERM = (V3+1)**.5D0*DEXP(-U0(3)*V3/2.D0)
TERM3 = TERM3 + TERM
ERR = DABS(TERM/TERM3)
V3 = V3 + 1
END DO
PHITO = TERMl**2.D0*TERM2**2.D0!,<TERM3!,t*2.D0*
(l.D0-DEXP(-U0(l)))**2.D0*

s
s

(1 .D0-DEXP(-U0(2))),i<*2.1)0*
( l.D0-DEXP(-U0(3)))**2.D0

BETAC5 = BOC5*(TG/TO)**(-.5DO)*PHITG/PHITO
C
C 2.0 BAND
TERMl = O.DO
ERR = l.DO
VI = 0
DO WHILE(ERR.GT.l.D-9)
TERM = (V1+1)**.5D0*(V1+2)**.5D0*DEXP(-U(1)*V1/2.D0)
TERMl = TERMl + TERM
ERR = DABS(TERM/IERM1)
VI = VI + 1
END DO
TERM2 = O.ODO
ERR = l.DO
V2 = O.DO
DO WHELE(ERR.GT. 1.D-9)
TERM = (V 2+1 )* * .5D0* DEXP(-U(2)* V2/2.D0)
TERM2 = TERM2 + TERM
ERR = DABS(TERM/TERM2)
V2 = V2 + 1
END DO
TERM3 = O.ODO
ERR = l.DO
V3 = 0.D0
DO WHILE(ERR.GT. 1.D-9)
TERM = (V3+1)**.5D0*DEXP(-U(3)*V3/2.D0)
TERM3 = TERM3 + TERM
ERR = DAB S (TERM/TERM3)
V3 = V3 + 1
END DO
PHITG = 0.5D0*TERM1**2.D0*TERM2**2.D0*TERM3**2.D0*
(l.D0-DEXP(-U(l)))**3.D0*
(1 ,D0-DEXP(-U(2)))**2.D0*
(1 ,D0-DEXP(-U(3)))* *2.D0
TERMl = O.DO
ERR = l.DO
VI = 0
DO WHILE(ERR.GT. 1.D-9)
TERM = (V1+1)**.5D0*(V1+2)**.5D0*
$
DEXP(-U0(1)*V1/2.D0)
TERMl = TERMl + TERM
ERR = DABS(TERM/TERM 1)
VI = VI + 1
END DO
TERM2 = O.ODO
ERR = l.DO
V2 = O.DO
DO WHILE(ERR.GT.l .D-9)
TERM = (V2+1)**.5D0*DEXP(-U0(2)*V2/2.D0)
TERM2 = TERM2 + TERM
ERR = DAB S (TER M/TERM2)
V2 = V2 + 1
END DO
TERM3 = O.ODO
ERR = l.DO

00 0 3
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V3 = O.DO
DO WHILE(ERR.GT. 1.D-9)
TERM = (V 3+l)*:*.5DO*DEXP(-UO(3)*V3/2.DO)
TERM3 = TERM3 + TERM
ERR = DABS(TERM/TERM3)
V3 = V3 + 1
END DO
PHITO = 0.5D0*TERM1**2.D0*TERM2**2.D0*TERM3**2.D0*
(1 .DO-DEXP(-UO( 1)))* *3 .DO*
(1 .D0-DEXP(-U0(2)))**2.D0*
( l.D0-DEXP(-U0(3)))**2.D0
BETAC6 = B0C6*(TG/T0)**(-.5D0)*PHITG/PHIT0
RC = 1.8643D-6
RHOC = PC02/(RC*TG)
X = RHOC*L
WC1 = W0C1*(TG/T0)**.5D0
WC2 = W0C2*(TG/T0)**.5D0
WC3 = W0C3*(TG/T0)**.5DQ
WC4 = WOC4*(TG/TO)**.5DO
WC5 = WOC5*(TG/TO)**.5DO
WC6 = W0C6*(TG/T0)**. 5D0
TAUC1 =
TAUC2 =
TAUC3 =
TAUC4 =
TAUC5 =
TAUC6 =
PEC1 =
PEC2 =
PEC3 =
PEC4 =
PEC5 =
PEC6 =

ALC1*X/WC1
ALC2*X/WC2
ALC3*X/WC3
ALC4*X/WC4
ALC5*XAVC5
ALC6*X/WC6

((P/P0)*(1.D0 +
((P/P0)*(1.D0 +
((P/P0)*(1.D0 +
((P/P0)*(1.D0 +
((P/P0)*(1.D0 +
((P/P0)*(1.D0 +

ETAC1 =
ETAC2 =
ETAC3 =
ETAC4 =
ETAC5 =
ETAC6 =

(BC
(BC
(BC
(BC
(BC
(BC

-

l.D0)*(PCO2/P)))**NCl
1.D0)*(PCO2/P)))**NC2
l.D0)*(PCO2/P)))**NC3
1.D0)*(PCO2/P)))**NC4
1,D0)*(PCO2/P)))**NC5
l.D0)*(PCO2/P)))**NC6

BETAC1*PEC1
BETAC2*PEC2
BETAC3*PEC3
BETAC4*PEC4
BETAC5*PEC5
BETAC6*PEC6

IF(TAUC 1.LE. 1.DO.AND.TAUC 1.LE.ETAC 1) THEN
ASTC1 = TAUC1
AC1 = ASTC1*WC1
TAUG(6) = TAUC1/ASTC1
ELSE IF (TAUC1.GE.ETAC 1.AND.TAUC1.LE.( 1.DO/ETAC 1)) THEN
ASTC1 = (4 .DO*ETAC 1*TAUC 1)**.5D0 - ETAC1
AC1 = ASTC1*WC1
TAUG(6) = (ETAC1*TAUC1)**.5D0/ASTC1
ELSE IF (T AUC 1.GT.( 1.DO/ETAC 1).AND.ET AC 1.LE. l.DO) THEN
ASTC1 = DLOG(T AUC P E T AC 1) + 2.D0 - ETAC1
AC1 = ASTC1*WC1
TAUG(6) = 1.D0/ASTC1
ELSE

ASTC1 = DLOG(TAUCl) + 1.D0
AC1 = ASTC1*WC1
TAUG(6) = 1.D0/ASTC1
ENDIF
IF(TAUG(6).GT.0.9D0) THEN
TAUG(6) = 0.9D0
ENDIF
DELNU(6) = AC 1/(1.DO - TAUG(6))
IF(T AUC2.LE. 1.DO.AND.T AUC2.LE.ET AC2) THEN
ASTC2 = TAUC2
AC2 = ASTC2*WC2
TAUG(7) = TAUC2/ASTC2
ELSE IF (TAUC2.GE.ETAC2.AND.TAUC2.LE.( 1.DO/ETAC2)) THEN
ASTC2 = (4.D0*ETAC2*TAUC2)**.5D0 - ETAC2
AC2 = ASTC2*WC2
TAUG(7) = (ETAC2*TAUC2)**.5D0/ASTC2
ELSE IF (TAUC2.GT.( 1.DO/ETAC2).AND.ETAC2.LE. 1.DO) THEN
ASTC2 = DLOG(TAUC2*ETAC2) + 2.D0 - ETAC2
AC2 = ASTC2*WC2
TAUG(7) = 1.D0/ASTC2
ELSE
ASTC2 = DLOG(TAUC2) + l.DO
AC2 = ASTC2*WC2
TAUG(7) = 1.D0/ASTC2
ENDIF
IF(TAUG(7).GT.0.9D0) THEN
TAUG(7) = 0.9D0
ENDIF
DELNU(7) = AC2/(1.D0 - TAUG(7))
IF(TAUC3.LE.l.DO.AND.TAUC3.LE.ETAC3) THEN
ASTC3 = TAUC3
AC3 = ASTC3*WC3
TAUG(8) = TAUC3/ASTC3
ELSE IF (TAUC3.GE.ETAC3.AND.TAUC3.LE.(1.DO/ETAC3)) THEN
ASTC3 = (4.D0*ETAC3*TAUC3)**.5D0 - ETAC3
AC3 = ASTC3*WC3
TAUG(8) = (ETAC3*TAUC3)**.5DO/ASTC3
ELSE IF (TAUC3.GT.( 1.DO/ETAC3).AND.ETAC3.LE. 1.DO) THEN
ASTC3 = DLOG(TAUC3*ETAC3) + 2.D0 - ETAC3
AC3 = ASTC3*WC3
TAUG(8) = 1.DO/ASTC3
ELSE
ASTC3 = DLOG(TAUC3) + l.DO
AC3 = ASTC3*WC3
TAUG(8) = 1.DO/ASTC3
ENDIF
IF(TAUG(8).GT.0.9D0) THEN
TAUG(8) = 0.9D0
ENDIF
DELNU(8) = AC3/(1.D0 - TAUG(8))
IF(TAUC4.LE. 1.DO.AND.TAUC4.LE.ETAC4) THEN
ASTC4 = TAUC4
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AC4 = ASTC4*WC4
TAUG(9) = TAUC4/ASTC4
ELSE IF (TAUC4 .GE.ET AC4 .AND.T AUC4 .LE.( I .DO/ETAC4)) THEN
ASTC4 = (4.D0*ETAC4*TAUC4)**.5D0 - ETAC4
AC4 = ASTC4*WC4
TAUG(9) = (ETAC4*TAUC4)** 5D0/ASTC4
ELSE IF (TAUC4.GT.(1.DO/ETAC4).AND.ETAC4.LE.l.DO) THEN
ASTC4 = DLOG(TAUC4*ETAC4) + 2.D0 - ETAC4
AC4 = ASTC4*WC4
TAUG(9) = 1.D0/ASTC4
ELSE
ASTC4 = DL0G(TAUC4) + l.DO
AC4 = ASTC4*WC4
TAUG(9) = 1.D0/ASTC4
ENDIF
IF(TAUG(9).GT.0.9D0) THEN
TAUG(9) = 0.9D0
ENDIF
C
DELNU(9) = AC4/(1.D0 - TAUG(9))
C
IF(TAUC5.LE. 1.DO.AND.TAUC5.LE.ETAC5) THEN
ASTC5 = TAUC5
AC5 = ASTC5*WC5
TAUG(IO) = TAUC5/ASTC5
ELSE IF (TAUC5.GE.ETAC5.AND.TAUC5.LE.(1.DO/ETAC5)) THEN
ASTC5 = (4.D0*ETAC5*TAUC5)**.5D0 - ETAC5
AC5 = ASTC5*WC5
TAUG(IO) = (ETAC5*TAUC5)**.5D0/ASTC5
ELSE IF (TAUC5.GT.(1.DO/ETAC5).AND.ETAC5.LE.1.DO) THEN
ASTC5 = DLOG(TAUC5*ETAC5) + 2.D0 - ETAC5
AC5 = ASTC5*WC5
TAUG(IO) = 1.D0/ASTC5
ELSE
ASTC5 = DL0G(TAUC5) + l.DO
AC5 = ASTC5*WC5
TAUG(IO) = 1.D0/ASTC5
ENDIF
IF(TAUG( 10).GT.0.9D0) THEN
TAUG(IO) = 0.9D0
ENDIF
C
DELNU(IO) = AC5/(1.D0 - TAUG(IO))
C
IF(TAUC6.LE. 1.DO.AND.TAUC6.LE.ETAC6) THEN
ASTC6 = TAUC6
AC6 = ASTC6*WC6
TAUG(11) = TAUC6/ASTC6
ELSE IF (TAUC6.GE.ETAC6.AND.TAUC6.LE.( 1.DO/ETAC6)) THEN
ASTC6 = (4.D0*ETAC6*TAUC6)**.5D0 - ETAC6
AC6 = ASTC6*WC6
TAUG(11) = (ETAC6*TAUC6)**.5D0/ASTC6
ELSE IF (TAUC6.GT.(1.DO/ETAC6).AND.ETAC6.LE.l.DO) THEN
ASTC6 = DLOG(TAUC6*ETAC6) + 2.D0 - ETAC6
AC6 = ASTC6*WC6
TAUG(11)= 1.D0/ASTC6
ELSE
ASTC6 = DL0G(TAUC6) + l.DO
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AC6 = ASTC6*WC6
TAUG(11)= 1.D0/ASTC6
ENDIF
IF(TAUG(11).GT.0.9D0) THEN
TAUG(11) = 0.9D0
ENDIF
C
D ELNU(ll) = AC6/(1.D0 - TAUG(11»
C
NU(1) = O.DO
NU(2) = DELNU(l)
NU(3) = 1600.D0 - 0.5D0*DELNU(2)
NU(4) = 1600.D0 + 0.5D0*DELNU(2)
NU(5) = 3760.D0 - 0.5D0*DELNU(3)
NU(6) = 3760.D0 + 0.5D0*DELNU(3)
NU(7) = 5350.D0 - 0.5D0*DELNU(4)
NU(8) = 5350.D0 + 0.5D0*DELNU(4)
NU(9) = 7250.D0 - 0.5D0*DELNU(5)
NU(10) = 7250.D0 + 0.5D0*DELNU(5)
NU(1I) = 667.DO - 0.5D0*DELNU(6)
NU(12) = 667.D0 + 0.5D0*DELNU(6)
NU(13) = 960.D0 - 0.5D0*DELNU(7)
NU(14) = 960.D0 + 0.5D0*DELNU(7)
NU(15) = 1060.D0 - 0.5D0*DELNU(8)
NU(16) = 1060.D0 + 0.5D0*DELNU(8)
NU(17) = 2410.D0 - DELNU(9)
NU(18) = 241 O.DO
NU(19) = 3660.D0 - 0.5DO*DELNU(10)
NU(20) = 3660.D0 + 0.5D0*DELNU(I0)
NU(2I) = 5200.D0 - 0.5D0*DELNU(11)
NU(22) = 5200.D0 + 0.5D0*DELNU(11)
C
NULP(l) = NU(1)
NULP(2) = NU(3)
NULP(3) = NU(5)
NULP(4) = NU(7)
NULP(5) = NU(9)
NULP(6) = NU(11)
NULP(7) = NU(13)
NULP(8) = NU(15)
NULP(9) = NU(17)
NULP(10) = NU(19)
NULP(11) = NU(21)
C
NUUP(l) = NU(2)
NUUP(2) = NU(4)
NUUP(3) = NU(6)
NUUP(4) = NU(8)
NUUP(5) = NU(10)
NUUP(6) = NU(12)
NUUP(7) = NU(14)
NUUP(8) = NU(16)
NUUP(9) = NU(18)
NUUP(IO) = NU(20)
NUUP(11) = NU(22)
C

NUL(l) = NU(1)
NUL(2) = NU(2)

NUL(3) = NU(3)
NUL(4) = NU(4)
NUL(5) = NU(5)
NUL(6) = NU(6)
NUL(7) = NU(7)
NUL(8) = NU(8)
NUL(9) = NU(9)
NUL(IO) = NU(10)
NUL(11) = NU(11)
NUL(12) = NU(12)
NUL(13) = NU(13)
NUL(14) = NU(14)
NUL(15) = NU(15)
NUL(16) = NU(16)
NUL(17) = NU(17)
NUL(18) = NU(18)
NUL(19) = NU(19)
NUL(20) = NU(20)
NUL(21) = NU(21)

nnn

NUU(l) = NU(2)
NUU(2) = NU(3)
NUU(3) = NU(4)
NUU(4) = NU(5)
NUU(5) = NU(6)
NUU(6) = NU(7)
NUU(7) = NU(8)
NUU(8) = NU(9)
NUU(9) = NU(10)
NUU(IO) = NU(11)
N U U (ll) = NU(12)
NUU(12) = NU(13)
NUU(13) = NU(14)
NUU(14) = NU(15)
NUU(15) = NU(16)
NUU(16) = NU(17)
NUU(17) = NU(18)
NUU(18) = NU(19)
NUU(19) = NU(20)
NUU(20) = NU(21)
NUU(21) = NU(22)

50
60
C

ORDER LIMITS
DO 60 J=l,21
DO 50 1=1,21
IF(NU(I).LT.NU(I+1)) GOTO 50
TEMPN = NU(1)
NU(I) = NU(I+1)
NU(I+1) = TEMPN
CONTINUE
CONTINUE
NUL(l) = NU(1)
NUL(2) = NU(2)
NUL(3) = NU(3)
NUL(4) = NU(4)
NUL(5) = NU(5)
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NUL(6) = NU(6)
NUL(7) = NU(7)
NUL(8) = NU(8)
NUL(9) = NU(9)
NUL(IO) = NU(10)
N U L (ll) = N U (ll)
NUL(12) = NU(12)
NUL(13) = NU(13)
NUL(14) = NU(14)
NUL(15) = NU(15)
NUL(16) = NU(16)
NUL(17) = NU(17)
NUL(18) = NU(18)
NUL(19) = NU(19)
NUL(20) = NU(20)
NUL(21) = NU(21)
C

non

NUU(1) = NU(2)
NUU(2) = NU(3)
NUU(3) = NU(4)
NUU(4) = NU(5)
NUU(5) = NU(6)
NUU(6) = NU(7)
NUU(7) = NU(8)
NUU(8) = NU(9)
NUU(9) = NU(10)
NUU(IO) = NU(11)
NUU(11) = NU(12)
NUU(12) = NU(13)
NUU(13) = NU(14)
NUU(14) = NU(15)
NUU(15) = NU(16)
NUU(16) = NU(17)
NUU(17) = NU(18)
NUU(18) = NU(19)
NUU(19) = NU(20)
NUU(20) = NU(21)
NUU(21) = NU(22)
CALCULATE TRANSMISSIVITY, EMISSIVITY, AND ABSORPTIVITY

$

80
C
70
C

DO 701=1,22
BLKTRNS(I) = l.DO
DO 80 J = l,ll
IF(NU(I).GE.NULP(J).AND.NU(I).LT.NUUP(J))
THEN
BLKTRNS(I) = BLKTRNS(I)*TAUG(J)
ENDIF
CONTINUE
CONTINUE
SUMABS = O.DO
SUMEM = O.DO
SUMABSPN = O.DO
SUMABSPD = O.DO

C
D O 1 0 0 1 = 1 ,2 1
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S
S
100
C

TDNU = TG/NUL(I)
TDNUP1 = TG/NUU(I)
DELF = F(TDNU) - F(TDNUPl)
SUMEM = SUMEM + (l.DO - BLKTRNS(I))*DELF
TDNU = TSO/NUL(I)
TDNUP1 = TSO/NUU(I)
DELF = F(TDNU) - F(TDNUPl)
SUMABS = SUMABS + (l.DO - BLKTRNS(I))*DELF
NUA = (NUU(D+NUL(I))/2.D0
TDNU = TG/NUA
SUMABSPN = SUMABSPN + (l.D0-BLKTRNS(I))**2.D0*
B(TDNUNUA)*(NUU(I) - NUL(I»
SUMABSPD = SUMABSPD + (l.DO-BLKTRNS(I))*
B(TDNUNUA)*(NUU(I) - NUL(I))
CONTINUE
ABSGP = SUMABSPN/SUMABSPD

non

RETURN
END
FUNCTIONS
FUNCTION ALPHA(DEL,U,UO,ALPHO,M,PSITG,PSITO)
IMPLICIT REAL*8(A-H,K,L.N,0-Z)
DIMENSION DEL(10),U(10),U0(10)
SUM1 = O.DO
SUM2 = O.DO
HCDK = 14388.D0
DO 101=1, M
SUM1 = SUM1 + U(I)*DEL(I)
SUM2 = SUM2 + U0(I)*DEL(I)
CONTINUE

10
C

NUM = (l.DO - DEXP(-SUM1))*PSITG
DENOM = (l.DO - DEXP(-SUM2))*PSIT0
IF(NUM.EQ.DENOM) THEN
ALPHA = ALPH0
GOTO 20
ENDIF
ALPHA = ALPH0*NUM/DENOM

$
C
20

RETURN
END

C
FUNCTION F(TDNU)
IMPLICIT REAL*8(A-H,M,0-Z)
IF(TDNU.LT.0.1230D0) THEN
F = O.DO
ELSE IF(TDNU.GE.0.123D0.AND.TDNU.LE.0.783D0) THEN
M0 = -.465826D0
M l = 15.7476D0
M2 = -211.9D0
M3 = 1458.58D0
M4 = -5659.26D0

S

s
$

M5 = 13589.9D0
M6 = -20796.2D0
M7 = 19826.1 DO
M8 = -10753.8D0
M9 = 2536.15DO
F = MO + M1*TDNU + M2*TDNU**2.DO + M3*TDNU**3.DO +
M4*TDNU**4.DO + M5*TDNU**5.DO +
M6*TDNU**6.D0 + M7*TDNU**7.DO +
M8*TDNU**8.D0 + M9*TDNU**9.D0

c

$

ELSE IF(TDNU.LT.0.825D0.AND.TDNU.GT.0.783D0) THEN
F = 0.85D0 + (TDNU-0.783D0)*
(.85DO -,83DO)/(.825DO - .783DO)
ELSE IF (TDNU.LE.1.87D0. AND .TDNU .GE.0.825D0) THEN
MO = 0.705509D0
M l = -0.493321D0
M2 = 2.00283D0
M3 = -2.03645D0
M4 = 0.873569D0
M5 = -0.138617D0
F = MO + M1*TDNU + M2*TDNU**2.D0 + M3*TDNU**3.D0 +
M4*TDNU**4.D0 + M5*TDNU**5.DQ
ELSE IF(TDNU.GT. 1.87D0) THEN
F = 1.D0
ENDIF
RETURN
END

C
FUNCTION B(TDNU,NUA)
IMPLICIT REAL*8(A-H,M,0-Z)
HCDK = 1.4388D0
HC2 = 6.6262D-34*(2.9979D10)**2.D0
PI = 3.14D0
B = 2.D0*PI*HC2*NUA**3.D0/(DEXP(HCDK/TDNU) - l.DO)
RETURN
END
C
C

c
C
C CONVECTION HEAT TRANSFER SUB-MODEL
C
C
SUBROUTINE CONV
IMPLICIT REAL*8(A-H,K,L,M,N,0-Z)
INTEGER NTIME,NTIME1,NTIME2,N,NW,NWALLT
DIMENSION TG(5000) ,TS (500),TW (5000),
$
TWA(5000),DELMW(500),MW(500),MG(500),MWS(500),
$
TSEXP(5000),MEVAPEXP(5000),MWEXP(5000),
$
TCI (5000) ,TC3(5000)
C
COMMON/CONST/PI,DH,XE,AS1AW,N,NW,NWALLT,DI,TSAT>FF,BETA,
$
OM,DT,TREF,PA,POR,US,DP,K,C2,SR,RI,LNGTH,
S
ALLOW,AG
COM M ONS AR/T,I,X,S,NTIME,HWB
COMMONA'EMPS/TG,TS ,TW,TGP,TSP,TGPP,TSPP,TW A.TGIN ,TSEXP,
S
TC1,TC3
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nno

S

COMMON/PROP/CPW,CPDS,RHOW,RHODS,CPP,RHOP,KP,KW,ALPHW
COMMON/FLOW/MWS,MG,MW,MGIN,MDS,M\VP,M\VPP,MCG,MEVAP,MEVAPEXP,
MWEXP
COMMON/FLUX/QWB,QRG,QRW,QRB,QCGW,QCGS,DELMW,QS

CALCULATE CONVECTIVE HEAT FLUXES

$
S

NUO = -3.18644D-6
NU1 = 2.66957D-8
N U 2= I.39743D-10
NU3 = -6.65516D-14
NU4 = 3.82445D-17
NU5 = -1.307388D-20
NUG = NUO + N U 1*TG(NTIME) + NU2*TG(NTIME)**2.D0 +
NU3*TG(NTIME)**3.D0 +
NU4*TG(NTIME)**4.D0 + NU5*TG(NTIME)**5.D0

$
S

MUO = -2.684305D-6
MU1 = 1.00869D-7
MU2 = -1.401260-10
MU3 = 1.55065D-13
MU4 = -9.26893D-17
MU5 = 2.199620-20
MUG = MUO + MU 1*TG(NTIME) + MU2*TG(NTIME)**2.D0 +
MU3*TG(NTIME)**3.DO +
MU4*TG(NTIME)**4.D0 + MU5*TG(NTIME)**5.D0

S
S

KGO = .00887641
KG1 = 1.79431D-5
KG2 = 2.30013D-7
KG3 = -3.97395D-10
KG4 = 2.73533D-13
KG5 = -6.6271 ID -17
KG = KGO + KG 1*TG(NTIME) + KG2*TG(NTIME)**2.D0 +
KG3*TG(NTIME)**3.D0 +
KG4*TG(NTIME)**4.D0 + KG5*TG(NTIME)**5.D0
RG = (287.D0*MCG + 461.52D0* MEV AP)/(MCG + MEVAP)
DENG = 84786.D0/(RG*TG(NTIME))

S

DE = 0.5D0*DI*(2.D0>I<PI - BETA + DSIN(BETA))/
(PI - BETA/2.D0 + DSIN(BETA/2.D0))
VG = (MCG + MEVAP)/(DENG*PI/4.D0*DI**2.D0*(1.D0-FF))
RE = VG*DE/NUG
REW = DE**2.DO*OM/NUG
HGS = KG/OE*0.46D0*RE**0.535D0*REW*>l<0.l04D0*FF**(-0.341D0)
QCGS = AS*HGS*(TG(NTIME) - TS(I))
QCGW = HGW*(TG(NTIME) - TWA(NTIME))*AW
RETURN
END

C
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c
C
C
SUBROUTINE ENGBAL
C
C

$
$
S

IMPLICIT REAL*8(A-H,K-M,0-Z)
INTEGER NTIME,NTIME I ,NTIME2
DIMENSION TG(5000),TS(500),TW(5000),
TWA(5000),DELMW(500),MW(500),DELMW(500),MG(500),
MWS(500),TSEXP(5000),MEVAPEXP(5000),MWEXP(5000),
TC1(5000),TC3(5000)

C
$
$

$

S

COMMON/CONST/PI,DH,XE,AS,AW,N,NW)NWALLT,DI,TSAT,FF,BETA,
OM,DT,TREF,PA,POR,US,DP,K,C2,SR,RI,LNGTH,
ALLOW,AG
COMMON/V AR/T,I,X,S ,NTIME,HWB
COMMON/TEMPS/TG,TS,TW,TGP,TSP,TGPP,TSPP,TWA,TGIN,TSEXP,
TC1.TC3
COMMON/PROP/CPW,CPDS,RHOW,RHODS,CPP,RHOP,KP,KW,ALPHW
COMMON/FLOW/MWS,MG,MW,MGIN,MDS,MWP,MWPP,MCG,MEVAP,MEVAPEXP,
MWEXP
COMMON/FLUX/QWB,QRG,QRW,QRB,QCGW,QCGS,DELMW,QS
COMMON/ERR/ERRGP,ERRG,ERRSP,ERRS,ERRMW,ERRMWP

C
TSPP = TSP
MWPP = MWP
C
TSP = TS(I)
MWP = MW(I)
C
C CALCULATE TOTAL HEAT TRANSFER RATES TO SOLIDS AND GASES.
C
QS = QWB + QRB + QCGS
QG = QRG - QCGS - QCGW
C
C CALCULATE NEW BED AND GAS TEMPERATURES.
C
IF(TS(I).LT.TSAT) THEN
MW(I) = MW(I-l) - DELMW(I)
TS(I) = TS(I-l) + (QS*DT - DELMW(I)*DH)/
S
(MDS*CPDS + MW(I)*CPW)
C
IF(TS(I).GT.TSAT) THEN
MW(I) = MW(I-l) $
(QS*DT-(TS(I)-TSAT)*
$
(MDS*CPDS + MW(I)*CPW))/DH
IF(MW(I).LT.O.)THEN
MW(I) = 0.0D0
TS(I) = TS(I-l) +
S
(QS*DT - MW(I-1)*DH)/
S
(MDS*CPDS + MW(I)*CPW)
GOTO 10
ENDIF
TS(I) = TSAT
10
CONTINUE
ENDIF
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ELSE IF(TS(I).EQ.TSAT) THEN
TS(I) = TSAT
MW(I) = MW(I-l) - (QS*DT)/DH
IF(MW(I).LE.3.D-3)THEN
MW(I) = O.DO
ENDIF
IF (MW(I).LE.0.0D0) THEN
TS(I) = TSAT +
(QS*DT-MW (1-1 )*DH)/
(MDS*CPDS)
MW(I) = 0.0D0
ENDIF

$
$

DELMW(I) = MW(I-l) - MW(I)
MEYAP = DELMW(I)/DT
ELSE
TS(I) = T S(I-l) + QS*DT/(MDS*CPDS)
MW(I) = 0.0D0
ENDIF

nn

X = MW(I)/MDS

RETURN
END

non

**************

n

SUBROUTINE TEST(JFLAG)

S
$
$
$

$

non

$

IMPLICIT REAL*8(A-H,K-M,0-Z)
INTEGER NTIME.NTIME 1,NTIME2
DIMENSION TG(5000),TS(500),TW(5000),
TWA(5000),MWS(500),MG(500),MW(500),TSEXP(5000),
ME VAPEXP(5000),MWEXP(5000),TC 1(5000),TC3(5000)
COMMON/CONST/PI,DH,XE,AS,AW,N,NW,NWALLT,DI,TSAT,FF,BETA7
OM,DT,TREF,PA,POR,US,DP,K,C2,SR,RI ,LNGTH,
ALLOW,AG
COMM ON^ AR/T,I,X,S ,NTIME,HWB
COMMON/TEMPS/TG,TS,TW,TGP,TSP,TGPP,TSPP,TWA,TGIN,TSEXP,
TC1.TC3
COMMON/FLOW/M WS,MG ,MW,MGIN,MDS ,MWP,M WPP.MCG ,ME V AP,ME V APEXP,
MWEXP
COMMON/ERR/ERRGP,ERRG,ERRSP,ERRS,ERRMW,ERRMWP

SAVE THE ERRORS FROM THE PREVIOUS ITERATION

non

ERRSP = ERRS
ERRMWP = ERRMW
CALCULATE NEW ERRORS
ERRS = (TSP-TS(I))/TSP
ERRMW = (MWP-MW(I))/MWP

C CHECK FOR CONVERGENCE OF TEMPERATURES AND MOISTURE
C
IF(DABS(ERRS).GT.ALLOW) THEN
JFLAG=0
GOTO 35
ENDIF
C
IF(DABS(ERRMW).GT.5.D-3.AND.MW(I).GT.O.DO) THEN
JFLAG=0
GOTO 35
ENDIF
JFLAG = 1
C
35

C
C

IF(TS(I).GT.TS AT. AND.TS(I-1).LE.TS AT) THEN
JFLAG = 1
ENDIF
RETURN
END
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